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ABSTRACT

The activated sludge (AS) process is widely utilized for wastewater treatment due
to its versatility and general resiliency, but is energy intensive, requiring aeration and
mixing energy inputs to maintain the biochemical reaction and optimize treatment
performance. This study is focused on determining different factors that influence
oxygen transfer and consequently its energy demand.
AS morphology, as described by the d10, d20, d32, specific filament length (SFL),
30 min settleability (SV30), etc., does influence the OTE. Filamentous organisms
increase the hydrodynamic radius of suspended particles, which dilates mixed liquor
apparent viscosity (μapp) and impedes mass transfer. For example, an increase in the SFL
from 3.8 x 1010 to 2.7 x 1011 μm g-1 resulted in an increase of μapp in excess of 100% and
decrease of OTE of 29%. The volumetric mass transfer coefficient (kLa) was most
significantly affected by the mixing intensity (P VR-1)0.85, superficial gas velocity (Usg)
and the μapp-0.75,where the μapp is principally influenced by the SFL and ultimate
settleability (SVULT), a new parameter based on regression analysis of times series
settling data. The addition of surfactants to the influent wastewater increased OTE;
however, greater dispersed growth resulted which mediated increases in the OTE,
especially at higher feed concentrations. Complicating the issue of oxygen mass transfer
in the AS process is the presence of floc and filamentous organism at the gas-liquid
interface, which block the surface, restricting mass transfer. This effect tended to be
more significant for short (10 d) SRT processes as compared to long (40 d) processes,
yielding modified enhancement factors, E’A, of 0.59 to 0.78, respectively.
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1. INTRODUCTION

Wastewater treatment is largely performed using the activated sludge process.
This process generally consists of a large tank, in which a microbial community is grown
using influent wastewater as a source of substrate and nutrients. The microbial
community is maintained at high concentrations necessary for effective substrate
utilization through solids separation and internal recycle of the microbial biomass (aka
“activated sludge”) to the tank influent. Excess activated sludge is routinely wasted to
maintain a relatively constant concentration in the reactor, promoting steady state
conditions. Supernatant generated from the solids separation is directed to tertiary and
disinfection processes for further treatment prior to discharge from the treatment facility.
Activated sludge processes are largely aerobic, requiring an adequate supply of
oxygen to maintain optimal substrate utilization by the microbial community. For the
majority of wastewater treatment plants (WWTPs), oxygen is delivered to the reactors
utilizing diffused or mechanical aeration. For diffused aeration, onsite air is collected
and delivered to submerged diffusers that release the air as bubbles at the bottom of the
reactor tank. As the bubbles rise through the bulk liquid to the reactor surface, oxygen is
transferred from the gas phase to the liquid phase and into the microbial floc, where
respiration occurs. For mechanical aeration, air is entrained into the bulk solution by
means of mixing devices.
Aeration of the activated sludge process is incredibly energy intensive. It was
estimated that in 2013, 30.2 TWh of electricity was consumed for municipal wastewater
treatment, constituting 0.3% of the total electricity consumption in the United States

2
(Pabi et al., 2013; Bauer et al., 2014). As illustrated in Figure 1.1, aeration at WWTPs
drives the observed energy use, accounting for an average of 45 to 75% of the demand
(Longo et al., 2016; Pabi et al., 2013; WEF, 2010). This energy usage grew 74% from
the 1996 estimate, primarily due to the transition from secondary treatment to
nitrification at many facilities which increased air delivery demands (Pabi et al., 2013). It
is anticipated that over the next 20 years, an additional 15 to 20% increase in energy
demand will be realized as the levels of technology required to adequately treat
wastewater increase (USEPA, 2006; Yan, 2017).

Figure 1.1. Typical energy consumption profile for municipal wastewater treatment
facilities in the United States. (Pabi et al., 2013).

3
The significance of the energy intensive nature of activated sludge aeration is not
limited to the United States. It was reported that in Europe, WWTPs account for
approximately 1% of the total energy consumption in cities (Maktabifard et al., 2018).
For Germany and Italy, WWTP energy consumption ranged between 0.7 and 1.0% of the
annual total (Maktabifard et al., 2018). In Germany, wastewater treatment aeration
accounted for 20% of the total municipal energy consumption (Sommer et al., 2017). A
10-year benchmarking study performed in Austria revealed that energy costs accounted
for 17% and 11% of the total operating costs for WWTFs treating less than 100,000 and
greater than 100,00 population equivalents per day, respectively (Haslinger et al., 2016).
Of this percentage, between 60 and 67% of the total energy consumption was associated
with aeration of biological wastewater treatment, with smaller plants operating at the
higher end of the range and larger plants at the lower (Haslinger et al., 2016).

Domestic

and industrial water treatment in Spain was reported to account for 2 to 3% of the total
energy consumption (Maktabifard et al 2018). Electrical consumption associated with
wastewater treatment in China was estimated to be 1 x 1011 kW hr (Yan et al., 2017).
Clearly, energy consumption associated with aeration of the activated sludge
process is significant. Optimization of the aeration process must occur to reduce
operations costs and greenhouse gas production associated with energy consumption. A
significant body of work has been performed with an eye towards improving the
efficiency of aeration in the activated sludge process (Amaral et al., 2019; BaqueroRodr´ıguez et al., 2018). This introductory section shall attempt to consolidate and
summarize the often disparate and interwoven findings that have been reported over the
last 60-years of research. The intent is to identify fundamental aspects of the oxygen
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transfer phenomena in activated sludge requiring further investigation. Broadly, this
introductory section is divided into four discrete sections. The first section shall review
the oxygen transfer and oxygen uptake in the activated sludge process. The second
section shall identify physical factors affecting oxygen transfer phenomena. The third
section shall assess biological factors influence oxygen mass transfer. The final section
shall identify current research needs.

1.1. OXYGEN TRANSFER AND UPTAKE IN THE ACTIVATED SLUDGE
PROCESS
The activated sludge process is generally aerobic, requiring oxygen as a terminal
electron acceptor for respiration. Oxygen transfer rate (OTR) and oxygen uptake rate
(OUR) for biological processes are critical considerations for the design and efficient
operation of the process. Both the OTR and the OUR will directly affect the rates of
biomass accumulation and substrate utilization.
The activated sludge process contains three discrete phases. Oxygen is typically
introduced into the reactor as gaseous air which forms discrete bubbles in the bottom of
the reactor. The bubbles are released from diffusers and rise through the bulk liquid
solution. As the bubble rises, oxygen diffuses from the bulk gas phase within each
bubble, across the gas boundary layer present at the gas-liquid interface. The oxygen
saturates the interface and transfers across it to the liquid phase, where it passes through
the liquid boundary layer to the bulk solution. From the bulk solution, the oxygen must
be transferred into the microbial floc, across the liquid boundary layer at the floc surface.
Once at the surface of the microbial floc, oxygen must diffuse through the porous
extracellular polymeric substance (EPS) to the microbial membrane. The oxygen can be
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utilized at the cellular membrane (prokaryotes) or be transferred across the cellular
membrane (eukaryotes) by various cellular and enzymatic components to complete the
enzyme transport chain and facilitating respiration. The utilization of oxygen by the
microbial community for respiration can be measured and is frequently referred to as the
OUR. Both the OTR and OUR must occur in series for respiration to occur. Without
either process there can be no substrate utilization or biomass accumulation. It is
therefore necessary to account for both the OTR and OUR in the activated sludge
process. Figure 1.2 illustrates the typical transport path of oxygen within an aerobic
biological reactor.

Figure 1.2. Oxygen transport and uptake in a three-phase biological reactor. Movement
of oxygen from the bulk gas phase to the microbes located within the solid phase
involves several discrete steps. First oxygen must move from the bulk gas (Step 1)
through the stagnant gas boundary layer (Step 2) across the gas-liquid interface. The
oxygen must then move across the stagnant liquid boundary layer (Step 3) into the bulk
liquid. The oxygen concentration will remain relatively consistent in the bulk liquid
phase, provided that adequate mixing energy is imparted on the system (Step 4). The
dissolved oxygen in the bulk liquid then moves across the stagnant liquid boundary layer
(Step 5) to the biological floc. The oxygen must cross the liquid-solid interface and
diffuse through the porous EPS layer present within the microbial floc (Step 6). Once the
oxygen reaches a microbe, the oxygen can be utilized at the cell membrane or be
transported across it where it is utilized by the cell internally for respiration (Step 7).
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There are numerous resistances to mass transfer. The gas and liquid boundary
layers present at the various interfaces can offer a resistance to mass transfer. The
magnitude of these resistances are generally determined by the mass transfer coefficient
and the specific interfacial area available for mass transfer. Oxygen is marginally soluble
in water. As a consequence, the oxygen transfer process is largely controlled by the gasliquid interface. At this interface, the gas mass transfer coefficient is significantly large
that it can be disregarded when quantifying mass transfer.
External and internal mass transfer resistances can occur at the microbial floc.
This is especially true for large diameter floc. In this instance, the chemical reaction is
effectively reduced because oxygen delivery to the cells is restricted. The result of this
restriction is a reduced observed oxygen uptake rate.
1.1.1. Bubble Formation. Oxygen delivery via diffused aeration is
accomplished with submerged diffusers which introduce air as bubbles in the bottom of
the reaction tank. The bubble formation at the diffusers can have a significant impact on
the oxygen transfer efficiencies as it can affect the specific surface area available over
which mass transfer can occur. Numerous experimental and computational studies have
been performed in an effort to elucidate the key functional parameters that affect bubble
generation. Reviewing available literature there appears to be a rather disparate
collection of results, some of which contradict. However, a careful review of results
reveals several distinct trends.
At its most basic level, the formation of bubbles at a submerged orifice can be
described based on a balance of forces acting at the orifice. Most bubble formation
models break the bubble formation process into multiple discrete steps, as illustrated in
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Figure 1.3. First, gas pressure builds in the chamber below the orifice and pushes into the
bulk liquid phase. The bubble begins to expand as the bubble internal pressure, the gas
momentum and buoyancy forces balance with the liquid surface tension, viscous drag and
inertial forces. As the buoyancy force becomes significant the bubble begins to rise from
the orifice, causing the gas to neck at the bottom of the bubble. The surface tension force
causes the bubble to remain attached to the orifice as additional gas flows into the bubble,
further expanding its volume. Finally, the bubble buoyancy overcomes the surface
tension force and it is released from the orifice. The bubble neck closes, and the bubble
rises, away from the orifice creating a zone of lower pressure which promotes the
formation of subsequent bubbles. The bubble quickly accelerates, until it reaches its
terminal velocity.

𝐵𝑢𝑜𝑦𝑎𝑛𝑐𝑦 = 𝑉𝑏 (𝜌𝐿 − 𝜌𝑔 )𝑔
𝜋 2 𝜌𝐿 𝑣𝑏2
𝑑 𝐶
4 𝑏 𝐷 2

db

𝑉𝑖𝑠𝑐𝑜𝑢𝑠 𝐷𝑟𝑎𝑔 =

do

do

𝑆𝑢𝑟𝑓𝑎𝑐𝑒 𝑇𝑒𝑛𝑠𝑖𝑜𝑛 = 𝜋𝑑𝑏 𝜎
𝜋
𝐺𝑎𝑠 𝑀𝑜𝑚𝑒𝑛𝑡𝑢𝑚 = 𝑑𝑜2 𝜌𝑔 𝑣𝑔2
4
𝜋
𝑃𝑟𝑒𝑠𝑠𝑢𝑟𝑒 = 𝑑𝑏2 (𝑃𝑔 − 𝑃𝐿 )
4

Expansion Phase

Detachment Phase

𝐼𝑛𝑡𝑒𝑟𝑡𝑖𝑎 = (𝜌𝑔 𝑉𝑏 − 𝜌𝐿 𝑉𝐿 )𝑎𝑏

Figure 1.3. Typical two-phase model with force balance approach to bubble volume
prediction.

Several dimensionless numbers are routinely utilized to quantify the bubble
formation process. The Bond number, 𝐵𝑜 = 𝜌𝐿 𝑔𝑟𝑜2 ⁄𝜎, is a ratio of the buoyancy and
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surface tension forces. The Bo is utilized to characterize the shape and size of a bubble
moving in the surrounding solution. The Capillary number, 𝐶𝑎 = 𝜇𝑙 𝑄𝑜 ⁄𝜎𝑟𝑜2, is the ratio
of the viscous drag forces and surface tension forces acting at the gas-liquid interface,
where the Qo is the orifice flow rate and the ro is the orifice diameter. For example, an air
bubble will tend to deform when acted upon by viscous forces, but the deformation will
be counter-acted by surface tension forces. From a balance of the viscous and buoyancy
forces, the relationship Ca = Bo-0.33 can be derived and utilized to determine if the flow
regime is dominated by viscous (Ca >> Bo-0.33) or hydrostatic (Ca << Bo-0.33) forces
(Gerlach et al., 2007).
The gas chamber volume for the diffuser orifice appears to be the most important
contributing factor to formation of bubbles at a submerged orifice. It has been identified
that the gas chamber volume size affects bubble volume, with increased bubble volume
associated with increased chamber volume (Hayes et al., 1959; Hughes et al., 1955;
Kumar & Kuloor, 1970; Terasaka & Tsuge, 2001). This system response occurs until a
critical chamber volume is achieved, where further increases in gas chamber volume have
no effect on the bubble volume. This phenomenon is a result of fluctuations in the
chamber pressure during bubble formation. For small chamber volumes, pressure builds
in the chamber and the gas is forced out of the orifice into the bulk liquid. As the gas
evacuates the chamber, the pressure within the chamber drops generating a pulsation
effect within the chamber (Hughes et al., 1955; Kulkarni & Joshi, 2005). The pressure
drop across the orifice tends to be high and influences the bubble formation (Kumar &
Kuloor, 1970). With increasing chamber volume, the drop in chamber pressure becomes
less significant and the bubble volume tends to increase (Hughes et al., 1955; Terasaka &
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Tsuge, 2001). Once the critical chamber volume is reached, the pressure drop within the
chamber is infinitesimal; however, the gas volumetric flowrate is no longer constant, but
varies with time as headloss across the orifice is induced (Satyanarayan et al., 1969). The
critical chamber volume is generally considered to be present with the capacitance
number, Nc > 25, where 𝑁𝑐 = 4𝑉𝑐 𝑔𝜌𝐿 ⁄𝜋𝑑𝑜2 𝑃𝑜 (Kulkarni & Joshi, 2005).
The presence of the constant flow (i.e. small chamber volume) or constant
pressure conditions (i.e. infinite chamber volume) is important as it has a direct effect on
the bubble formation process. For example, it has been identified that for constant
flowrate orifice operation that bubble formation exhibits the following characteristics:
•

At small volumetric flow rates, the bubble volume can be determined based
on a balance of buoyancy and surface tension forces (Gerlach et al., 2007;
Kumar & Kuloor, 1970; Ramakrishnan et al., 1969). Volumetric flow rates
less than 1 x 10-6 m3 s-1 did not influence the bubble diameter, but did affect
bubble generation frequency (Das et al., 2011; Gerlach et al., 2007). As the
gas volumetric flow rate increases, the influence of the surface tension forces
is reduced and the bubble volume increases (Ramakrishnan et al., 1969;
Kumar & Kuloor, 1970). Other studies have confirmed the propensity for
increasing volumetric gas flow rate to increase the bubble diameter (Gerlach
et al., 2007; Ma et al., 2012; Terasaka & Tsuge, 2001).

•

Marginal impacts to the bubble volume were observed with the addition of
surfactant at concentrations typically observed in municipal wastewater (Hsu
et al., 2000). This phenomenon arose due to the dynamic nature of the liquid
surface tension during the bubble formation process. When the bubble forms,
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the liquid surface tension is transient, transitioning from the pure liquid to the
liquid-surfactant solution equilibrium surface tension value. Utilization of the
equilibrium surface tension value fundamentally underestimated the bubble
volume (Hsu et al., 2000).
•

A decrease in the liquid surface tension results in smaller, more stable bubbles
whereas an increase in the liquid surface tension results in bubbles with larger
volume (Jamialahmadi et al., 2001; Ma et al., 2012; Ramakrishnan et al.,
1969). The impact of the surface tension on bubble formation is more
pronounced for large diameter orifices (> 1 mm), as it was demonstrated that
for smaller diameter orifices, surface tension did not correlate to bubble
formation (Ramakrishnan et al., 1969).

•

Surface tension has negligible effects on systems with high liquid viscosity
(Ramakrishnan et al., 1969).

•

Viscosity tends to increase the bubble diameter, especially at high gas
volumetric flow rates (Jamialahmadi et al., 2001; Martín et al., 2006;
Ramakrishnan et al., 1969; Terasaka & Tsuge, 2001). Bubble volumes
generated at gas volumetric flow rates less than 4 x 10-6 m3 s-1 tend to exhibit
a weak positive correlation with the liquid viscosity (Jamialahmadi et al.,
2001). This viscosity impact appears to be enhanced with the use of smaller
diameter orifice (Kumar & Kuloor, 1970).

•

Liquid density only has an impact on bubble volume when the liquid viscosity
is high (Ramakrishnan et al., 1969).
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•

Bubble volume is positively correlated with the orifice diameter, do. Increases
in do cause increased bubble volume being relatively uniform across the range
of gas volumetric flow rates (Das et al., 2011; Jamialahmadi et al., 2001;
Terasaka & Tsuge, 2001). Orifice diameter did not have a discernable effect
on bubble volumes for volumetric flowrates up to 2 x 10-6 m3 s-1; however, for
larger volumetric flowrates, smaller diameter orifices produce smaller bubble
diameters (Terasaka & Tsuge, 2001).

The presence of constant pressure conditions has been found to have the
following impacts on bubble formation.
•

Bubbles of constant volume are produced with increasing frequency up a
critical, transitional gas volumetric flow rate, Qo,T (Blanch & Clark, 1997;
Gerlach et al., 2007; Hayes et al., 1959; Satyanarayan et al., 1969). Once the
transitional gas flow rate is exceeded, bubble generation frequency becomes
static, but the bubble volume increases proportionally with increasing gas
flow rate. Hayes et al. (1959) identified Qo,T to be 5.0 x 10-5 m3 s-1. Blanch
and Clarke (1997) developed a rational relationship to describe the transition.
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Bubbles volumes produced at orifices having diameters less than 1mm tend to
be minimally impacted liquid surface tension (Satyanarayan et al., 1969). The
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surface tension forces become predominant for larger diameter orifices,
especially those operating at low gas flow rate (Satyanarayan et al., 1969).
•

Bubble volume is predominantly related to the differential pressure present
between the gas chamber and the hydrostatic pressure at the diffuser. Small
changes in the differential pressure can result in significant changes in the gas
volumetric flow rate through the orifice (Satyanarayan et al., 1969).

•

Viscosity will increase the bubble diameter (Satyanarayan et al., 1969).

Many of the experimental studies that have been performed have been done by
imposing a constant flow regime at the orifice. This appears to be prevalent because the
geometry and relative scale of the experimental apparatus typically utilized do not
promote the use of substantially large gas chambers to promote the constant pressure
regime. In practice, however, submerged diffuser gas chambers are significant enough to
promote a constant pressure regime and the numerous orifices are rarely in phase with
each other to cause a significant drop in the chamber pressure (Hughes et al., 1955;
Kumar & Kuloor, 1970). This is especially true for diffuser styles utilized for the
activated sludge process. Care must be taken when interpreting and implementing
previous study results in modeling efforts to assure that the appropriate operating regime
has been accounted for (Kumar & Kuloor, 1970). Additional testing of bubble formation
under constant pressure conditions must be investigated further to better quantify and
allow more accurate prediction “real-world” processes. It is anticipated that commercial
studies may have been performed utilizing a constant pressure approach; however, due to
the proprietary nature of diffuser technologies, these studies have not been published.
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Interestingly, this concern has been expressed previously but appears to be often
overlooked in discussions of experimental results (Hughes et al., 1955).
Flexible membrane-style diffusers are routinely utilized for oxygen delivery in the
activated sludge process (USEPA, 1989). The membrane style diffusers differ from fixed
orifices utilized the many of the abovementioned studies in that the orifice diameters are
not static. As the gas chamber pressure is increased, the membrane expands, resulting in
the elongation of the orifices (Geary, 1991; Loubière & Hébrard, 2003). Constant flow
testing revealed increasing bubble diameters with increasing gas flowrate, which were
thought to be associated with increasing operating pressure related deformation of the
membrane (Loubière & Hébrard, 2003); however, it is not clear if this is a phenomenon
associated with constant flow operation. Bubble generation frequency was reduced with
increasing membrane thickness (Loubière & Hébrard, 2003).
1.1.2. Bubble Breakup and Coalescence. Once the bubble is released from the
diffuser, it quickly accelerates to its terminal velocity. At a distance sufficiently close to
the diffuser, the bubble size is dictated by the diffuser characteristics. For bubble
columns, this zone of influence is typically considered to be the diameter of the column
(Blanch & Clark, 1997). Away from this initial zone of influence, the bubble diameter is
affected by the bulk liquid hydrodynamics and bubble breakup and coalescence occurs.
Bubble breakup and coalescence has been described and modeled in a number of
different ways. For example, the Kolmogorov isotropic turbulence theory has been
successfully applied to bioreactors to describe the average bubble diameter in a turbulent
flow field. At sufficiently high Reynolds numbers, turbulent eddies are dissipated by
viscous forces and the scale of the terminal eddies, η, is a function of the energy
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dissipation per unit mass, ε, and the kinematic viscosity, ν (Kolmogorov, 1941a;
Kolmogorov, 1941b).
1

𝜈3 4

𝜂 = (𝜀)

(1-3)

Bubble breakup and coalescence is described by the Webber number, 𝑊𝑒 =
𝜏𝑑𝐵 ⁄𝜎, which is a ratio of shearing forces imposed on the bubble by turbulent eddies to
the bubble’s surface tension, where the shearing forces will cause the breakup of the
bubble and the surface tension will inhibit bubble break-up (Hinze, 1955). When the
turbulence in a system is considered to be isotropic, the We becomes constant and the
scale of the terminal turbulent eddy can be assumed to be on the order of db, which is
indicative of the maximum bubble size that is capable of survival in a flow field of given
mixing intensity (Hinze, 1955; Calderbank, 1958). The shear force can be expressed in
terms of the characteristic velocity for the system, with the understanding that the
characteristic length is equivalent to the bubble diameter (Batchelor, 1960).
𝜏 ≈ 𝜌𝑢̅2 ≈ 𝜌(𝜀𝑑𝑝 )

2⁄3

(1-4)

The bubble diameter is then found to be a function of the liquid surface tension, energy
dissipation per liquid unit mass and liquid density (Calderbank, 1958; Garcia-Ochoa et
al., 2010; Kawase & Moo-Young, 1990).
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Many different correlations for the bubble diameter have been developed based
on isotropic turbulence theory. For example, Calderbank studied the impact of mixing
intensity on bubble diameters in coalescent air-liquid systems and developed a bubble
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diameter relationship that incorporated the gas holdup fraction (Calderbank, 1958).
When investigating coalescing systems with liquids containing electrolytes and aliphatic
alcohols, the relative viscosities of the gas and liquid phases were found to be critical
(Calderbank, 1958).
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Bhavaraju et al. (1978) identified the impacts of the continuous phase on the
bubble diameter with the bubble diameter being directly proportional to the viscosity of
the continuous phase. Here the viscosity of the continuous phase serves to dissipate
mixing energy, reducing the turbulent shearing stresses at the bubble surface responsible
for mediating the bubble size.
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The impacts of surfactants on the bubble coalescence and break-up process has
also been investigated through the lens of isotropic turbulence theory. Walter and Clark
(1986) determined that the surface elasticity, E, imposed by the surfactant, the
concentration of excess surfactant, and the rate of surface replenishment of the surfactant
all influenced the final bubble size. Furthermore, the role of the elongational viscosity,
μe, becomes pronounced, as it is predominantly responsible for the deformation of the
bubbles (Walter & Clark, 1986).
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The Kolmogorov theory of isotropic turbulence has been identified as a
reasonably acceptable method for treating the complex phenomena that occur within the
biochemical reactors, successfully providing descriptions of the physical phenomena
driving mass transport (Blanch & Clark, 1997; Garcia-Ochoa et al., 2010; Kawase &
Moo-Young, 1990). Furthermore, the relationships developed utilizing isotropic theory
should be extensible to systems utilizing mechanical mixing or pneumatic agitation,
provided that the system mixing regimes are characterized appropriately by the energy
dissipation per unit mass, ε (Kawase & Moo-Young, 1990).
More complex theories and modeling of the bubble coalescence and
break-up abound. One popular approach involves the separation of bubble break-up and
coalescence phenomena. Generally both processes are modeled with respect to a
collision frequency parameter, θbu , and break-up/coalescence efficiency parameter, Pbu/c.
The general form of the resulting equation is:
𝑄𝑏𝑢/𝑐 = 𝜃𝑏𝑢 (𝑑1 𝑑2 )𝑃𝑏𝑢/𝑐 (𝑑1 𝑑2 )

(1-9)

where Qbu/c is the break-up/coalescence rate (Liao, 2009; Liao, 2010).
One popular approach to the modeling of breakup has been to model bubble
breakup based on turbulent fluctuations at the bubble surface and bubble-bubble
collisions. Modeling of breakup caused by turbulent fluctuations can be categorized
based on the underlying phenomena believed to govern breakup: turbulent kinetic energy
of the particle greater than a critical value; velocity fluctuation around the particle surface
greater than a critical value; turbulent kinetic energy of the impacting eddy greater than a
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critical value; and internal forces of impacting eddy greater than interfacial force of
smallest resultant particle. Generally, these models are based on an evaluation of the
dynamic pressure and surface stresses present at the bubble surface. Breakup occurs
when the bubble deformation is large enough or the system We is greater than a critical
value. Breakup models based on the assumption that a deformed bubble will break if the
kinetic energy transmitted from bubble-eddy collisions is greater than its surface energy
are generally derived from isotropic turbulence theory. For example, Coulaloglou and
Tavlarides (1977) developed a relationship for the breakup frequency, θbu, assuming that
the bubbles produced by breakup have the same motion as the turbulent eddies
bombarding the bubble.
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⁄3 𝜀 1⁄3
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𝑖

Turbulent fluctuation models based on the underlying assumption that the
turbulent kinetic energy of the impacting eddy must be greater than a critical value cause
breakup are generally based on probabilistic theory. For example, the model developed
by Luo and Svendsen is based on kinetic gas theory where the bubble size, db, breaks
with a frequency f’v,
𝑑

𝑄𝑏𝑢 (𝑉𝑏 |𝑉𝑏 𝑓𝑣′ ) = ∫𝜆 𝑏 𝜃𝑏𝑢 (𝑉𝑏 )𝑃𝑏𝑢 (𝑉𝑏 |𝑉𝑏 𝑓𝑣′ , 𝜆) 𝑑𝜆
𝑚𝑖𝑛

(1-11)

where Pbu is the probability that a bubble of size Vb to break into two particles when hit
by an arriving eddy of size λ, θbu is the arrival frequency of eddies of length scale λ and λ
+ d λ (Luo and Svendsen, 1996). This approach is founded in the isotropic turbulence
theory and the application of a probability distribution function to describe the likelihood
that an arriving eddy will have adequate kinetic energy to result in bubble breakup (Luo
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& Svendsen, 1996). It was understood that differences between results based on assumed
isotropy and actual results are sufficiently small when compared to uncertainty in
experimental data (Luo & Svendsen, 1996).
Bubble coalescence tends to be a much more complex process to theoretically
model than bubble breakup (Chester, 1991). In much the same way as bubble breakup
the rate of coalescence can be described in terms of a collision frequency, θc, and a
coalescence efficiency, Pc. As with bubble break-up, there are a number of different
modeling approaches to determining the collision frequency, which include: Turbulent
random motion-induced collisions; velocity gradient-induced collisions; capture in
turbulent eddies; buoyancy induced collisions; and wake entrainment (Liao, 2010). Table
1.1 describes the fundamental assumptions for each modeling approach. For example,
Chesters (1991) found that when a bubble is smaller than the size of energy dissipating
eddies, the forces governing collisions would be predominantly viscous and bubbles
would have velocities similar to the continuous phase. Therefore, the collision frequency
was determined by the turbulent shear rate√𝜀 ⁄𝜈.
𝜃𝑐 = 0.618(𝑟1 + 𝑟2 )3 √𝜀 ⁄𝜈

(1-12)

Several coalescence efficiency, Pc, models exist, including the energy model, the
critical approach velocity model, and the film drainage model. The energy model was
originally developed by Howarth (1964) based on the understanding that increasing
coalescence occurs as the energy of collision increases. The critical energy model is
based on the assumption that coalescence occurs when the approaching velocity exceeds
a critical value at the moment of collision. The film drainage model considers that two
bubbles contact creating a thin film of liquid between the two bubbles.
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Table 1.1. Summary of fundamental model assumptions for coalescence modeling of
bubble collision frequency, θc.
Bubble collision models

Key assumptions

Turbulent random
motion-induced

•
•

Velocity gradientinduced

•

Capture in turbulent
eddy

•
•

Buoyancy-induced

•

Wake Entrainment

•
•

Assumes that collisions are caused by fluctuating
turbulent velocities surrounding in the liquid phase
surrounding the bubble
The eddy velocities are assumed to be in the inertial
subrange and impose changes to the relative velocities
of the bubble, causing them to collide with similarly
sized bubbles.
Breakup occurs as liquid flows in uniform streamlines
and the bubbles move in a rectilinear fashion, resulting
in shear-induced collisions
Assumes that small bubbles get trapped in energy
dissipating eddies, causing forces governing collision to
be predominantly viscous in nature.
Collision frequency can be described in terms of the
local shear flow in the turbulent eddies, were √𝜀 ⁄𝜈 is
the turbulent shear rate
Breakup results from differences in the rise velocities
associated with bubbles of different sizes
As bubbles move through liquid, some liquid mass is
carried with the bubble, resulting in a local acceleration
field behind the bubble.
Acceleration field influences the motion of subsequent
bubbles, resulting interactions.

The film drainage model, illustrated in Figure 1.4, appears to be the most popular
approach to modeling bubble coalescence. Using this modeling approach, coalescence
efficiency described based on two timescales: the contact time and the drainage time.
𝑃𝑐 = 𝐸𝑋𝑃 (−

𝑡𝑑𝑟𝑎𝑖𝑛𝑎𝑔𝑒
𝑡𝑐𝑜𝑛𝑡𝑎𝑐𝑡

)

(1-13)

Chesters (1991) indicated that the contact of bubbles in viscous collisions in a turbulent
flow field should be inversely proportional to the turbulent shear rate. Furthermore, the
interactions were thought to result in a conversion between kinetic and surface energy.
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Based on the and energy balance considering the added mass effects a relationship for the
contact time was derived.
4𝜌𝑔

𝑡𝑐𝑜𝑛𝑡𝑎𝑐𝑡

=√

(

3𝜌𝐿

+1)𝜌𝐿 𝑟 3

(1-14)

2𝜎

b)

a)

Figure 1.4. Drainage model for bubbles with a) mobile and b) immobile bubbles.

For the drainage time, it was proposed that gas bubbles tend to have a size greater
than the corresponding Kolmogorov eddies and high Reynolds number. It can therefore
be assumed that the bubble will be deformable and that the surface will be fully mobile
(Chesters, 1991). Inertial interactions should control the system dynamics and the shear
stress exerted by the gas is negligible (Chesters, 1991). Based on this approach, the
coalescence efficiency was found to be related to the Weber number.
𝑡𝑑𝑟𝑎𝑖𝑛𝑎𝑔𝑒 =

0.5𝜌(2𝜀𝑟)1⁄3 𝑟 2
𝜎
𝑊𝑒

𝑃𝑐 = 𝐸𝑋𝑃 (−𝐶1 √

2

)

(1-15)
(1-16)

Interestingly, it has been shown that for low orifice volumetric gas flowrates, that
bubble coalescence generally occurs in the lower portion of the water column where the
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bubbles tend to move as a single plume (van den Hengel et al., 2005). As the bubbles
move upward in the reactor the bubble distribution becomes more homogeneous,
reducing the potential for coalescence inducing collisions (van den Hengel et al., 2005).
The converse was found for bubble break-up, where the majority of the break-up
occurred in the upper portion of the reactor water column as the bubbles were exposed to
energy dissipating eddies in the bulk solution (van den Hengel et al., 2005).
1.1.3. Bubble Rise Velocity, Gas Holdup and Interfacial Area. One critical
aspect of reactor operation is the specific interfacial area of the bubbles, as it influences
the oxygen mass transfer from the gas phase to the liquid phase. In bubble columns, the
gas holdup fraction, φg, can be determined as a function of the bubble residence time,
𝑡𝑔 = 𝐻 ⁄𝑣𝑏 , where H is the liquid height from the diffuser to the suface and vb is the
bubble rise velocity as defined by the bubble Reynolds number (Blanch & Clark, 1997).
𝑔𝜌

6𝜎𝑑𝑜

𝑣𝑏 = (18𝜇𝐿 ) (𝑔(𝜌
𝐿

2𝜎

𝑣𝑏 = (𝑑

𝑏 𝜌𝐿

−

𝐿 −𝜌𝑔

𝑔𝑑𝑏 0.5
2

)

2⁄3

)
)

for Reb < 1

for Reb ≥ 1

(1-17)

(1-18)

For Equation 1-17 and 1-18, do is the diffuser orifice diameter, db is the bubble diameter
described by 𝑑𝑏 = (6𝜎𝑑𝑜 ⁄𝑔(𝜌𝐿 − 𝜌𝑔 ))

1⁄3

, and the bubble reynolds number, 𝑅𝑒𝑏 =

𝑑𝑏 𝑣𝑏 𝜌𝐿 ⁄𝜇𝐿 (Blanch and Clark, 1997). For Reb < 1, laminar flow exists with a no-slip
condition at the gas-liquid interface. The bubble rise velocity for this case can be well
described by the Stokes equation. For larger values of Reb, the gas-liquid interface tends
to be mobile and subject to undulations. In this case the Mendelson correlation is utilized
which characterizes the gas-liquid interface as a wave moving through the bulk liquid
(Kulkarni and Joshi, 2005).
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The total volume of gas in the system can be as a function of the gas volumetric
flow rate and the bubble residence time. Then the gas holdup fraction can be determined
as a function of the total liquid volume in the reactor, VL, and the total gas volume, VL,
where 𝜙𝑔 = 𝑉𝑔 ⁄(𝑉𝑔 + 𝑉𝐿 ). However, it must be noted that the total gas volume is very
small compared to the liquid volume, therefore 𝑉𝑔 ⁄(𝑉𝑔 + 𝑉𝐿 ) ≈ 𝑉𝑔 ⁄𝑉𝐿 . The gas holdup
fraction can then be derived,
𝑉𝑔

𝜙𝑔 = 𝑉 =

(𝑄𝑔 ⁄𝐴)𝐻⁄𝑣𝑏
𝑉𝐿 ⁄𝐴

𝐿

=

𝑈𝑠𝑔
𝑣𝑏

(1-19)

where A is the cross-sectional area of the column, Usg is the superficial gas velocity and
𝑉𝐿 ⁄𝐴 is the column liquid height, H (Blanch & Clark, 1997).
Gas holdup and the specific interfacial are of bubbles in stirred reactor tend to be
more complex due to the tendency for the stirrer impeller to mediate the size of the
bubbles by imposing shear forces which cause break-up. Kudrewizki and Rabe
(1986) proposed an approach based on a balance of kinetic, Ek, and potential, Ep, energies
within the system.
𝐸𝑝 = 𝜙𝑔 (𝜌 − 𝜌𝑔 )𝑔𝑙 4
𝐸𝑘 =

𝜌𝑢2
2

(1 − 𝜙𝑔 )𝑙 3

(1-20)
(1-21)

This model assumes that the turbulence within the system is homogenous and isotropic,
𝑢~(𝜀𝑙)1⁄3 and 𝜀 = 𝑃⁄𝜌𝑉𝐿 , with the characteristic length, l equal to the bubble diameter
associated with the operation of the mixer impeller (Kudrewizki & Rabe, 1986)
𝜙𝑔
1−𝜙𝑔

1

=2

2⁄3

𝑈𝑠𝑔

(𝑔𝑑𝑝 )

1⁄3

𝜌𝐿
∆𝜌

(1-22)
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The characteristic bubble diameter, dp, was determined by Levich (1954) for six-bladed
Rushton turbines, with 𝐿𝐴 = 𝐻 ⁄6, 𝜔𝐴 = 𝜋𝐷𝐼 𝑁, and ξ = 0.4, where N is the rotational
speed of the impeller and DI is the impeller diameter. The relationship was found to be
valid for low bulk liquid viscosity, and bubble Reynolds numbers in the range 1 x 103 ≤
Reb ≤ 2 x 105.
3⁄5 𝐿 2⁄5

𝜎

𝑑𝑏 = 2 (𝜉𝜌 )

𝜔

𝐿

1⁄5

𝜌

( 𝐿)
6⁄5

(1-23)

𝜌𝑔

Substitution of Equation 1-23 into Equation 1-22 and simplification yield Equation 1-24
as described by Kawase & Moo-Young (1990), which was found to reproduce
experimental data well.
𝜙𝑔
1−𝜙𝑔

2⁄3

= 0.819

4⁄15

𝑈𝑠𝑔 𝑁 2⁄5 𝐷𝐼
𝑔1⁄3

𝜌𝐿 1⁄5

(𝜎)

𝜌𝐿

−1⁄15

( )
𝜌𝑔

𝜌𝐿
∆𝜌

(1-24)

Garcia-Ochoa and Gomez (2004) made a further modification to the
aforementioned relationship to accommodate for the impact of viscosity. As
demonstrated in Equation 1-25, the increases in the viscosity result in decreases in the
gas-holdup.
𝜙𝑣
1−𝜙𝑣

𝜙𝑔

𝜇𝐿

−1⁄4

= 1−𝜙 (𝜇 )
𝑔

𝑔

(1-25)

Kawase & Moo-Young (1990) applied a similar energy balance approach to
bubble columns, yielding the following relationship,
𝜙𝑔
1−𝜙𝑔

3
𝑈𝑠𝑔

1⁄4

≈ ( 𝜈𝑔 )

𝜌𝐿
∆𝜌

which assumes that the characteristic length of the system was described by
𝑙𝑐 ~(𝜈 3 ⁄𝜀 )1⁄4 .

(1-26)
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Once the gas holdup fraction is known, the specific interfacial area of the gas
phase can then be determined as a function of the gas holdup fraction and the bubble
diameter.
𝑎=

6𝜙𝑔
𝑑𝑏

(1-27)

1.1.4. Oxygen Mass Transfer – Film Theory and Its Applications. Traditional
film theory was developed by Lewis and Whitman (1924) as a means of describing the
absorption of gases into liquids. The basis of their theory was that all multiphase systems
tend to move toward equilibrium conditions, with equilibrium conditions representing the
ultimate state that the multiphase system can assume. Underlying their theory were
several key assumptions. First it was assumed that layers of gas and liquid exist at the
gas-liquid interface in which motion by convection is slight as compared to the bulk
solution. It must be noted that there is no line of demarcation between the stationary
fluids and the bulk solution, making the films rather amorphous.
The diffusion of solute from the bulk gas through the gas film proceeds at a rate
that is proportional to the difference in the bulk gas solution concentration and the gas
concentration at the interface. Similarly, diffusion through the liquid film is controlled
by the difference between the concentration of solute at the interface and the
concentration of the bulk solution. The films are thin and mass transfer is continuous,
therefore, the quantity of solute present in the films and at the interface is minimal; solute
that passes through one film must proceed through the other film in the direction of the
overall concentration gradient. This concentration gradient is the driving force for mass
transfer.
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The transfer of mass across the interface is typically expressed as a concentration
flux, for which the surface area over which the mass transfer occurs is a crucial
parameter,
𝑑𝐶

𝑀𝐴 = 𝐽𝐴 𝐴 = 𝐴𝑑𝑡 = 𝑘𝑔 (𝑃𝑔 − 𝑃𝑖 ) = 𝑘𝐿 (𝐶𝑖 − 𝐶𝐿 )

(1-28)

where MA is the mass flow of solute, mg s-1, A is the surface area of the interface over
which mass transfer occurs, m2, JA is the concentration flux, mg m-2 s-1, kg is the local
gas phase mass transfer coefficient, m s-1, kL is the local liquid phase mass transfer
coefficient, m s-1, Pg is the partial pressure of solute in gas in bulk solution, atm, Pi is the
partial pressure of solute at interface, atm, Ci is the concentration of solute in liquid
phase at the interface, mg L-1, and CL is the concentration of solute in liquid phase in the
bulk solution mg L-1 (Lewis & Whitman 1924).
At the gas-liquid interface, the two phases are in equilibrium with each other. The
solute will tend to accumulate at the liquid interface, reaching saturation conditions. This
will occur, even in the presence of large concentration gradients on either side of the
interface (Lewis & Whitman, 1924). Accumulation of solute at the interface cannot
exceed equilibrium conditions; a solute that diffuses through the gas film must also
diffuse through the liquid film such that there is no net accumulation of the solute at the
interface (Lewis & Whitman, 1924).
There are three discrete cases when considering mass transfer within the context
of film theory. The first case occurs with very soluble gases. The absorption rate for the
gas into the liquid is controlled by the diffusion of the solute through the gas film. In this
instance, the difference in solute concentration in the bulk gas as compared to gas-side
interface concentration will be the primary driving force for the reaction. The second
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case is for gases of low solubility where the rate of absorption of the solute into the liquid
is low, resulting in small concentration gradients across the liquid film. In this case, the
primary resistance to mass transfer lies in the liquid phase, therefore there is no need to
account for the gas film in calculations.

The third case involves gases of intermediate

solubility, where the gas is too soluble to permit one to neglect the gas film, but not
soluble enough to disregard the liquid film resistance. In this case, the mass transfer
coefficient can be expressed as an overall mass transfer coefficient which is a function of
the individual film coefficients,
𝐾𝐿 = 𝑘

𝑘𝑔 𝑘𝐿

(1-29)

𝑔 +𝐻𝑘𝐿

𝐻𝑘𝑔 𝑘𝐿

𝐾𝑔 = 𝐻𝐾𝐿 = 𝑘

(1-30)

𝑔 +𝐻𝑘𝐿

where KL is the overall mass transfer coefficient expressed in terms of the liquid, s-1, KG
is the overall mass transfer coefficient expressed in terms of the gas, s-1, and H is
Henry’s coefficient for gas in solution, g cm-3 atm-1.
The mass transfer coefficient is a function of the diffusivity of the solute in the
gas or liquid and the thickness of the stagnant film,
𝔇

𝑘𝐿 = 𝛿 𝑙
𝐿

and

𝑘𝑔 =

𝔇𝑔
𝛿𝑔

(1-31)

where 𝔇𝑔 is the Gas diffusion coefficient, m2 s-1, 𝔇𝑙 is the liquid diffusion coefficient, m2
s-1, δg is the gas (subscript g) film thickness, m, and δg,L is the liquid film thickness, m.
Unfortunately, there is no way to directly measure or calculate the film thickness based
on fluid dynamics, therefore, the direct measurement of local mass transfer coefficients
cannot be obtained (Beenackers & Swaaji, 1993; Lewis & Whitman, 1924).
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Mixing of the bulk solutions can directly impact the mass transfer coefficient by
increasing the convective currents at or within the stagnant film. The increase in
convection at the boundary and within the stagnant film has the effect of reducing the
stagnant film thickness and the distance over which the solute must diffuse, increasing
the rate of mass transfer. Other factors that impact the magnitude of the mass transfer
coefficient include temperature and bulk liquid viscosity, which results in changes in the
diffusivity of the solute.
Film theory has been extended to describe the mass transfer process for complex
multiphase systems. Typically, these efforts have taken the form of resistance in series
(RIS) models which aim to describe the overall resistance to mass transfer as a series of
discrete resistances occurring at each interface within the system. Beenackers and Van
Swaaij (1993) proposed the resistance in series model listed below to describe three
phase systems with the solid phase being a porous catalyst in which a first order reaction
occurs,
𝐶𝑖
1
1
1
1
+
+
+
𝑘𝑔 𝑎𝑏 𝑚𝑘𝐿 𝑎𝑏 𝐸𝐴 𝑚𝑘𝑠 𝑎𝑠 6𝑚𝑎𝑝 𝐷𝑖 𝜙𝑡𝑎𝑛ℎ𝜙

𝐽𝐴 𝑎 =

𝜙=

𝑑𝑝
6

𝐸𝐴 = 𝐽

𝑘𝑟′′ 𝑎𝑠

√

𝐷𝑖

(Thiele Modulus)

𝐽𝐴 (𝑤𝑖𝑡ℎ 𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒𝑠)

𝐴 (𝑤𝑖𝑡ℎ𝑜𝑢𝑡

𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒𝑠)

(1-32)

(1-33)
(1-34)

where a is the specific gas-liquid contact area, m-1, as is specific interface of solid per unit
porous particle volume, m-1, ap is the specific external surface of the particle, m-1, EA is
the particle enhancement factor, dp is the particle diameter, m, and Di is the intraparticle
diffusion coefficient, m2 s-1.

Vinke and Ruthiya utilized a RIS model to investigate
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reaction enhancement associated with the formation of particle-bubble aggregates in
slurry reactors (Ruthiya, 2004; Vinke, 1991). RIS modeling has been identified as a
common approach to quantifying mass transfer in multiphase reactors (Folger, 2016).
1.1.5. Oxygen Mass Transfer – Penetration Model. One primary difficulty
with the application of film theory is the assumption of the stagnant film of thickness at
either side of the interface (Higbie, 1935). In reality, there is a stagnant layer of gas and
liquid molecules that form immediately at the interface as a result of a no-slip condition
were the gas or liquid velocity are zero. Immediately outside of this initial layer of
molecules, fluid velocities gradually increase with laminar flow occurring across the
interface. Movement of solute through this region of laminar flow will ensue as a result
of diffusion. At increasing distances from the interface, the velocities increase, and
turbulent flow is achieved. Because the fluid is moving across the liquid-gas interface,
the mass transfer process is affected by the contact time between the liquid and the gas.
It has been shown that for short time interval of contact, that the rate of mass transfer is
not adequately described by the Lewis-Whitmann theory (Higbie, 1935; Dankwerts,
1951; Alves, 2003).
Higbie (1935) proposed the penetration theory to accommodate industrial
absorption applications where short contact times result in observed mass transfer
coefficients greater than that predicted by Film Theory, especially for gases of low to
moderate liquid solubility. For industrial absorption applications, such as bubble
absorbers, spray absorbers and packed towers, it was observed that the time of contact
between the liquid and gas was very short. In bubble absorption with bubble diameters
ranging between 3 to 9 mm and rates of rise of 0.03 to 0.09 m s-1, the typical exposure
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time might be on the order of 0.01 sec (Higbie, 1935; Kulkarni & Joshi, 2005; Wagner &
Popel, 1996). At this short time interval, penetration theory is found to describe the mass
transfer coefficient well, where it is underestimated by traditional film theory (Wagner &
Popel, 1996). For long contact times, the penetration process is not interrupted, and the
system tends toward an equilibrium condition as described by Film Theory.

Figure 1.5. Illustration of penetration theory.

Looking the behavior of bubbles rising through a well-mixed liquid, the packet of
liquid formed at the top of the bubble, moves downward along the interface as illustrated
in Figure 1.5. The packet of liquid is acted upon by a gravitational force (weight) and a
viscous force, which is exerted at the boundary of the quiescent layer and the turbulent
region associated with the bulk fluid. Because the weight of the quiescent liquid layer is
very small, the viscous force is comparatively small. This movement of the liquid occurs
within the laminar flow regime, resulting in no fluid mixing within the layer. The
behavior of the quiescent layer was therefore treated as a still liquid.
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The liquid film mass transfer coefficient can be estimated by,
𝔇

𝑘𝐿 = 2√𝜋𝑡𝑙 ,
𝑒

(1-35)

where te is the exposure time, s (Higbie, 1935; Wagner, 1996). The exposure time is the
ratio of a characteristic length (i.e. bubble diameter) to characteristic slip velocity for the
system in question. In the case of a bubble rising through a liquid, the characteristic slip
velocity can be taken as the terminal rise velocity of the bubble.
1.1.6. Oxygen Uptake Rate. A large number of microorganisms present in an
activate sludge culture will utilize oxygen as a terminal electron acceptor when oxidizing
substrate. The rate of oxygen uptake (OUR) is related to the rate of substrate utilization
and biomass accumulation and is generally used as a measure of biological activity. The
specific oxygen uptake rate (SOUR) for a reactor is a measure of the OUR per unit of
mixed liquor volatile suspended solids and is typically determined for systems in which
external mass transfer limitations have been eliminated. The SOUR is an inherent
property of the activated sludge microbial culture and can be monitored to ascertain the
stability of a process (Garcia-Ochoa et al., 2010). Changes in the SOUR can be
indicative of the presence of toxic substances, inhibitors or changes in the reactor
substrate loading conditions (Tchobanoglous et al., 2014).
The oxygen uptake rate exhibited by an activated sludge culture can vary based
on the metabolic state of the microorganisms (Garcia-Ochoa et al., 2010). Therefore it is
useful to define the oxygen uptake rate as a function of the substrate utilization, biomass
formation, product formation and endogenous respiration,
𝑂𝑈𝑅 = 𝕣O2 = 𝑟𝑠𝑢 − 1.42𝑟𝑥 − 𝑟𝑝 + 1.42𝑟𝑑 ,

(1-36)
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where 𝕣O2 is the oxygen uptake rate (OUR), mg L-1 hr-1, rsu is the rate of substrate
utilization, mg L-1 hr-1, rx is the rate of biomass growth, mg L-1 hr-1, rp is the rate of
product formation, mg L-1 hr-1, and rd is the endogenous respiration rate, mg L-1 hr-1.
The coefficient 1.42 representative of the COD of the biomass (Tchobanoglous et al.
2014, Young 2004). The OUR can be determined directly from experimentation.
Assuming Monod kinetics for microbial growth, the following relationships can
be derived,
𝜇𝑚𝑎𝑥 𝑆𝑋

𝑟𝑥 = 𝜇𝑋 = (
𝑟𝑠𝑢 = − 𝑌

1

𝑥⁄𝑠

𝑟𝑝 = 𝑌

1

𝑥⁄𝑝

𝐾𝑠 +𝑆

) (𝐾

𝐶𝑜2

𝐷𝑂 +𝐶𝑜2

)

𝑟𝑥

𝑟𝑥

𝑟𝑑 = 𝑏𝑋
𝕣O2 =

(1-37)
(1-38)
(1-39)
(1-40)
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)(
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1 𝜇𝑚𝑎𝑥 𝑆𝑋
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1
𝜇𝑚𝑎𝑥 𝑆𝑋
𝐶𝑜2
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) + 1.42𝑏𝑋
𝕣O2 = (
− 1.42 −
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𝑌𝑥⁄𝑠
𝑌𝑥⁄𝑝
𝐾𝑠 + 𝑆 𝐾𝐷𝑂 + 𝐶𝑜2
(1-42)
where μ is specific growth rate, mg L-1 d-1, μmax is the maximum specific growth rate, d-1,
Ks is the half velocity constant, mg L-1, S is the substrate concentration, mg L-1, Yx/s is
substrate biomass yield, g g-1, Yx/p is substrate product yield, g g-1, CO2 is the
concentration of dissolved oxygen, mg L-1, KDO is the oxygen half saturation constant,
mg L-1, b is the endogenous respiration coefficient, d-1, and X is the active biomass
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concentration, mg L-1. It should be noted that the rate of biomass accumulation and
substrate utilization are considered to occur as a function of the dissolved oxygen
concentration. Endogenous respiration occurs irrespective of the dissolve oxygen
concentration and it is assumed that no product formation occurs as organic carbon and
ammonia nitrogen are completely mineralized.
The specific oxygen uptake rate, qo2 (d-1), can be determined based on the known
volatile suspended solids concentration.
𝑞𝑜2 =

𝑂𝑈𝑅
𝑋

=

𝕣O2
𝑋

(1-43)

1.1.7. Oxygen Transfer – Design Approach. Oxygen must be supplied to an
aerobic biological unit process to maintain optimal substrate utilization and biomass
accumulation. Oxygen transfer can be accomplished by diffused or mechanical aeration.
The oxygen transfer rate capacities of these devices are generally expressed in terms of
standard conditions which allows for their direct comparison and application to many
installation conditions. These conditions include clean tap water, atmospheric pressure of
1 atm, wastewater temperature of 20 °C and an initial dissolved oxygen concentration of
2.0 mg L-1 (Jenkins 2014). The standard testing methodology for clean water testing of
aeration devices is encapsulated in the ASCE/EWRI 2-06 Measurement of Oxygen
Transfer in Clean Water standard protocol (ASCE, 2007).
The actual oxygen transfer rate required by the process is generally calculated by
𝐴𝑂𝑇𝑅 = 𝑌𝑂2 𝑄(𝑆𝑜 − 𝑆) + 4.6(𝑁𝑂𝑥 )

(1-44)

where YO2 is the oxygen stoichiometric coefficient (Kg O2 Kg-1 BOD), Q is the design
average daily flow (m3 d-1), So is the influent BOD concentration (mg L-1), S is the
effluent BOD concentration (mg L-1) and NOx (kg d-1) is the oxidizable nitrogen in the
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influent. As illustrated in Figure 1.6, the value of YO2 can range between 0.6 and 1.5 and
is based on the process SRT. It is typical in design to let YO2 range between 0.9 and 1.3
for SRTs less than 20 d. For SRT greater than 20 d, the value of YO2 is 1.5. Maximum
daily loading conditions for BOD and TKN applied for the average daily flow conditions
are typically utilized to assure adequate capacity is available. Several design cases are
established based on the anticipated seasonal operating process and ambient air
temperatures. Once the controlling design requirement is established for the maximum
day, it is typical to check that the diffuser design is capable of providing an air delivery to
treat of 200% percent of the average daily mass loading condition to accommodate for
some degree of fouling during the normal operating conditions.

Figure 1.6. Oxygen stoichiometric coefficient for activated sludge process. Figure
demonstrates stoichiometric coefficient for UBOD = 1.5 BOD5
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Table 1.2. Summary of oxygen transfer equation for design of air delivery systems.
Factor

Description

α
β

Oxygen solubility adjustment for salinity,
TDS, etc.

F

Fouling Factor

Ω

Pressure correction factor for tanks less
than 6.0 m

Ps

Standard atmospheric pressure, atm

Pb

Site-specific atmospheric pressure, atm

τ

Temperature correction factor

Equation/Value
𝑘𝐿 𝑎(𝑤𝑎𝑠𝑡𝑒𝑤𝑎𝑡𝑒𝑟)
𝛼=
𝑘𝐿 𝑎(𝑡𝑎𝑝𝑤𝑎𝑡𝑒𝑟)
0.8 to 1.0
0.65 to 1.00
Ω = 𝑃𝑏 ⁄𝑃𝑠
(Equation 1-46)
1.00
-∗ ⁄ ∗
τ = 𝐶𝑠,𝑇
𝐶𝑠,20
(Equation 1-47)

C*s,T

Oxygen saturation concentration at
operating temperatures, mg L-1

--

C*s,20

Oxygen saturation concentration at
standard temperature, mg L-1

--

C*∞,20

Oxygen saturation concentration at
standard conditions, mg L-1

𝐷𝑓
∗
∗
𝐶∞,20
= 𝐶𝑆,20
[1 + 𝑑𝑒 ( )]
𝑃𝑠
(Equation 1-48)

de

Midepth correction factor

Df

Depth to diffusers in basin, m

T

Operating temperature, °C

θ

Empirical temperature correction factor

0.25 to 0.45

1.024

To effectively design an air delivery system, the AOTR must be converted to the
oxygen transfer rate at standard conditions (SOTR, kg O2 hr-1), accounting for pertinent
site conditions, including site elevation, anticipated operating temperatures, reactor
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geometries, water chemistries, etc. Safety factors are then added to accommodate for a
reasonable degrees of oxygen transfer degradation due to fouling. Equation 1-45 is
applied to identify the standard oxygen transfer rate (SOTR, kg O2 hr-1) that can be
expected under design conditions.
𝐴𝑂𝑇𝑅 = 𝑆𝑂𝑇𝑅𝛼𝐹 [

∗
𝜏𝛽Ω𝐶∞,20
−𝐶
∗
𝐶∞,20

] (𝜃 𝑇−20 )

(1-45)

The α-value is of special importance in the design of air delivery systems as for a
given aerator, it can vary widely between facilities. The α encapsulates the effects of
diffuser type and configuration, mixing intensity, tank geometry, organic loading,
surfactant concentrations, and process operational characteristics, such as MLSS, SRT,
OUR (Amaral et al., 2019; Baquero-Rodr´ıguez et al., 2018). For example, α has been
shown to vary between 0.3 to 0.85 for diffused aeration and 0.6 to 1.2 for mechanical
aeration (Baquero-Rodr´ıguez et al., 2018; Tchobanoglous, 2014). The α-value is now
considered to be the most uncertain aeration process parameters, given its propensity to
vary diurnally, seasonally and with influent wastewater characteristics (Amaral, 2018;
Baquero-Rodr´ıguez et al., 2018). The further investigation and implementation of
variable α have been suggested as one approach to addressing the observed variability
(Baquero-Rodr´ıguez et al., 2018; Jiang et al, 2017).
Generally, the α-value is determined via the comparison of the volumetric mass
transfer coefficient (KLa) in wastewater with that of clean water testing. Process KLa
values are measured in accordance with the ASCE/EWRI-18 standard by steady state,
offgas or dynamic methods (ASCE, 2018).
For the steady state determination of KLa it is assumed that the mixed liquor DO
is constant and the transfer of oxygen from the gas phase into the liquid is equal to the
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biochemical reaction occurring in the microbial biomass, as described in Equation 1-49
and 1-50 (Tchobanoglous, 2014).
𝑑𝐶
𝑑𝑡

= 𝐾𝐿 𝑎(𝐶𝑆 − 𝐶) − 𝕣𝑂2
𝕣

𝐾𝐿 𝑎 = (𝐶 𝑂2
−𝐶)

(1-49)
(1-50)

𝑆

For the off-gas method illustrated in Figure 1.7, a gas phase mass balance is
applied to directly measure oxygen transfer efficiency of diffused aeration devices. A
floating hood is installed within the bulk solution, which captures the offgas present
immediately above the reactor surface. The oxygen concentration in the offgas is then
measured and compared with the oxygen concentration in the ambient air. The KLa can
be calculated according to Equation 1-51,
∗
𝜌𝑔 (𝑞𝑖 𝑌𝑖 − 𝑞𝑒 𝑌𝑒 ) = 𝐾𝐿 𝑎(𝐶∞
− 𝐶)𝑉𝑅 ,

(1-51)

where ρg is the density of air at temperature and pressure at which gas flowrate is
expressed, qi is the total volumetric gas flow rate into the reactor (m3 s-1), qe is the total
volumetric gas flow rate out of reactor (m3 s-1), Yi is the mole fraction of oxygen in the
inlet, Ye is the mole fraction of oxygen in the outlet, C*∞ is the steady state saturation
concentration at infinite time (g m-3), C is the operating DO concentration (g m-3), VR is
the reactor volume, m3 (ASCE, 2018).
If CO2 and H2O vapor are removed upstream of the oxygen analyzer, the process
OTE can be determined directly by Equation 1-52 (ASCE, 2018).
𝑌 (1−𝑌 )

𝑂𝑇𝐸 = 1 − 𝑌𝑒 (1−𝑌𝑖)
𝑖

𝑒

(1-52)

Several assumptions underly the implementation of the offgass testing
methodology. First it is assumed that nitrogen is conservative. Secondly the process
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conditions at the point of sampling exhibit a pseudo-steady state condition. Third, the
DO concentration in the liquid remains reasonably constant for the duration of the testing
period. Finally, the difference between surface oxygen transfer under the hood in the
open tank is negligible. The principle limitation of the testing method is that it is not
readily applicable to mechanical aeration. Other methodology constraints include:
•

The tank must be readily accessible to deploy testing hood

•

Foaming can complicate gas sampling.

•

Severe turbulence can complicate the placement of the hood.

•

High off-gas flux rates may require special provisions for gas collection and
flow measurement.

Figure 1.7. Off-gas analyzer for determination of process OTE.

For the dynamic method, the KLa is determined by measuring the rate of change
of the DO with respect to time after a perturbation from steady state conditions. This
perturbation can be affected by changing the aerator operating state or adding H2O2 to
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achieve an incremental DO increase. The rate of change of the DO as the change is
imposed is monitored and a non-linear regression analysis is utilized to fit the data to
Equation 1-53,
𝐶𝑅 − 𝐶 = (𝐶𝑅 − 𝐶𝑜 )𝑒 −(𝐾𝐿𝑎+1⁄𝜃ℎ )𝑡

(1-53)

where CR is the DO in recycle stream, Co is the DO concentration at the initiation of the
test, and C is the DO concentration after a measured elapsed time, t (ASCE, 2018).
The dynamic method is only valid for completely mixed systems with recycle
stream and assumes that there is a constant OUR and KLa throughout the study. Other
assumptions that underly the dynamic test include:
•

Testing occurs over a reasonable time scale (i.e. 4/KL)

•

Testing is performed at relatively constant process conditions.

•

No DO limitations existing in any portion of the tank immediately prior to or
during the test as changing OUR will invalidate the test.

•

Changes to power level of aerator are made quickly to provide a response to a
theoretical instantaneous change in DO.

Each testing method has advantages and disadvantages. The steady state method
implementation assumes that the process is operates in steady state at all times, which is
not always the case for real-world applications. Influent strength, temperature, biomass
concentrations, etc., can all vary diurnally and seasonally, resulting in non-steady state
conditions to prevail. The off-gas method requires special testing apparatus and is
sensitive to the relative accuracy of airflow measurements. The dynamic method is
sometimes difficult to implement as a step change in operating DO conditions is not
always achievable or practical.
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Oxygen transfer testing in clean water is generally performed utilizing the
ASCE/EWRI 2 standard (ASCE, 2006). Within the scope of this methodology, dissolved
oxygen is depleted via addition of sodium sulfite. The body of water is then reaerated,
and the DO is measured with respect to time utilizing probes installed to provide a
representative sample of the average basin DO. The data is then fit to an Equation 1-54
utilizing non-linear regression techniques to simultaneously solve for the DO at the
initiation of the test, the steady state saturation DO and the volumetric mass transfer
coefficient (ASCE, 2006).
∗
∗
𝐶 = 𝐶∞
− (𝐶∞
− 𝐶𝑜 )𝑒 −𝐾𝐿𝑎𝑡

(1-54)

Several limitations to the clean water oxygen transfer testing have been identified.
As described previously, the results of clean water oxygen transfer testing cannot be
directly utilized to assess process conditions, as evidenced in α less than unity.
Furthermore, it has been argued that the ASCE/EWRI 2 protocol overestimates the
saturation DO concentration, because in process conditions, biochemical reactions will
continuously reduce gas-phase oxygen concentrations in the bubble column, whereas,
oxygen depletion observed for non-steady state reaeration testing is variable, with high
oxygen depletion early in the test and little or no oxygen depletion later in the test.
However, it was demonstrated that differences between true and apparent KLa and C*∞
values determined with the methodology were insignificant and that no adjustment of the
C*∞ to account for gas-phase oxygen depletion was necessary (Jiang and Stenstrom,
2012).
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1.2. PHYSICAL FACTORS AFFECTING OXYGEN TRANSFER
This section shall address different physical factors affecting oxygen transfer in
the activated sludge process. The physical factors reviewed shall include: aerator type;
diffuser configuration; diffuser fouling; mixing; and surfactants.
1.2.1. Aerator Type. Air delivery for the activated sludge process has
historically been accomplished via diffused or mechanical aeration or some combination
of both. Mechanical aeration typically consists of mixers and or spargers that physically
entrain oxygen within the mixed liquor. Diffused aeration typically consists of diffusers
which are submerged within the mixed liquor which produced either coarse bubble or
fine bubbles.
Mechanical Aeration equipment is generally divided into two categories:
horizontal axis and vertical axis aerators. Horizontal axis aerators are generally found on
shallow oxidation ditch processes; however, applications do exist in basins up to 4.8 m
deep. These aerators maximize air entrainment air by “slapping” the water with shaped,
discrete paddles. These aerators generally provide for both aeration and mixing of the
activated sludge mixed liquor.
Vertical shaft aerators tend to be highly variable in configuration, based on the
method of installation. Two broad categories of vertical shaft aerators include the bridge
and float mounted units. For bridge mounted units, the aerator motor and gear reducers
are typically mounted on an operator accessible bridge, with the aerator impeller located
in the mixed liquor and connected to the drive unit via a vertical shaft which passes
through the bridge. The impellers can be completely submerged, with air introduced
directly below the impeller, or at the liquid surface where air is entrained via splashing
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and surface turbulence. The float mounted units consist of a drive unit, aerator impeller
and connecting drive shaft mounted on floats and moored to an operator accessible
location at the perimeter of the aeration basin. These units can be either aspirating or
non-aspirating. The aspirating units will draw air into the aerator shaft and discharge the
air at the impeller, where the air bubbles are sheared and dispersed across the tank to
promote oxygen transfer. The non-aspirating units are similar to the bridge mounted
units with impellers mounted at the liquid surface, promoting oxygen transfer via surface
turbulence.

Table 1.3. Normalized SAE for mechanical aerators. (Jenkins & Wanner, 2014; Rosso,
2018; Tchobanoglous et al., 2014)
Normalized SAE in Clean Water
α-Value
Aerator Type
(Lbs O2 hp-1 hr-1)
(Kg O2 kW-1 hr-1)
High Speed Surface

1.5 – 2.3

0.9 – 1.4

0.47 – 0.64

Low Speed Surface

2.5 – 3.5

1.5 – 2.1

0.48 - 0.71

Submerged Turbine

1.8 – 3.5

1.1 – 2.1

Horizontal Axis Rotor

1.5 – 3.6

1.5 – 2.1

In most cases, the efficiency of oxygen transfer for mechanical aeration is
strongly affected by the mixing energy transferred to the mixed liquor and the equipment
ability to entrain oxygen in the mixed liquor. This can be influenced by changing the
liquid depth, or by varying the operating speed or elapsed run-time of the equipment.
Mechanical aerators are generally rated in terms of their standard aeration efficiency,
expressed as kilograms of oxygen transferred per kilowatt-hour of energy consumed at
standard conditions of 20°C at sea level and clean liquid (tap water). A summary of
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normalized standard aeration efficiencies for various types of mechanical aerators is
provided in Table 1.3.
Diffused aeration devices are generally categorized based on the size of the
bubble produced. Coarse bubble diffusers generally produce bubbles having diameters of
greater than 6 mm in clean water (USEPA, 1989). Fine bubble diffusers generally
produce bubbles greater than 1 mm diameter; however, the bubble diameter will tend to
increase as fouling and diffuser aging impose changes to the diffuser orifice size
(USEPA, 1989). For both the coarse and fine bubble diffusers, the bubbles are released at
or near the bottom of the reactor and are allowed to rise through the mixed liquor,
inducing mixing and promoting mass transfer as described above.
Coarse bubble aerators are generally produced in tubular or disc configurations.
The tubular coarse bubble diffusers range in length between 12 and 36 inches in length,
having multiple air orifices located along the length of the tube (Jenkins, 2014). Newer
designs have two sizes of orifices that extend along the sides of the diffuser and are
commonly referred to as “wide band” diffusers (Jenkins, 2014; Rosso, 2018). The
orifices are arranged with smaller diameter orifices at the top of the diffuser to allow an
enhanced turn-down range for the air delivery rate (Rosso, 2018). The tubular coarse
bubble diffusers are generally designed to limit fouling as a result of rags or biofilm
formation. The disc configurations generally consist of a single orifice with an integral
check feature that restricts water from entering the air distribution piping (Jenkins, 2014;
Rosso, 2018). Coarse bubble diffusers were widely utilized in activated sludge processes
prior to 1990, however, due to the larger bubble size which decreases the specific
interfacial area available for oxygen transfer and consequently OTE, the use of coarse
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bubble diffusers for delivery of process air has declined rapidly over the last 25 years
(Jenkins & Wanner, 2014). However, coarse bubble diffusers are typically employed for
applications where mixing is the limiting design factor and not process aeration, such as
mixing in large distribution channels and aerobic digesters (Jenkins, 2014).

Table 1.4. Normalized SAE, SOTE and α-values for corse bubble diffusers. (Odize,
2018; Rosso, 2018)
Normalized SAE in Clean Water
SOTE
α-Value
Aerator Type
(Lbs O2 hp-1 hr-1)
(Kg O2 kW-1 hr-1)
(% per ft)
Dual Spiral
Roll
Mid-Width
Single Spiral
Roll

0.83
1.0 – 2.5

0.6 – 1.5

0.77

0.50 – 0.64

0.70

Fine bubble diffusers are considerably diverse in their geometry and materials of
construction. Fine bubble diffusers are generally categorized as plates through which air
is forced or devices that mechanically shear bubbles (Rosso, 2018). The plate-style
diffusers can come in a number of different geometries, including tubes, discs, plates or
panel geometries. Initially, aluminum oxide or silicon oxide ceramic discs were
produced, having a high porosity which imposed a circuitous path on air traveling from
the header to the mixed liquor (Jenkins, 2014). Experience has shown that ceramic discs
are more prone to fouling, labor-intensive to maintain and have a higher initial capital
cost (Jenkins, 2014). Ceramic discs have been largely replaced by membrane-style
diffusers constructed with organic materials such as EPDM and polyurethane and
inorganic materials such as silicone due to issues with permanent fouling of ceramic discs
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(Jenkins, 2014; Jenkins & Wanner, 2014). The membranes have tiny slits or needle
punched holes that are cut through the entire thickness of the material. Air passes through
orifices promoting bubble formation at the surface exposed to mixed liquor. Membranestyle fine bubble diffusers are not without disadvantages, requiring periodic cleaning to
ameliorate biological fouling and scale formation (Rosso, 2018). It has been observed
that fine bubble diffusers are more strongly affected by wastewater contaminants,
resulting in lower α-values as compared to their coarse bubble counterparts (Rosso, 2018;
Tchobanoglous et al., 2014).

Table 1.5. Typical SOTE and α-values for fine bubble diffusers. (Rosso, 2018;
Tchobanoglous et al., 2014)
Normalized SAE
in Clean Water
SOTE
α-Value
Aerator Type
(% per ft)
(Kg O2 kW-1 hr-1)
Ceramic Disc/Domes -Grid

1.67 – 2.47

Porous Plastic Tube – Grid

1.73 – 2.40

Porous Plastic Tube – Single
Spiral Roll
Perforated Membrane Tube –
Grid

0.87 – 2.47
1.47 – 1.93
3.6 – 4.8

0.20 – 0.60

Perforated Membrane Tube –
Single Spiral Roll

1.00 – 1.27

Perforated Membrane Panels –
Grid

2.53 – 2.87

Jet aeration – Side Header

1.00 – 1.60
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1.2.2. Diffuser Configuration. Diffuser layout within the aeration basin can
have an impact on oxygen transfer. For example, the spiral roll aeration, characterized by
the installation of diffusers on one side (see Figure 1.8.a) or in the center (see Figure
1.8.b) of the basin to establish a liquid circulation pattern has been shown to result in
decreased volumetric mass transfer rates (Fujie et al., 1992). Air bubbles and the closely
attached water rise in the bubbling zone immediately above the diffuser causing a largescale anisotropic motion of the liquid. As the liquid reaches the free surface, the water
rolls downward in the bubble-free zone. Some bubbles are carried downward in the
bubble free zone; however, not all of the bubbles are transferred as many are released at
the liquid surface. As a consequence the upward velocity of the bubble and liquid serves
to reduce the contact time between the liquid and bubble (Bewtra & Nicholas, 1964;
Fujie et al., 1992; Fujie et al., 1997).
Installation of diffusers in discrete, widely spaced lines (see Figure 1.8.c) was
found to generate circulation patterns near the reactor walls which had negligible air
volume fraction (Gresch et al., 2011).

A more uniform distribution of diffusers resulted

in a more homogenous distribution of air volume fraction across the reactor cross section.
A 20% difference in the air volume fraction for both cases was observed, revealing that
the uniform diffuser configuration enhances oxygen transfer by increasing the bubble
residence time in the reactor (Gresch et al., 2011). This finding supports the previous
research that demonstrated that higher diffuser densities uniformly spaced along the
bottom of shallow basins was found to result in higher specific oxygen adsorption,
especially when the air flow rates per diffuser was low (Wagner & Popel, 1998). Total
floor coverage with diffusers operating at lower volumetric flow rates in cylindrical tanks
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was found to result in a 40% increase in the SAE as compared to a grid diffuser
arrangement with wide spacing as a result of increased bubble rise velocity induced by
liquid circulation patterns (Duchène et al., 2001).

a)

b)

c)

d)

Figure 1.8. Effect of diffuser configuration on liquid circulation patterns in a reactor.
Different diffuser configurations include: a) single spiral roll; b) double spiral roll; c) line
configuration; and d) full floor grid.

1.2.3. Diffuser Fouling. Physical fouling and aging of fine bubble diffusers also
impacts air delivery and the OTE. Fouling consists of two separate mechanisms: 1)
plugging of diffuser pores with particulate matter or the formation of scale and 2) the
formation of a biofilm on and within the diffuser (Campbell & Boyle, 1989). Biofilm
formation has been further classified based on the presence of microbial growth alone
and the presence of biomass with entrapped inorganic particles (Kim & Boyle, 1993).
The plugging of pores with particulate contaminants in the gas or liquid phase
and the formation of inorganic scale on the diffuser surface can reduce the diffuser flux
and increase the dynamic wet pressure (DWP) (Kim & Boyle, 1993; Rosso et al., 2008).
The DWP is the differential headloss across the diffuser installed in a submerged
condition (USEPA, 1989). As the scale forms, the DWP increases, small pore openings
are engaged, causing more, smaller bubbles to form which enhances mass transfer;
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however, this impact appears to be offset by the associated increase in DWP (Kim &
Boyle, 1993). The increased DWP exerts back-pressure on blowers, reducing air delivery
capacity and operating efficiency of the blowers, increasing energy demands (Kim &
Boyle, 1993; Rosso et al., 2008; USPEA, 1989). Eventually, even the small pores plug,
forcing more volumetric airflow through large pores that remain open causing the
formation of larger bubbles and reduced oxygen transfer efficiency.
The formation of biofilms on and within the diffuser has been shown to reduce the
transfer efficiency of fine bubble diffusers. Biofilm formation alone was found to be
weakly correlated with increases in the DWP and bubble size (Kim & Boyle, 1993). For
needle punched EPDM membranes, the biofilm that formed between orifices did not
directly impact the oxygen transfer, but the biofilm formation in the pores was found to
reduce oxygen transfer through a reduction in the active surface area of the membrane
(Wagner & von Hoessle, 2004). The structure of the biofilm was also found to result in
a reduction in oxygen transfer by causing channeling within and above the diffuser body
and increasing airflow to larger orifices, increasing bubble diameters and significantly
reducing OTE (Garrido-Baserba et al., 2016; Kim & Boyle, 1993; Wagner & Von
Hoessle, 2004). This negative impact was enhanced when inorganic particles were
entrapped within the biofilm (Kim & Boyle, 1993). Recently, biofilm DNA
concentrations were positively correlated with diffuser fouling factors, illustrating the
role of biofilm formation on the reduction in oxygen transfer from diffusers and the
increased operating costs (Garrido-Baserba et al., 2016; Garrido-Baserba et al., 2016).
Diffuser aging can result in the loss of elasticity of the diffuser membrane and
induce material creep, which has the result of enlarging orifice openings, generating
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larger diameter bubbles, and reducing the OTE (Kaliman et al., 2008; Rosso et al., 2008).
Biofilm formation was also found to correlate with a loss of softener material in organic
diffuser membranes, which caused a decrease in the elasticity of the material (GarridoBaserba et al., 2016; Wagner & Von Hoessle, 2004). It is hypothesized that the microbial
consortia contained within the biofilm utilizes organic softener contained within the
membrane as substrate, especially in oligotrophic conditions. In side-by-side
comparisons of different membrane materials, smaller diameter EPDM membranes were
found to result in higher bacterial counts and extracellular polymeric substances, which
was thought to be related to the organic constituents present within the membrane that
facilitate microbial growth (Garrido-Baserba et al., 2016). Inorganic silicone-based
membranes were demonstrated to have a more stable long-term α values to a general
retention of material properties (Garrido-Baserba et al., 2016).
1.2.4. Mixing. Mixers in bioreactors have multiple purposes. First, they can be
utilized to maintain the microbial community in suspension. Secondly, mixers can blend
the reactor mixed liquor, promoting uniform distributions of substrates. Furthermore,
mixers can be utilized to improve mass transfer of substrates to the microbial aggregates.
As a mixer operates, it will impart energy into the liquid medium, resulting in
large scale, anisotropic motion. Typically, the size of the largest eddies is on the order of
the equivalent diameter of the reactor. These large primary eddies tend to be unstable
and transfer their inertial energy into intermediately sized eddies. The intermediate
eddies contain the majority of the kinetic energy of turbulent motion present within the
reactor. The energy containing eddies subsequently disintegrate into terminal eddies,
which are very small and tend to behave in an isotropic nature. Even though the
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observable nature of the macroscale system may be anisotropic, the terminal eddies will
still be isotropic as directionality of inertial motion is lost during the process of eddy
degradation.
The majority of the energy dissipation within the mixed system occurs within the
terminal eddies. It is in these eddies that viscous effects equal or exceed inertial forces.
The size of the terminal eddies is contingent upon the magnitude of the initial inertial
force imparted upon the system and the subsequent rate of energy dissipation within the
system. The terminal eddies tend to be relatively stable as they are continuously
refreshed by momentum transfer as intermediate energy containing eddies disintegrate.
Kolmogorov (1941a) developed several fundamental hypotheses regarding the
nature of the terminal eddies within a system. His first hypothesis was that at sufficiently
high Reynolds numbers, there is a range of eddies sizes where turbulence is in statistic
equilibrium and can be uniquely determined by the magnitude of the energy dissipation
per unit mass, ε, and the kinematic viscosity, ν. This turbulence is independent of
external conditions and any change in the effective length scale and time scale of this
turbulence can be a result of changes in ε and ν. From this hypothesis, Kolmogorov
(1941a) developed relationships for the scale of turbulence, η, and the scale of velocity,
v:
1

𝜈3 4

𝜂=( )
𝜀

(1-55)

1

𝑣 = (𝜈𝜀)4

(1-56)

Eliminating the kinematic viscosity from both equations:
𝜀=

𝑣3
𝜂

(1-57)
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Kolmogorov’s (1941a) second fundamental hypothesis was that an inertial
subrange of eddies present where inertial forces exceed viscous forces, therefore viscous
dissipation of energy is not significant. If the system Reynolds number is sufficiently
large, the eddy energy within this range is solely determined by the rate of energy
dissipation per unit mass, ε. Batchelor (1960) determined the characteristic velocity
within this subrange, where η << l << L.
1

𝑢̅~(𝜀𝑙)3

(1-58)

For isotropic turbulence theory to be valid, the hydrodynamics of the system must
be sufficient enough to assure that universal equilibrium in the energy spectrum exists.
For this condition to occur, it was determined that they system Reynolds number must
exceed 1,500 (Kawase & Moo-Young, 1990). In this instance, the characteristic velocity
and length are defined as the root mean square (RMS) velocity, G , and the lateral
microscale of turbulence, λ, respectively.
𝑅𝑒 =

̅𝜆
𝑢
𝜈

> 1500

(1-59)

In applying the isotropic turbulence theory to a reactor, characteristic length and
velocity scales must be selected. In this case the characteristic length scale is typically
chosen to be equal to η, the terminal eddy diameter. The characteristic velocity scale is
subsequently chosen to be equal to the G .
Reactor mixing intensities for activated sludge reactors can be quantified in terms
of the root mean square velocity gradient, G . For diffused aeration systems, the G can
be calculated,
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0.5

𝑞𝑖 𝛾ℎ
𝐺̅ = (60𝑉
)
𝜇

(1-60)

𝑅

where qi is the volumetric air flow rate (m3 min-1), γ is the specific weight of the liquid (N
m-3), h is the liquid depth above the bubble release point (m), μ is the apparent viscosity
of the mixed liquor (Pa s) (Grady et al., 2011). For mechanical aerators and mixers,
1000𝑃
𝐺̅ = ( 𝑉𝜇 )

0.5

(1-61)

where P is the input power (kW) (Grady et al., 2011). For inter-process piping, it has
been shown that the G is
0.5

𝑓
𝐺̅ = 52 (𝐷)

𝜈 1.5

(1-62)

where f is the Darcy-Weisbach friction factor, D is the diameter of the pipe (m), and ν is
the kinematic viscosity (m2 s-1) (La Motta et al., 2003).
Typical G -values for the activated sludge process range between 125 s-1 and 270
s-1, with the lower bound indicative of the minimum mixing intensity necessary to keep
biomass in suspension and the upper end of the range reflecting the intensity at which
shearing of the floc becomes excessive, resulting in extreme deflocculation and high
effluent suspended solids concentrations (Grady et al., 2011). A recent assessment of
mechanical agitators in activated sludge plants in Austria identified an optimal power
density of 24 W m-3, which balances process performance with energy consumption and
corresponds to a G of 153 s-1 (Füreder et al., 2018). Mixing criteria necessary to
optimize flocculation are often many times less than associated with the suspension of
biomass. For example, the WEF Manual of Practice (2010) recommends a typical rage of
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G -values between 20 and 75 s-1 to promote flocculation. Other bench scale, laboratory
testing has identified G -values of less than 40 s-1 as optimal for biological flocculation
(La Motta, 2003; Parker et al., 1971; Wahlberg et al., 1994). Because mixing
requirements of the reactor typically exceed the requirements for optimal flocculation, it
has been identified that a reflocculation zone having a G of 15 s-1 for 20 minutes
immediately downstream of the aeration zone might be beneficial for promoting good
secondary clarifier performance (Grady et al., 2011). The use of centerfeed clarifiers
with energy dissipating inlets discharging to flocculation zones having a hydraulic
retention time of 20 minutes are beneficial to promoting reflocculation (WEF, 2006).
Furthermore, there is some evidence that inter-process piping may promote conditions
necessary for reflocculation, provided the piping is free from drops and excessive fittings
(Das et al. 1993).
The installation of slows speed mixers to induce a horizontal velocity in closed
loop reactors was demonstrated to enhance oxygen mass transfer. The horizontal
movement of the bulk liquid carried bubbles on a protracted rise to the surface, increasing
the bubble-liquid contact time and subsequently, the gas hold-up fraction causing a 29%
increase in the volumetric mass transfer coefficient. (Fayolle et al., 2010). Increases of
34 to 48% were previously reported for induced horizontal flows of 0.35 to 0.48 m s-1
(Deronzier et al., 1998). Deronzier et al. (1998) hypothesized to be a result of increased
bubble liquid contact time and shearing of the bubbles at the diffuser which increased the
be specific interfacial area available for mass transfer.
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1.2.5. Surfactants. Surface active agents, or surfactants, are a relatively
common constituent in domestic wastewater. Surfactants are large organic molecules
that are slightly soluble in water. They tend to have a strongly hydrophilic head and
strongly hydrophobic aliphatic or aromatic tail comprised of 8 to 20 carbon atoms
(Cowan-Ellsberry et al., 2014; Georgiou et al., 1992). The hydrophobic tail will tend to
migrate to the gas-liquid interface with the hydrophilic head extending into the bulk
solution. The surfactant will form an ordered molecular monolayer up to and including
the Critical Micelle Concentration (CMC), above which micelles or multiple adsorption
layers exist.
Surfactants are found in a wide range of commercial and industrial products that
are consumed and discharged as wastewater. They are commonly utilized in detergents,
cleaners, cosmetics, textiles and for industrial applications such as mining, coatings, food
processing where dispersal and solubilization of key process constituents is key. Several
major classes of surfactant exist, which include anionic, cationic and non-ionic
surfactants. Anionic surfactants tend to have a negatively charged hydrophilic group
(sulfate, sulfonate, carboxylate, etc.), whereas cationic surfactants have a positively
charged hydrophilic group (amine, quaternary ammonia salts, etc.,) (Cowan-Ellsberry et
al., 2014; Georgiou et al., 1992). Non-ionic surfactants have functional groups are
commonly comprised of various numbers of ethylene oxide groups. Within these classes,
there are several predominant surfactant types that constitute the bulk of consumption in
the United States of America (USA), including alkyl ethoxylates (AE), alkyl
ethoxysulfonates (AES), alkyl sulfonates (AS) and linear alkylbenzene sulfonates (LAS).
Figure 1.9 illustrates the breakdown of major surfactant usage in the USA by class.
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Figure 1.9. Surfactant usage breakdown in the United States of America. (CowanEllsberry et al., 2014).

Surfactant concentrations in municipal wastewater have been well characterized.
Typical influent concentration range between 6 and 10 mg L-1 with peak concentrations
350 mg L-1 having been reported (Henkel, 2010; Liwarska-Bizukojc, 2005). Anionic
surfactants and non-ionic surfactant concentrations contained within influent wastewater
to German WWTPs were reported to range between 6.6 – 11.9 mg L-1 and 1.1 to 3.1 mg
L-1, respectively (Wagner & Popel, 1996). Other reported influent surfactant
concentrations for facilities in Europe and the United States of America have been
summarized in Table 1.5. The reported influent surfactant concentrations must be
qualified in that they are largely influenced by the degree and nature of industrial
discharges to the wastewater stream.
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Table 1.6. Summary of reported surfactant concentrations in influent raw wastewater
received at municipal WWTPs in Europe and the United States of America.
Surfactant
Type

Measured
Concentrations

WWTP Location

Reference

AS

0.401 – 0.755 mg L-1

2 TF WWTPs in USA

(Fendinger et al.,
1992)

LAS

0.95 – 3.5 mg L-1
4.37 ± 1.49 mg L-1
2.0 – 10.0 mg L-1

WWTPs in Switzerland
6 TF and 4 AS WWTP in USA
Zagreb & Velika Gorcia, Croatia

(Brunner et al., 1988)
(McAvoy et al., 1998)
(Terzic et al., 2005)

AE

2.57 ± 0.91 mg L-1

6 TF and 4 AS WWTP in USA

(McAvoy et al., 1998)

AES

0.801 mg L-1

6 TF and 4 AS WWTP in USA

(McAvoy et al., 1998)

NPnEO

7 – 330 μg L-1
100 – 500 μg L-1
244 – 465 μg L-1

WWTPs in Switzerland
Zagreb & Velika Gorcia, Croatia
WWTP Rubi, Spain

(Brunner et al., 1988)
(Terzic et al., 2005)
(González et al., 2007)

TF = trickling filter
AS = activated sludge

Surfactants commonly present in wastewater can negatively affect operations at
biological wastewater treatment plants. For example, surfactants have been implicated as
negatively impacting the oxygen mass transfer process (Baquero-Rodr´ıguez et al., 2018).
Oxygen transfer efficiency is an important consideration in the design and operation of
the activated sludge wastewater treatment process, affecting process stability, energy
demand and operating costs. Inherent in process design are assumptions regarding the
diffuser layout, mixing intensity, basin geometry, etc., as encapsulated by the alpha (α)
value and the mixed liquor chemistry, as encapsulated by the beta (β) value. The
negative impact to oxygen transfer associated with surfactants is generally
accommodated for in the selection of an appropriate α-value (Amaral et al., 2019). The
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α-values observed for municipal wastewater is typically taken to be 0.4 to 0.8 for
diffused aeration and 0.6 to 1.2 for mechanical aeration (Tchobanoglous et al., 2014).
The lower α-values associated with diffused aeration are hypothesized to be related to the
deleterious impact of surfactants on the bubble formation, break-up and coalescence
process (Rosso, 2018).
Surface active compounds have been demonstrated to reduce oxygen transfer
rates in two-phase systems. As air is introduced into the water column, the hydrophobic
group in the dissolved surfactant will preferentially migrate toward the gas-liquid
interface. They hydrophilic tail will extend into the bulk liquid phase. The surface-active
compound will accumulate at the interface, forming a uniform molecular monolayer up to
and including the CMC, above which micelles or multiple absorption layers tend to exist.
This monolayer formation can have a detrimental impact on the surface tension of the
liquid, resulting in a significant reduction in the liquid surface tension with increasing
surfactant concentrations (Deindoerfer & Gaden, 1955; Eckenfelder & Barnhart, 1961;
Masutani & Stenstrom, 1991; Wagner & Popel, 1996). This impact to the surface tension
results as the surfactant molecules tend to form lattice structures which impede the
hydrogen bonding responsible for the uniform distribution of stresses at the gas-liquid
interface of the bubble (Rosso et al., 2006a). For example, sodium dodecyl sulfate
(anionic, alkyl sulfonate) and sodium tetradecyl sulfate (anionic, alkyl sulfonate) were
applied to clean water at concentrations of 50 and 103 mg L-1 which resulted in the
reduction the bubble radius between approximately 50 and 70 percent due to a reduction
in the surface tension (Masutani & Stenstrom, 1991). However, the impact appears to be
related to the volumetric gas flowrate and surfactant surface coverage ratios, Se, with
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volumetric flow rates less than 1 x 10-6 m3 s-1 and Se < 1 resulting in bubble diameters
similar to clean water and larger volumetric flowrates and Se ≥ 1 resulting in reduced
bubble diameters (Jimenez et al., 2014; Painmanakul et al., 2005; Sardeing et al., 2006).
It has long been asserted that surfactants negatively affect the bubble formation
process through reductions in the liquid surface tensions which produce small rigid
bubbles having an immobile interface. However, this may not be the case for diffusers
operating in a constant pressure regime with small orifice diameters and low orifice
volumetric flowrates, which are typical in most large-scale applications (Hughes et al.,
1955; Kumar & Kuloor, 1970). For example, it was identified the liquid equilibrium
surface tension had negligible effect on bubble volume during formation at orifices
diameters ranging between 0.51 and 0.92 mm (Satyanarayan et al., 1969). Furthermore,
it has been demonstrated that the surface tension to be highly dynamic during the bubble
formation process (Hsu et al., 2000; Masutani & Stenstrom, 1991; Rosso et al., 2006).
Hsu et al. identified that for the dynamic surface tension of liquid with excess dissolved
surfactant in the range typically observed in municipal wastewater was similar to that of
the pure liquid, causing no impact to the bubble formation process (Hsu et al., 2000).
Contradictory evidence was provided for fine bubble diffusers, which demonstrated that
surfactant concentration achieved equilibrium prior to bubble detachment; however, the
applied surfactant concentrations were high and the impact to bubble diameters during
bubble formation were not reported (Rosso et al., 2006).
Bubble break-up and coalescence can be affected by the presence of dissolved
surfactants. As the liquid surface tension reaches equilibrium and the bubble rises away
from the diffuser, turbulent eddies bombard the bubble surface causing deformations in
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the bubble. Walter and Blanch (1986) demonstrated that as the bubble deforms, the
active surface area of the bubble fluctuates resulting in adsorption and desorption of
accumulated surfactant. The degree of the impact of the surfactant on the break-up and
coalescence of the rising bubbles is a function of the relative adsorption rate of the
surfactant from the bulk solution to the bubble surface and the excess dissolved surfactant
concentration in the bulk solution (Walter & Blanch, 1986). Where both adsorption is
quick and the excess surfactant concentrations are large, the reduction in surface tension
will result in the formation of smaller bubbles with rigid, immobile interfaces. Where
adsorption is slow or the bulk solution concentration is low, there tends to be minimal
impact to the bubble break-up and coalescence phenomena. This mechanism describes
observations that surfactants with greater molecular diffusivity result in as greater rate of
α-value reduction and low diffusivity surfactants, typified by high molecular weights,
generally resulted in lower α-value reduction (Rosso & Stenstrom, 2006).
The decrease in the bubble diameter reduces the terminal rise velocity of the
bubble and causes an increase in the specific interfacial area and mass transfer rate.
(Jimenez et al., 2014; Rosso & Stenstrom, 2006). For example, anionic surfactants were
found to have a profound effect on the specific surface area of bubbles, resulting in a 200
% increase due to the associated reduction in bubble radius (Wagner & Popel, 1996).
Similar trends were observed for anionic and cationic surfactants (Sardeing et al., 2006).
However, an increase in the mass transfer rate is not realized because the increase in the
specific interfacial area is offset by a dramatic reduction of the liquid phase mass transfer
coefficient (Hebrard et al., 2009; Masutani & Stenstrom, 1991; Sardeing et al., 2006;
Wagner & Popel, 1996). The small bubbles formed tend to have rigid gas-liquid
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interfaces (Rosso et al., 2005; Sardeing et al., 2006). The monolayer results in an
increase of the liquid viscosity at the interface, which reduces the diffusivity of oxygen
across the interface (Masutani & Stenstrom, 1991). Experimental results have confirmed
that the diffusivity of oxygen across the interface plays a significant role in the reduction
of the liquid side mass transfer coefficient (Hebrard et al., 2009; Jimenez et al., 2014).
This adsorbed layer of surfactant can also block the active surface area available for mass
transfer, with increasing surface coverage resulting in more significant decreases in the
interface diffusivity (Deindoerfer & Gaden, 1955; Georgiou et al., 1992; Martín et al.,
2009). Conversely it has been demonstrated that blocking was not the primary
mechanism of mass transfer depression but rather negative impacts to local
hydrodynamics associated with larger boundary layer thicknesses associated with lower
surface tensions which reduces the probability that turbulent eddies will penetrate and
renew the bubble interface (Rosso & Stenstrom, 2006).
Results from experimental testing in two-phase systems are typically applied
directly to three phase systems incorporating biomass, the bulk liquid and bulk gas. As a
consequence, surfactants are routinely regarded as negatively impacting oxygen mass
transfer and OTE performance. It has been hypothesized that the impacts of surfaceactive agents are more pronounced at shorter SRTs. For example, data from full scale
facilities was analyzed and it was determined that long SRT processes generally exhibit
greater OTE than their shorter SRT counterparts (Rosso et al., 2005). This impact was
thought to be associated with the characteristic of the long SRT processes to have a more
diverse enzymatic inventory enabling more complete degrade surface active agents (Leu
et al., 2012). It has also been hypothesized that the adsorption capacity of the sludge is
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smaller at shorter SRTs, limiting the amount of surface-active agent that can be removed
from the bulk solution (Henkel et al., 2009). The process α-value was found to be
negatively correlated to influent COD concentrations, which attributed to increased
surfactant loading (Leu et al., 2009). However, with many of these studies, influent
surfactant speciation and concentrations were no tested. Those tests that have been
performed with known concentrations of surfactant in influent wastewater fed to
activated sludge processes tend to show no negative impact to oxygen transfer or are not
representative of real-world operating conditions (Henkel et al., 2009; Odize et al., 2016).
The direct application of two-phase studies to the activated sludge process may be
inappropriate because it largely ignores the capacity of the microbial culture to adsorb
and biodegrade the dissolved surface-active agents. This concept of surfactant adsorption
to the biological floc and its biodegradation are not is not without precedent. For
example, Rittmann et al. demonstrated that sorption and biodegradation were important
phenomena facilitating the removal of hydrophobic compounds with a biological
treatment process (Rittmann et al., 2001). Adsorption of LAS to biomass was a preferred
removal rate provided the bulk solution concentration was great enough to facilitate rapid
mass transfer (Rittmann et al., 2001). Furthermore, large partitioning coefficients for
LAS have been identified for primary (Kd = 13,211 L kg-1) and conventional activated
sludges (Kd = 13,316 L kg-1) with SRTs ranging between 10 d and 75 d, highlighting the
affinity of the surfactant to adsorb to biological floc (Gori et al., 2010). Many other
examples of these findings abound (Cowan-Ellsberry et al., 2014)
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1.3. BIOLOGICAL FACTORS AFFECTING OXYGEN TRANSFER
Ths section shall review the various biological factors that can influenc oxygen
transfer in the activated sludge process. The biological factors that shall be reviewed
include: mixed liquor suspended solids; solids retention time; biological floc diameter;
and extracellular polymeric substances.
1.3.1. Mixed Liquor Suspended Solids. Mixed liquor biomass concentrations
tend to be negatively correlated to OTE (Baquero-Rodríguez et al., 2018; Capodici et al.,
2019; Durán et. al., 2016; Rodríguez et al., 2012). For mixed liquor suspended solids
concentration (MLSS) in excess of 5,000 mg L-1, the KLa, is significantly reduced with
increasing MLSS and is often expressed as a reduced alpha (α)-value (Henkel, 2010;
Krampe & Krauth, 2003; Wagner et al., 2002). The relationship tends to be linear in this
region of MLSS-values. For mixed liquor concentrations less than 5,000 mg L-1, there is
considerable variability in the process α-values. As can be observed in Figure 1.10,
reported α-values range from 0.98 to 0.22. Where the data of Kaiser, Muller, Roest and
Wolfbauer tends to follow the general linear trend observed for high MLSS values, the
data of Rosso et al tends to be modeled as a double exponential function with α-values
increasing to a maximal α-value at an MLSS of 4,000 mg L-1, after which a rapid decline
is observed (Baquero-Rodr´ıguez et al., 2018; Henkel, 2010). Reviewing Figure 1.10, it
can clearly be identified that the MLSS alone does not adequately describe the
differences in α-values between processes.
Here, the α-value is a lumped parameter that is used to account for many different
phenomena that can potentially impact mass transfer (Amaral et al., 2018). Many
different empirical relationships have been developed to describe the KLa and α as a

62
function of the MLSS (Baquero-Rodr´ıguez et al., 2018; Henkel, 2010; Hu, 2006;
Krampe & Krauthe, 2003; Schwarz et al., 2006 ). The impacts of MLSS on oxygen mass
transfer are thought to be associated with the apparent viscosity (μapp), which results in
increased bubble coalescence, increased bubble diameter, and reduced bubble specific
surface area (Schwarz et al., 2006). Numerous studies have demonstrated the mixed
liquor apparent viscosity, which is directly affected by the mixed liquor concentration, as
providing a more thorough description of the variations in the process α-values (Krampe
& Krauth, 2003; Nittami et al., 2013; Wagner et al., 2002).

Figure 1.10. Mixed liquor suspended solids (MLSS) versus process α-value. Adapted
from Henkel 2010 and Baquero-Rodr´ıguez et al. 2018.
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1.3.2. Solids Retention Time. Short SRTs tend to exhibit reduced OTE as
compared to long SRT processes (Henkel, 2009a; Garrido-Baserba et al., 2017; Rosso et
al., 2008). Several theories regarding the impact of SRT on OTE have been proffered.
Long SRT process afford greater adsorption capacity and reduced specific loading of
organic molecules that can degrade OTE, allowing those compounds to be incorporated
into the floc matrices (Henkel et al., 2009a). Long SRT processes were also found to
attenuate shock load events with minimal change to the process α-value, whereas short
SRT processes where observed to exhibit significant decreases in α-values as a result of
exhausted adsorption capacity (Henkel, 2009a).
It has also been hypothesized that the SRT impacts the variety of enzymatic
equipment necessary for respiration, facilitating the degradation of soluble organic
molecules that can otherwise block the active surface area available for oxygen mass
transfer, reduce the liquid surface tension and otherwise restrict oxygen transfer (Henkel
et al., 2009a; Rosso, 2006). Long SRT processes have been shown to exhibit enhanced
OTE, which is thought to be associated with the degradation of recalcitrant organic
compounds such as surfactants (Leu et al., 2012; Li, 2016). This impact of SRT is
significant because it means that the increased oxygen demand associated with the
augmented role of endogenous respiration at long SRTs can be offset by the
improvements in OTE.
1.3.3. Biological Floc Diameter. The diameter of biological floc can influence
oxygen transfer in the activated sludge process in a number of different ways. First, it
can influence the volumetric mass transfer coefficient and associated α-value governing
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oxygen transfer from the gas to liquid phases. Secondly, it can impact influence external
and internal mass transfer resistances governing the rate of biochemical reaction.
Several studies have reported an increase in α-value associated with a reduction in
the floc size distribution. It has been reported that for MBRs operating under similar
conditions to conventional activated sludge (CAS) processes, the α-value increased,
which was attributed to the particle size distributions for the MBR process being smaller
than for CAS. (Capodici et al., 2019; Hu, 2006). Floc found in MBRs were found to
have lower oxygen half saturation coefficients as compared to conventional activated
sludge systems as a consequence of smaller floc diameters (Manser, 2005; Hocaoglu et
al., 2011). Here it is understood that the oxygen half saturation coefficient encapsulates
the mass transfer effects on the bio-kinetic reaction that occurs within the activated
sludge floc (Henze, 2000). Henkel et al. (2009a; 2009b)observed a significant negative
linear correlation between the floc volume, characterized by the free water content, and
the α-value which was thought to be related to a reduction in the gas-liquid interfacial
area that occurs when the bubbles contact the biomass. It is likely that the impact of floc
size distribution impact on the α-value is related to the biochemical reaction rate,
especially for nitrifying systems. It has been demonstrated that increasing floc diameters
can impede nitrification due to oxygen limitation that develop within the floc (Zhang et
al., 1997; Fan et al., 2017). As the reaction rate increases, a proportional increase in the
volumetric mass transfer coefficient must occur to maintain the system at a steady state
condition (see Equation 1-50).
The floc diameter can also influence mass transfer resistance external and internal
to the floc. For example, it was observed that overall reaction effectiveness factor
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decreased significantly for floc having diameters greater than 140 μm, whereas the
effectiveness factor for floc less than 40 μm was unity (Beccari et al., 1992).
Respirometric and microsensor measurements demonstrated that external mass transfer
limitations existed for floc having median sizes of 100 – 247 μm and granular activated
sludge (GAS) having median sizes of 500 – 690 μm (Wilen et al., 2004). Internal mass
transfer resistances were observed, requiring a bulk solution DO of 6 mg L-1 and 12 mg
L-1 for the activated sludge and GAS, respectively, to maximize the OUR for the systems
(Wilen et al., 2004). This finding supports the assertion that external mass transfer
limitation cannot exist without an internal mass transfer limitation being present
(Stenstrom & Song, 1991).
1.3.4. Extracellular Polymeric Substances. Extracellular polymeric substances
(EPS) are the heterogeneous mix of carbohydrates, proteins, amino acids and nucleotides,
humic acids, and other materials that are secreted by the activated sludge microbes to
promote flocculation, afford protection form the environment, etc. Several studies have
highlighted the potential influence of the EPS concentration on the α-value and oxygen
mass transfer. For example it has been observed that oxygen diffusivity increases with
reductions in the specific EPS (Fan et al., 2017). Oxygen diffusivities within floc
matrices have been demonstrated to be 0.2 to 0.9-times those observed for water (Beccari
et al., 1992; Wilen et. al., 2004).

1.4. CURRENT RESEARCH NEEDS
Based on this review of different phenomena affecting oxygen transfer in the
activated sludge process, several key issues can be identified a need further investigation.
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•

First, the issue of bubble formation must be fully characterized. A focus must be
placed on constant pressure operation of membrane style diffusers to fully identify
bubble formation phenomena consistent with “real-world” applications.
Furthermore, the impact of biomass floc and particulate matter on the bubble
formation process should be quantified, as the presence of these materials in the
bulk liquid may impose changes to the observations made for two phase systems.
This may be especially important for operations at high MLSS, as is common for
many MBR processes.

•

The bubble breakup and coalescence phenomena should be investigated in the
presence of biomass and other solid suspended particles. It is anticipated that the
presence of this suspended matter will influence bubble contact and the mixing
energy available to cause breakup and coalescence of bubbles. This will impose a
significant effect on high MLSS processes.

•

Surfactant impacts on the activated sludge process must be reassessed. Results
from two phase systems have been applied directly to the activated sludge process
without appropriate quantification of the biomass impacts to dissolved surfactant
concentrations. More experimental testing and theoretical modeling must be
performed to assess the surfactant impact on the activated sludge process and the
capacity of the microbial consortia to adsorb and degrade the molecules.

•

Morphological impacts to oxygen transfer in the activated sludge process must be
identified and quantified. As can be seen in Figure 1.10, there is a wide range of
reported α-values processes operating ad varying MLSSs. This variance is
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anticipated to be largely related to differing concentrations of floc-forming and
filamentous organisms present in the mixed liquor.
•

The impacts of particle accumulation at the gas-liquid interface on oxygen mass
transfer must be quantified. It has long been hypothesized that biomass can
encounter the gas-liquid interface and enhance the mass transfer. However, it has
also been hypothesized that the biomass blocs the interface and restricts mass
transfer. This phenomenon must be explored as it has significant implications for
high MLSS operation.
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2. GOALS AND OBJECTIVES

With all of the available knowledge regarding oxygen transfer in the activated
sludge process, little consideration has been given toward the morphology of the
microbial culture and its role. It is known that a microbial culture will alter its
microenvironment to affect conditions that are favorable for survival and growth.
Filamentous organisms are present in all activated sludges forming a strong backbone for
floc formation. However, the relative concentrations of the filaments and floc vary with
operating conditions and time, affecting factors such floc diameter, EPS concentrations,
specific filament lengths, etc. The overarching goal of this research is to identify those
activated sludge morphological parameters that affect oxygen transfer and to quantify
those effects. The effects of activated sludge morphology shall be explored further detail
in the following papers.
Paper I will provide a discussion of high-level observations and supporting
evidence that demonstrates activated sludge morphology is important when considering
oxygen transfer. It will review long-term operational trends for three separate reactors
operating at SRTs of 10 d, 20 d and 40 d.
Paper II will investigate the development of an image analysis protocol to directly
quantify activated sludge morphology. This protocol will be utilized to identify and
quantify relationships between the morphological parameters such as the 30-minute
settleability (SV30), the sludge volume index (SVI), the specific filament length (SFL),
the apparent viscosity and the volumetric mass transfer coefficient. Magnitudes of
impacts associated with morphological parameters shall be investigated.
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Paper III shall investigate the development of a theoretical relationship to describe
the impact of activated sludge morphology on the volumetric mass transfer coefficient.
The SV30, SFL and a new parameter, the ultimate settleability (SVULT) shall be correlated
to the apparent viscosity and subsequently, to the volumetric mass transfer coefficient.
This theoretical development shall be calibrated based on experimental data utilizing
sludge from a small wastewater treatment plant treating domestic wastewater mixed with
synthetic wastewater containing a high SFL. By doing this, the morphological
parameters of the mixed samples can be varied to provide insight into the fundamental
processes governing oxygen transfer. Furthermore, this work shall provide real-world
grounding for laboratory results explored in Papers I and II.
Paper IV shall explore the role of surfactants on the OTE. Morphological
parameters shall be assessed and changes coincident with surfactant addition shall be
accessed to identify potential causes for changes in the OTE.
Paper V shall explore the impacts of activated sludge microorganisms that collect
at the gas-liquid interface on oxygen mass transfer. A resistance-in-series model shall be
deployed with a novel approach to accommodate for accumulation of both filamentous
and floc forming organisms at the gas-liquid interface. The model shall be calibrated to
observed results for long-term reactor operations at SRTs of 10 d, 20 d, and 40 d.
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ABSTRACT

Oxygen transfer is a key process determining the energy use of a biological
wastewater treatment process. In this research, we investigated the effect of sludge
morphology, especially the role of filamentous organisms, on oxygen transfer using
bench scale complete-mix activated sludge reactors with solids retention times (SRTs) of
10-, 20-, and 40-days, respectively. Results indicated 5%-10% reduced aeration need in
the 40-day SRT reactor, compared with 10- and 20-day SRT reactors to maintain the
same dissolved oxygen level, due to the improvement in sludge settleability and oxygen
transfer efficiency (OTE). Filamentous microorganisms adversely impacted OTE via an
increase in apparent viscosity of the mixed liquor, which resulted in an increase in the air
bubble size and liquid film thickness and therefore, limited oxygen transfer at the air-
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liquid boundary. A statistical analysis also confirmed that the mixed liquor viscosity is a
statistically significant parameter links to OTE.
Keywords: activated sludge; filamentous microorganisms; viscosity; oxygen transfer
efficiency.

1. INTRODUCTION

In our previous research, we reported that long-term low DO inhibited the decay
of both ammonia oxidation bacteria (AOB) and nitrite oxidation bacteria (NOB),
resulting in greater nitrification capacity (Liu & Wang, 2013; 2015). Long-term low DO
aeration also shifted the NOB community to species that have a greater oxygen affinity
(Liu & Wang, 2013). As a result, low DO did not significantly impact overall nitrification
performance, provided the microbial community had adequate time to adapt to the
selective environmental pressures. Through the implementation of the low DO aeration
strategy, the DO deficit between the gas and liquid phase is increased, enhancing the
mass transfer of oxygen into the mixed liquor. Theoretically, improvements in oxygen
transfer efficiency (OTE) should be proportional to the increase of the DO deficit.
However, our experimental observations revealed an increase in OTE less than
anticipated (Liu et al., 2018). Careful review of low DO aeration results suggested that
the growth of filamentous microorganisms negatively impacted oxygen transfer
performance (Liu et al., 2018). It was initially anticipated that filamentous
microorganisms would improve the OTE due to their greater surface area-to-volume
ratio, which might reduce oxygen diffusional resistances (Martins et al., 2004). However,
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our observations suggested the opposite direction. Clearly, these results suggested that
microbial morphology played an important role in oxygen mass transfer in the activated
sludge process.
Several hypotheses arose from our previous findings. First, it was anticipated that
the settled sludge volume fraction after 30 minutes of settling time, SV30, and by
extension the sludge volume index, SVI, would be related to the OTE, with increasing
values of these parameters resulting in reductions in the OTE. The link between the
SV30, SVI and filamentous organism densities has been clearly established (Palm et al.,
1980; Seguin, 1982; Sezgin et al, 1978). However, associations between the SV30, SVI,
and OTE have not been elucidated. Similarly, based on anecdotal evidence from our
initial study, it was anticipated that the mixed liquor viscosity might be related to
differences in OTE observed. Activated sludge mixed liquor is inherently a suspension.
It has been shown that as the volume fraction of particles in suspension increase, the
viscosity increases (Hiemenz & Rajagopalan, 1997; Macosko, 1994). This increase in
viscosity has been demonstrated to reduce volumetric mass transfer coefficients in
conventional activated sludge and membrane bioreactor processes (Krampe & Krauth,
2003; Wagner et al., 2002). While we speculate that filamentous organisms might have a
deleterious impact on the viscosity and subsequently the OTE, the detailed link between
them has not been investigated.
The OTE is vitally important because it dictates energy use and cost of the
activated sludge process. In 2011, 30.2 TW-h of electricity was consumed to treat
municipal wastewater by centralized treatment plants in the Unites States (Energy, 2014).
For a conventional secondary activated sludge treatment process, aeration contributes
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approximately 50% of the total plant energy consumption (WEF & ASCE, 2010).
Substantial energy saving can be realized if the air delivery requirements can be reduced
by increasing OTE. In an age when the issue of climate change is in the forefront, the
reduction in greenhouse gas emissions afforded by increases in the OTE can be
significant.
The primary goal of this study was to track the morphological differences
between complete-mix activated sludge reactors operated at different SRTs to ascertain
their impacts on OTE, with specific attention given to sludge settleability expressed as a
sludge volume fraction from a 30-min settling test (SV30, %) and the mixed liquor
apparent viscosity. This work fills an important gap, because the body of work relating
the settleability to OTE is scant. It is anticipated that the SV30 is a reasonable corollary to
the hydrodynamic radius of the suspended microbial aggregate, directly influencing the
OTE. This study is intended to improve understanding of the role of sludge morphology
on the mass transfer of oxygen from the gas-phase to the microbial floc. A second goal is
to provide practical tools which can be used by process operators to assess the energy use
for their process.

2. MATERIALS AND METHODS

2.1. REACTOR SET UP
Three 31.5 L complete-mix, baffled reactors with individual solids retention times
(SRTs) of 10, 20 and 40 days were used for this research. The specific SRT of each
reactor was maintained by wasting a fixed volume of the mixed liquor from each reactor
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daily. These reactors were seeded with activated sludge from the Southeast Wastewater
Treatment Plant, located in Rolla, Missouri, USA, which receives predominantly
domestic wastewater. Mixing within each reactor was performed with a six-bladed
Rushton turbine driven by variable speed, 1/25 Hp permanent magnet 90 VDC gear
motors (Baldor GP232001). The mixer rotational speed was adjusted to achieve a target
Root Mean Square (RMS) velocity gradients, G , of 150 s-1 in tap water. This mixing
intensity was chosen as it was found to be reflective of typical mixing intensities of fullscale treatment facilities (Grady et al., 1999). Actual mixing intensities likely varied with
fluctuations in mixed liquor apparent viscosity. Measurement of the mixer rotational
speed was performed periodically with a hand-held digital photo tachometer (DT2234C).
Air was introduced into each reactor by a 0.61-m (2-ft) long Pentair Aquatic Ecosystems
Bio-Weave diffuser hose installed directly below the mixer. Air flow into each reactor
was measured with a 5.0 SCFH variable area rotameter (Cole Parmer) and adjusted
multiple times daily, to maintain a dissolved oxygen (DO) concentration of 2 mg L-1.
Routine reactor maintenance was performed, which included daily brushing of reactor
surfaces and weekly cleaning of chemical feed apparatus as detailed by Gab et. al.
(1989), to limit the formation of biofilms which might adversely impact the microbial
kinetics of the system.
A 378-liter (100 gallon) HDPE tank was used to prepare a common synthetic
wastewater for all reactors, and a 75 W, submersible, thermostatically controlled heating
element was utilized to maintain the bulk liquid temperature at 20°C ± 1°C. The synthetic
wastewater was continuously fed into each reactor at a flow rate of 63 L d-1 via a variable
speed peristaltic pump having a common pump head (Cole Parmer Masterflex Model
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7553-70 with 16 mm Masterflex Norprene tubing element) to achieve a hydraulic
retention time (HRT) of 12 h for each reactor. Glucose (organic carbon source) and
ammonium bicarbonate (nitrogen source) were applied at concentrations of 180.4 ± 9.2
mg COD L-1 and 42.4 ± 1.71 mg N L-1, respectively. Trace metals and buffers were
added as follows: K2PO4, 4.0 mg PO43- L-1; MnCl2•4H2O, 0.2 mg Mn L-1; MoCl5, 0.04
mg Mo L-1; CoCl2, 0.001 mg Co L-1; ZnCl2, 0.05 mg Zn L-1; FeSO4•7H2O, 0.005 mg Fe
L-1. Calcium and magnesium were present in sufficient quantities within the tap water
utilized for production of the synthetic wastewater. Sodium carbonate was utilized as
necessary to supplement the buffer capacity of the feed solution and maintain optimum
nitrification rates. The pH of the reactor mixed liquor was maintained approximately 7.0.
Influent, effluent and mixed liquor testing was performed throughout the duration
of the experiment. Effluent testing was performed routinely utilizing Hach TNT Plus vial
testing system with a Hach DR 2800 spectrophotometer: Hach TNT 822 for COD; Hach
TNT 830 for ammonia-nitrogen concentrations; Hach TNT 835 for nitrate-nitrogen; and
Hach TNT 839 for nitrite-nitrogen. Reactor temperature and operational DO
concentrations were monitored numerous times daily utilizing a polarographic DO probe
(YSI model 58 with model 5239 probe). The rotameter and DO probe response time were
periodically evaluated to assure conformance to the ASCE/EWRI standards. Mixed
liquor and effluent suspended solids testing was performed in conformance with SM
2540 D (APHA et al., 2000). Mixed liquor settleability and sludge volume index (SVI)
were determined in accordance with SM 2710 B and C, respectively (APHA et al., 2000).
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2.2. OXYGEN DEMAND AND TRANSFER EFFICIENCY DETERMINATION
Process oxygen demand and OTE were determined as previously described (Liu
et al., 2018). In brief, oxygen consumption within the reactor was related to the
degradation of organic carbon (glucose), nitrification (ammonium bicarbonate), and
biomass production. Oxygen demand for glucose degradation was calculated based in
Equation 1:
𝑜
𝑅𝐶𝑂𝐷 = 𝑄 (𝑆𝐶𝑂𝐷
− 𝑆𝐶𝑂𝐷 )

(1)

where RCOD is the oxygen demand associated with carbon substrate oxidation (mg d-1); Q
is the volumetric flow rate (LPD); SoCOD is the influent COD concentration (mg L-1);
SCOD is the effluent COD concentration (mg L-1).
The oxygen demand associated with nitrification was determined using Equation
2.
𝑅𝑁 = 4.57𝑄𝑆𝑁𝑂3− + 3.43𝑄𝑆𝑁𝑂2−

(2)

where RN is the oxygen demand associated with nitrogen oxidation; SNO3- is the effluent
nitrate concentration (mg NO3- L-1); and SNO2- is the effluent nitrite concentration (mg
NO2- L-1).
The oxygen demand will be reduced as a consequence of biomass production
Px,bio within the reactor. The Px,bio was calculated based on observed biomass yield by
measurement. The theoretical oxygen demand of the biomass was taken to be 1.42 g O2
g-1 biomass.
𝑅𝑏𝑖𝑜 = −1.42𝑃𝑥,𝑏𝑖𝑜

(3)

where Rbio is the oxygen credit associated with the net biomass production (mg d-1).

77
The overall oxygen demand was calculated using Equation 4.
𝑅𝑂2 = 𝑅𝐶𝑂𝐷 + 𝑅𝑁 + 𝑅𝑏𝑖𝑜

(4)

The OTE was determined as the ratio of oxygen sinks to the mass flow of oxygen
supplied to the reactor using Equation 5.
𝑂𝑇𝐸 =

𝑄(𝐶−𝐶 𝑜 )+𝑅𝑂2
𝑀𝑂2

(5)

where C is the dissolved oxygen in the effluent (mg d-1); Co is the dissolved oxygen in the
feed (mg d-1); and MO2 is the oxygen mass flow delivered to the system via aeration (mg
d-1).
The aforementioned protocol for the determination of OTE was utilized in lieu of
guidelines presented in the ASCE/EWRI 18-96 document (ASCE, 1997). The
ASCE/EWRI document provides some guidance regarding OTE determination, but it is
recognized that results from the testing protocols can be variable based on process
conditions. The methodology presented herein has the benefit of allowing the assessment
of the OTE based on long term process performance, whereas the ASCE/EWRI methods
only gives snapshots. Furthermore, the presented methodology was found to be more
easily adaptable to small geometry reactors utilized within the scope of this work

2.3. VOLUMETRIC MASS TRANSFER COEFFICIENT DETERMINATION
Testing was performed to assess the oxygen transfer characteristics of the reactors
under different operating conditions. The ASCE/EWRI methodology for the
determination of oxygen transfer in clean water was utilized for this assessment (ASCE,
2007). All three operational reactors were tested with tap water prior to the
commencement of operation. A reactor having the same geometry, diffuser
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configuration, mixer, etc., as the three operational reactors was utilized for testing the
effluent from the three operational reactors. Each reactor was filled with the working
fluid (tap water or reactor effluent) and mixed at an intensity of G = 150 s-1. The
airflow rate was maintained at a constant, preselected rate for the duration of the test. The
dissolved oxygen concentration was monitored as a function of time. Replicate tests
were performed for all experiments.

2.4. VISCOSITY MEASUREMENT
The apparent viscosity of the mixed liquor was determined utilizing an Anton
Paar MCR 302, configured for use with parallel plates. Each sand-blasted plate was
circular, having a diameter of 49.987 mm. The bottom plate was fixed, and the top plate
was allowed to rotate. The gap between the upper and lower plates was set to 1.5 times
the maximum particle size to provide repeatable results and limit the formation of
secondary flows. The maximum particle size was determined via brightfield microscopy
and image analysis of a statistically significant sample of floc images. The temperature
of the plates and sample was maintained at 20.0°C by a thermostatically controlled
circulating water bath. The rotation of the upper plate was controlled based on the
applied shear rate. Initially, a shear rate of 150 s-1 was applied to the sample for a
duration of 15 seconds. The shear rate was then linearly decreased from 150 s-1 to 1.0 s-1.
The resulting torque was recorded. Based on plate geometry, applied shear rate and
measured torque, the shear stress and apparent viscosity were calculated. Apparent
viscosity data was reported at a shear rate of 150 s-1, which is reflective of the target
mixing intensity utilized in the reactors.
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3. RESULTS & DISCUSSION

3.1. REACTOR OPERATIONS
The starting mixed liquor suspended solids (MLSS) concentration for each reactor
was high (> 4,000 mg L-1) and was allowed to reach equilibrium with routine wasting.
Figure 1 shows that for the 10 d and 20 d SRT reactors, the MLSS concentrations
stabilized between Day 100 and 150 at 741 ± 67 mg L-1 and 1,387 ± 121 mg L-1,
respectively. The 40 d SRT reactor MLSS stabilized after approximately Day 300 at
2,578 ± 155 mg L-1. SVIs for the 10 d and 20 d reactors generally increased from Day 0
to 300, stabilizing at 1,343 ± 1278 L g-1 and 674 ± 123 L g-1, respectively. The 40-d
reactor saw a general increase in SVI to approximately 355 L g-1 at Day 300. The
observed airflow rates generally followed the patterns seen with the MLSS
concentrations, decreasing (10 d and 20 d SRT) or remaining relatively constant (SRT =
40 d) until Day 300.
At Day 300, statistically significant reductions in airflow rates for the 20 d and 40
d reactors were observed. Prior to this, the 20 d and 40 d reactors had airflow rates of
1.45 ± 0.16 Lpm (liter per minute) and 1.82 ± 0.25 Lpm, respectively. After Day 300,
these reactors exhibited airflows rates of 1.23 ± 0.10 Lpm and 1.06 ± 0.11 Lpm,
respectively. These reductions corresponded to a 14% reduction in the 20-d SRT reactor
and a 36% reduction in the 40 d SRT reactor. During and after this period, the 10-d SRT
reactor exhibited no significant change in airflow rate, averaging 1.15 ± 0.10 Lpm. A ttest with significance level, α = 0.05, was conducted to compare airflow rates pre and
post adjustment demonstrating no significant change for the 10-d reactor [t(423) = 1.81, p
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= 0.07], but significant changes for the 20-d [t(423) = 18.47 , p = 2.81 x 10-56) and 40-d
[t(139) = 64.54, p = 1.6 x 10-105] reactors. The changes in the airflow rate were
accompanied by increased variability in the SVIs, especially for the 40 d SRT reactor.
These decreases were significant, resulting in an airflow in 20 d SRT reactor that
was only 8% higher than 10 d SRT reactor. Furthermore, the airflow rate for 40 d SRT
reactor was 7% less than the airflow for 10 d SRT reactor. This is significant because the
oxygen demand for each reactor should increase with the increasing SRT. A theoretical
assessment of oxygen demand reveals that a 20 day and 40-day SRT should require 9%
and 16% more oxygen than for the 10-day SRT. This theoretical difference is driven by
the more predominant role of endogenous respiration at long SRTs. While the relative air
supply rate for the 20-d SRT reactor matched the theoretical calculations, the actual air
supply rate for the 40-day reactor was 20% less than what was anticipated based on
theoretical calculations, accounting for substrate utilization, biomass production,
endogenous respiration, etc.
The reactor geometries were identical and did not change for the duration of the
testing. To rule out diffuser fouling or variation as a potential cause for the observed
differences in the air delivery rate, the diffusers for 10-day and 40-day reactors were
swapped on Day 377. The diffusers for 10-day and 40-day reactors were then switched
back to their original positions at Day 630. No significant deviations in air supply rates
were observed with the subsequent swap of diffusers, ruling out diffuser fouling or
variation as the cause for the observed system response.
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Figure 1. (a) Mixed Liquor Suspended Solids (MLSS), (b) Sludge Volume Index (SVI),
and (c) Airflow Rate (AFR), with respect to time for: Reactor 1, SRT = 10 days; Reactor
2, SRT = 20 days; and Reactor 3, SRT = 40 days.
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The operational parameters (F/M, SRT, HRT, temperature, etc.) for all reactors
were held constant for the duration of testing. The observed adjustments are therefore
not directly related to these parameters and represent a deviation from expected
theoretical behavior. All other things being equal, it is apparent that differences in
fundamental characteristics associated with the mixed liquor were responsible for
observed system response. Seasonal and temporal variations in the microbial community
make-up have been observed in large scale wastewater treatment facilities, characterized
by shifts in operational taxonomic groups as a result of competition, ecological nichegroup interactions, etc. (Ju & Zhang, 2014; Valentín-Vargas et al., 2012). It is
hypothesized that the observed adjustments and the subsequent cyclic variations in
reactor airflow, SVI, etc. are directly related to microbial culture dynamics.
At Day 690, chlorine (as NaOCl) was added to the 20 d SRT reactor. Between
Day 697 and 699, chlorine (as NaOCl) was also added to 10 d SRT reactor. This was
done to validate the role of filamentous microorganisms on oxygen transfer performance.
Chlorine was dosed at a rate of 0.006 g Cl2 g-1 MLSS in both reactors, resulting in a
subsequent decrease in the air flowrate and the SVI (see Figure 1). During and
immediately after the chlorine dose, the performance of the reactor, including the
nitrification capacity of the sludge, remained unimpacted. The observed system response
to chlorine addition clearly demonstrates the significant impact of the filamentous
microorganisms on the OTE. Marginal changes in the MLSS concentrations were
observed. The immediate reduction in the SVI was a direct result of the reduction in
filament density. The 27% and 24% reduction in the airflow delivery rates for the 10-d
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and 20-d SRT reactors, respectively, was associated with an increase in the mixed liquor
OTE, which was associated with the reduction in filament densities

3.2. SLUDGE SETTLEABILITY AND THE OTE
The volume of sludge after 30 minutes settling time, SV30 (%), was compared
with various operational parameters. Most significantly, the SV30 was linearly related to
the OTE. As detailed in Figure 2, when SV30 increased from 20 to 100, the OTE
decreased from 5.04% to 3.65%, which is a 28% reduction. Looking closely at the
figure, the SV30 generally increased with decreasing SRT. The 10 d and 20 d reactors
generally had a high SV30 and low OTE, while the 40-d reactor had a lower average SV30
but higher OTE. These parameters were prone to fluctuations, however, which were a
direct result of cyclical blooms of filamentous microorganisms.
The SV30 is a good indicator of the abundance of poorly settling microorganisms
within the sludge. Filamentous microorganisms, which have a high surface area to
volume ratio, are notorious for impeding sludge settling. Any turbulent motion of the
bulk liquid will resuspend filamentous organisms, especially at higher filament densities.
Therefore, a high SV30 is a reasonable indication of the filamentous organism density,
provided that viscous bulking is not present. This observation is significant because the
presence and concentration of filaments within the sludge also directly correlates with
poor OTE in the reactors.
The relationship between filamentous microorganisms and OTE can be further
supported by a qualitative evaluation of activated sludge morphology. Examining Figure
3, it can be observed that low OTE and high SVI coincided with high filamentous

84
microorganism densities. For example, Day 525 imagery reveals that no filamentous
organisms were present, corresponding with a high OTE and low SVI. At Day 563, the
filament density was high, resulting in low OTE and high SVI. This same trend
continued as the 40 d SRT reactor cycled through periods of high filament density and
the disappearance of the filaments. It must be noted that, for other reactors, filament
density ebbed and flowed; however, they never fully disappeared as was observed for 40
d SRT reactor. As a consequence, the 40 d SRT reactor data spans the full range of
possible values, whereas 10 d and 20 d SRT reactors had data confined to a narrow range
of observed values.

Figure 2. Sludge volume after 30 min settling expressed as a percentage (SV30, %) versus
the OTE , with linear regression analysis (R2 = 0.74). Data reported since the
commencement of viscosity testing (Day 400).
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Figure 3. Microscopic investigation of floc morphology at different times during reactor
operation for the 40-day reactor : (a) Day 525; (b) Day 563. Fluctuations in both the
OTE and SVI correlate well with the presence or absence of filamentous organisms.

Filamentous microorganisms have been proven problematic for operations
because of poor settling (Palm et al., 1980; Sezgin et al., 1978). Filamentous
microorganisms have been shown to have increased EPS production which negatively
impacts submerged membrane performance (Meng et al., 2006). It has been suggested
that filamentous microorganisms may play a role in the transfer of oxygen in MBRs;
however, this assertion has never been experimentally verified at that time (Sarioglu et
al., 2009). We previously observed that the filamentous microorganisms induced from

86
low DO aeration reduced OTE (Liu et al., 2018). SV30 measurements, coupled with the
qualitative observation of filament density via microscopic analysis for the reactor
operated under a regular DO level of 2 mg L-1, confirmed filamentous microorganisms as
the cause of impeded OTE for both low and high DO operations.

3.3. APPARENT VISCOSITY
SV30 was also found to loosely correlate to the mixed liquor apparent viscosity,
μapp. As seen in Figure 4a, μapp of the mixed liquor generally increased with increasing
SV30. Data for the 40 d SRT reactor spans the entire domain of possible settleability.
This is primarily due to the cycling of filament densities throughout the duration of the
experiment. For 10 d SRT and 20 d SRT reactors, the cycling were not as pronounced
and filament densities were generally high, resulting in the grouping of data near the
extrema of the plot.
The question that subsequently arises is what specific quality of filamentous
microorganisms results in decreased OTE. Looking further at the SV30 results in
comparison with apparent viscosity data in Figure 4a, it is evident that as the SV30
increases, the apparent viscosity increased. The observed system response generally
follows an Einstein’s Equation (Equation 6) for the viscosity of dispersions, with the
SV30 measurement as a corollary to the volume fraction of the dispersion. For mixed
liquor, the floc-filament aggregates are significantly larger than the solute molecules.
Based on the observed experimental results, the solute viscosity, µo, was 0.00102 Pa s,
yielding a least squares regression fit for k = 2.2 (R2 = 0.20),
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𝜇𝑎𝑝𝑝
𝜇𝑜

= 1 + 𝑘𝜙,

(6)

where φ is the volume concentration of the particles.

Figure 4. (a) Sludge volume after 3- min settling expressed as a percentage (SV30, %)
versus viscosity , with line described by Einstein Equation for viscosity of dilute
suspension (μo = 0.00102 Pa s, k = 2.2; ϕ = SV30/100) with R2 = 0.20 ; (b) Apparent
viscosity (μapp) versus the OTE. An exponential decay in the OTE was observed with
increasing viscosity (R2 = 0.48). As the viscosity increased from 0.00136 to 0.00393 Pa
s, a 30% decrease in the OTE was observed. Data reported since the commencement of
viscosity testing (Day 400).

There is dispersion in the SV30 data as it relates to the apparent viscosity. Several
factors likely play a role in causing this dispersion. First, the floc-filament aggregates are
not rigid spheres as initially proposed by Einstein. When the floc-filament aggregates are
acted upon by hydrodynamic forces or particle-to-particle interactions occur, the
aggregates can deform or disperse, resulting in a dissipation of energy (Hiemenz &
Rajagopalan, 1997; Macosko, 1994). Furthermore, filamentous microorganisms are
inherently non-spherical, with large aspect ratios, influencing the apparent viscosity
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based on particle orientation in the flow field (Macosko, 1994). Finally, the SV30 was
measured after 30 minutes of settling, and does not represent the practical particle volume
fraction. Many of the data points for 10-d and 20-d reactors are located at the threshold
SV30 of 100, indicating no settling of the sample. The use of longer settling times
becomes problematic due to the risk of denitrification which hinders settling and
adversely impacts the outcome of the test. The use of a diluted settleability test might
provide a better correlation to the hydrodynamic radius; however, this testing may not
truly reflect the in-situ condition in the realistic bioreactor.
The apparent viscosity, μapp, played a significant role in determining the OTE of
the system, as illustrated in Figure 4b. An exponential decay function was found to
reflect the trend of the system response (R2 =0.48), with a practical limit in the system
OTE of 6.1% at a μapp = 0.00102 Pa s (water solution without any particles). With the
increase in apparent viscosity from 0.00136 to 0.00393 Pa s, OTE decreased by 30%. As
discussed above, this increase in apparent viscosity is related to the density of
filamentous microorganisms in the mixed liquor. This finding is significant because
deleterious impacts to the OTE as a result of increased apparent viscosity are typically
not considered to be significant at MLSS concentrations utilized within the scope of this
study (Krampe & Krauth, 2003).
The apparent viscosity can affect the mass transfer of oxygen within the mixed
liquor in a number of ways. First, it can impact bubble formation in Newtonian and nonNewtonian fluids, resulting in larger diameter bubbles. Generally, the bubble diameter is
directly proportional to the viscosity of the dispersion (Bhavaraju & Russel, 1978),
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(7)

where db is the bubble diameter (m); σ is the liquid surface tension (N m-1); P is the
energy input into the system (W); VR is the reactor volume (m3); ρL is the liquid density
(kg m-3); μapp is the apparent viscosity of the liquid phase and/or dispersion (Pa s); μg is
the gas viscosity (Pa s).
An increase in the apparent viscosity, μapp, from 0.00136 Pa s to 0.00393 Pa s,
results in an increase in bubble diameter by 10%, provided no other parameter changes
within the system. This increase in gas bubble diameter results in a subsequent decrease
in specific surface area over which mass transfer can occur within the bioreactor, which
can be expressed in Equation 8 (Paul et al., 2004). Therefore, any change in the bubble
diameter will result in a corresponding change in the specific surface area,
𝑎=

6𝜙𝑔
𝑑𝑏

,

(8)

where a is the specific surface area (m-1); φg is the gas hold-up fraction.
Equation 8 also shows that the specific surface area is related to the gas hold-up
fraction, φg. The gas holdup fraction tends to be invariant with respect to the viscosity,
being predominantly a function of the mixing intensity and the superficial gas velocity
(Kawase & Moo-Young, 1990). Therefore, the observed increase in viscosity resulted in
a decrease in the specific surface area of 10%.
The viscosity of a liquid also impacts the mixing within the process, resulting in
an increase in the viscous dissipation of mixing energy. The mixing intensity within a
reactor is generally assessed utilizing the Camp-Stein root mean square velocity gradient,
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G (s-1) (Crittenden et al., 2012). This measure of the velocity gradient is inversely
proportional to the square root of the liquid dynamic viscosity, as detailed in Equation 9.
As a consequence, increases in apparent viscosity result in decreases in the mixing energy
within the system if the mixing power is the same. When looking at observed reactor
performance, the change in apparent viscosity from 0.00136 Pa s to 0.00393 Pa s results
in a decrease in G of approximately 41%,
𝐺̅ = (𝜇

1/2

𝑃
𝑎𝑝𝑝 𝑉𝑅

)

.

(9)

As the mixing intensity is decreased, the scale of mixing increases, resulting in a
reduction in the liquid-side mass transfer coefficient. Interpreting penetration theory
through the lens of the theory of isotropic turbulence, it can be observed that the mass
transfer coefficient is directly proportional to the mixing intensity, as indicated in
Equation 10 (Kawase & Moo-Young, 1990). Larger terminal eddies result in a thicker
stagnant liquid film thickness at the air-liquid boundary, impeding mass transfer. An
increase in the apparent viscosity from 0.00136 Pa s to 0.00393 Pa s results in a 21%
decrease in the liquid film mass transfer coefficient, kL, assuming all other factors
remaining equal,
𝑘𝐿 =
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(10)

where Deff is the diffusivity of solute in a solvent (m2 s-1); ε is the average energy
dissipation per unit mass (J kg-1 s-1); and ν is the kinematic viscosity (m2 s-1).
Viscosity may also affect the diffusivity of oxygen in water. Looking at
established relationships for diffusivity of oxygen gas in water, they typically take the
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form indicated by Equation 11 (Blanch & Clark, 1997) that was developed from the
Stokes-Einstein equation,
𝑇

𝐷𝑂2,𝐻2𝑂 ∝ 𝐶 𝜇 ,
𝑜

(11)

where DO2,H2O is the diffusivity of oxygen in water (m2 s-1); C is a proportionality
coefficient that is a function of solute spherical radius, molecular weight, etc.; μo is the
solvent viscosity, and T is the liquid temperature (K).

Figure 5. Volumetric mass transfer coefficient (KLa) versus the reactor airflow rate. The
mixing intensity for all tests was maintained constant at G = 150 s-1. The airflow was
varied from 0.472 to 7.5 Lpm for tap water (closed circles) and reactor effluent (open
circles). A least squares regression analysis was performed, illustrating that no
significant difference between the tap water and reactor effluent exists.

When considering the effects of the apparent viscosity of the mixed liquor
samples utilized within the scope of this study, it is necessary to consider the fundamental
mechanisms that drive variations in viscosity and their effects on the OTE. As was
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established when considering the SV30-Viscosity relationship, the mixed liquor is
fundamentally a dispersion. The apparent viscosity is a result of the particles in
suspension, and not an inherent property of the bulk solution. Even though the diffusivity
can be impacted by the viscosity of the liquid, it is anticipated that for dispersions, the
diffusivity will not change because the bulk solution viscosity does not change. As a
consequence, oxygen will diffuse from the gas phase into the bulk liquid phase and into
the interstitial water present within the hydrodynamic radius of the floc at the same rate
as if the particles were not present, assuming that the particles do not block the gas liquid
interface or shuttle oxygen from the interface into the bulk solution.
To confirm that the changes in apparent viscosity were a property imposed by the
particles and not an inherent property of the bulk solution, oxygen transfer testing was
performed using clean water and effluents from all reactors. As demonstrated in Figure
5, there was no difference between the measured volumetric mass transfer rates obtained
for all cases. Therefore, the change in apparent viscosity was induced by the sludge
particles in suspension, and that diffusivity of oxygen within the bulk solution was
unchanged. This testing also supports the assertion that no surface-active agents were
present which might affect OTE. Therefore, changes in the OTE for different reactors are
a direct result of viscous dissipation of mixing energy, expansion of the liquid film
thickness and a reduction in the specific surface area over which mass transfer can occur.
Interestingly, when the impacts of the apparent viscosity on the specific surface area of
bubbles and the mass transfer coefficient are accounted for, it can be theoretically
estimated that a 33% decrease in the OTE would be observed when the apparent viscosity
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is increased from 0.00136 Pa s to 0.00393 Pa s, which is in reasonable agreement with
the results observed in this study.
The implications of this finding are significant. The relationship between the high
MLSS concentrations, elevated apparent viscosity, and OTE have previously been
investigated. One common observation has been that a significant variability exists in the
experimentally derived relationships between MLSS, apparent viscosity (< 20 mPa s) and
OTE (Hu, 2006; Krampe & Krauth, 2003). It is possible that these studies did not
incorporate the impacts of filamentous microorganisms on the viscosity and OTE
measurement. For example, Gil et al. (2011) observed a generally linear relationship (R2
= 0.65) between MLSS and the apparent viscosity of mixed liquor culture in an MBR.
Subsequent testing performed for bulking sludge demonstrated a very strong linear
MLSS-apparent viscosity response (R2 = 0.96) (Gil et al., 2011). The presence of
filamentous organisms tends to be a continuum, ranging from no filaments to an
excessive abundance of filaments (Jenkins et al., 1986). A minimal concentration of
filaments is necessary to form the strong backbone of the microbial floc. It is likely that
the results reported by Gil et al for the normal mixed liquor had varying concentrations of
filamentous organisms, which influenced viscosity and subsequently the OTE. The
bulking sludge had a high density of filamentous organisms, significantly reducing the
variability in the recorded data. As we demonstrated, the apparent viscosity and OTE are
strongly related, meaning any variance in the MLSS-viscosity data will also result in
variance in the OTE. Future reports of OTE in the activated sludge process must account
for microbial morphology to provide a complete assessment of actual system
performance and to allow for direct and meaningful comparisons between reports.
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Figure 6. Oxygen transfer efficiency (OTE) versus mixed liquor suspended solids
(MLSS) concentration. A linear relationship appears to exist between the MLSS and
OTE (R2 = 0.62), demonstrating an increase in OTE with increasing MLSS. It must be
noted, that here the MLSS concentrations reported are a corollary to the reactor SRT,
with the 40-day SRT reactor exhibiting significantly improved OTE as compared to the
10-day SRT reactor. Data reported since the commencement of viscosity testing (Day
400).

3.4. SOLIDS RETENTION TIME
Figure 6 demonstrates that there is an increasing trend in the OTE with increasing
SRT. Here the MLSS is a corollary for the reactor SRT, which was controlled via the
wasting rate. The linear trend was confirmed through regression analysis (R2 = 0.62).
The OTE increased by approximately 26% as the MLSS was increased from 740 mg L-1
to 2,580 mg L-1. This observed increase in OTE was significant, resulting in a reduction
in the air delivery rate to the 40-day SRT reactor, compared to the 10-day reactor.
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It must be stressed that influent wastewater composition was strictly controlled,
minimizing the potential for the presence of surface-active agents within the reactor.
Furthermore, oxygen transfer testing revealed that the volumetric mass transfer
coefficients for all reactor effluents were similar to those observed for clean water (see
Figure 5). These observations demonstrate that the property of the bulk solution was not
responsible for reactor performance; sludge morphological parameters were.
The finding that a higher SRT activated sludge process promotes oxygen transfer
supports the earlier observations (Leu et al., 2012; Rosso et al., 2005; Rosso et al., 2008).
Furthermore, this finding highlights one of the many performance related benefits reaped
by long SRT processes. Increased oxygen demand has long been a concern for long SRT
operation due to the enhanced role of endogenous respiration. Yet the aforementioned
results demonstrate that long SRT should not be a concern. As was demonstrated with
this study, better OTE of the 40-d SRT reactor resulted in 7% less air delivery than for
the 10-day SRT reactor. Less air delivery equates to a reduction in energy consumption
associated with the process. Long SRT reactors are also known to have improved
process stability as a result of increase active biomass concentrations, providing capacity
to handle shock loads. As was demonstrated in this study, the long SRT reactor had
improved settleability as compared to its shorter SRT counterparts. The improved
settleability promotes an enhanced solids flux, allowing the process to be operated at a
higher solids concentration without detriment to the solids separation process. Long SRT
operation also significantly reduces biomass production, allowing a reduction in sludge
pumping, thickening, stabilization and dewater process sizes, saving energy, site space
and capital. The waste sludge that is produced tends to have better filterability,
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stabilization and dewatering characteristics than observed for short SRT processes,
reducing the effort necessary to prepare the sludge for its final disposition. Finally, the
long SRT activated sludge process provides the capability for the better degradation of
recalcitrant waste compounds such as pharmaceuticals and personal care products (Leu et
al., 2012).

3.5. STATISTICAL ANALYSIS
A Best Subset Regression Analysis was performed for all measured data to
determine linear combinations of factors having the most significant impact on the OTE.
The analysis was performed utilizing the coefficient of determination as means of
identifying parameters of importance. Based on the analysis, viscosity was a statistically
significant (p < 0.05) descriptor of the OTE, having a low variance inflation factor (VIF <
5) and a high coefficient of determination (R2 = 0.720). The coefficient for viscosity was
negative, indicating a reduction in OTE with an increase in viscosity).

4. CONCLUSIONS

Oxygen transfer performance of three complete-mix activated sludge bioreactors
operated under SRTs of 10, 20, and 40 days were investigated. Results indicated that the
filament density in the activated sludge affects not only the sludge settleability, but also
the oxygen transfer performance at the air-liquid boundary. Increasing SV30 from 20 to
100 decreases OTE by 28%. This is because a greater filament density results in a
greater sludge volume concentration in the mixing liquor therefore a greater apparent
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viscosity. A greater viscosity results in a greater air bubble size and thicker liquid film
thickness at the air-liquid boundary, both of which reduce oxygen transfer performance.
Results also indicated that the 40-day SRT reactor has the lowest filament density
therefore the highest OTE compared to the 10- and 20-day SRT reactors. Increasing SRT
from 10 day to 40 day increases the OTE by 26%, and this OTE increase results in a net
reduction in air supply rate by 7%. Operating an activated sludge process at a very long
SRT may reduce aeration energy use, in addition to other benefits such as reduced sludge
production and improved removal of recalcitrant contaminants.
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ABSTRACT

The morphology of the microbial communities can have dramatic impacts on not
only the treatment performance, but also the energy use performance of an activated
sludge process. In this research, we developed and calibrated an image analysis technique
to determine key morphological parameters such as the floc diameter and the specific
filament length (SFL) and discovered that the SFL has significant impacts on sludge floc
size, the specific extracellular polymeric substances production, the settleability, mixed
liquor viscosity, and oxygen transfer efficiency. When the SFL increased from 2.5x109
μm g-1 to 6.0x1010 μm g-1, the apparent viscosity normalized by the mixed liquor
suspended solids concentration increased by 67%, and the oxygen transfer efficiency
decreased by 29%. A long solids retention time (SRT) of 40 day reduced SFL, improved
sludge settling performance, and improved oxygen transfer efficiency as compared to
shorter SRTs of 10 and 20 day. The findings underscore the need to assess microbial
morphology when quantifying the treatment performance and energy performance of
activated sludge processes.
Keywords: Activated sludge; morphology; floc diameter; specific filament length;
apparent viscosity, oxygen transfer efficiency.
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1. INTRODUCTION

The morphology of the microbial community present in activated sludge can have
a dramatic effect on the process treatment performance. For example, the floc diameter
can impact the transfer of substrate and oxygen from the bulk liquid to the microbe and
dictate the type of metabolism that occurs (Beccari et al., 1992; Daigger et al., 2007;
Stenstrom & Song, 1991; Wilén et al., 2004a; Wilén et al., 2004b). Filamentous
organisms tend to form the backbone of floc, increasing shear resistance (Jenkins et al.,
1986; Sezgin et al., 1978). However, when the filament concentration exceeds a
threshold, large open-structure, low density flocs are formed which are resistant to
settling (Barber & Veenstra, 1986; Lee et al., 1983; Palm et al., 1980; Sezgin, 1982).
Operating conditions of the activated sludge process directly impact on the
microbial morphology, which in turn, affect the process performance. For example, the
solids retention time (SRT) can play a role in both the floc diameter and filament
concentrations. Very short SRTs (< 7 days) result in high food-to-microbe ratios (F/M),
which promote the formation of high concentrations of extracellular polymeric
substances (EPS). High EPS concentrations tend to stabilize surface charge of the floc
and inhibit agglomeration into larger particles (Janga et al., 2007; Liao et al., 2006). It is
believed that filamentous organisms are K-strategists, predominating at low substrate
concentrations (Chudoba et al., 1973; Martins et al., 2004). Therefore, at a sufficiently
high F/M, floc forming microbes will predominate. The concept of the kinetic-based
selector was developed based on this fundamental understanding (Chudoba et al., 1973).
Moderate SRTs (7 to 20 days) tend to have EPS with higher protein-to-carbohydrate
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ratios, which promotes the formation of larger floc (Li, 2016). Long SRTs (> 20 days)
result in high concentrations of cellular debris and lower concentrations of EPS, causing
smaller flocs to form (Sponza, 2002). At long SRTs, lower F/Ms exist. This condition is
prime for filamentous organism growth. Reactor mixing intensities can influence the floc
size distribution, with higher intensities resulting in floc shearing (Lou et al., 2014).
Under low dissolved oxygen (DO) concentrations, the EPS production could be inhibited,
resulting in the formation of smaller, more discrete floc (Nielsen et al., 1996; Shin et al.,
2000). However, it is also understood that EPS production is generally enhanced when
stress conditions are imposed on microbial cultures (Sheng et al. 2010; Ozturk & Aslim
2010), and low DO operation might exert such stress conditions on aerobic biomass.
Furthermore, low bulk DO concentrations might result in the selection of filamentous
organisms over floc formers (Jenkins et al., 1986; Liu et al., 2018).
A number of different methodologies have been developed to ascertain the
pertinent morphological parameters influencing the performance of the activated sludge
process. For example, laser diffraction analysis has been utilized to determine the
particle size distributions based on the Fraunhoffer and Mie scattering theories
(Govoreanu et al., 2009). However, there are limitations to this methodology, because
activated sludge floc-filament matrices are inherently irregular and relatively
concentrated. To limit the potential for repeated scattering of the incident light, the
samples must be substantially diluted, which can result in the deflocculation and break-up
of microbial aggregates (Jarvis et al., 2005). Furthermore, the methodology is inherently
reliant on the refractive index of the floc, which varied significantly among different
sludge samples (Jarvis et al., 2005). Additionally, the laser diffraction analysis approach
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cannot ascertain the length and concentration of filamentous organisms present within the
activated sludge floc-filament matrix. In fact, the presence of filaments might actually
skew the resultant particle size distribution, resulting in an overstatement of the actual
floc size distribution.
Microscopy coupled with image analysis has been successfully applied to the
study of activated sludge floc morphology (Amaral & Ferreira, 2005; Contreras et al.,
2004; da Motta et al., 2001; Dias et al., 2016; Jarvis et al., 2005). In general, microscopic
images are captured using a light microscope (brightfield, phase-contrast, etc.).
Subsequent digital images are processed using a computer software, to extract useful
information. The benefits of this approach are that they provide a direct indication of the
floc shape, irregularity, porosity, etc. (Jarvis et al., 2005). Furthermore, the methodology
allows the filament concentration and length to be assessed. However, many of the
existing approaches focus solely on the determination floc diameters, disregarding
filamentous bacteria within the system, which may be more critical than the microbial
flocs in most aspects. When used to quantify filamentous organisms, the available image
analysis methods were difficult to produce consistent data, whether because of
differences in image capture techniques and hardware or availability of software for
subsequent analysis. Clearly, subjective human interactions with sample preparations
and analysis algorithms can have negative impacts on reproducibility and objectivity of
digital image analysis protocols (Tadrous, 2010).
The purpose of this study was two-fold. First, a methodology was developed
assess the activated sludge morphology, with a focus on the floc diameter and the specific
filament length (SFL). The methodology consisted of light microscopy coupled with
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image analysis to quickly extract useful morphological parameters from the acquired
images. Second, the floc diameter and SFL shall be monitored with respect to time and
develop their relationship with other morphological parameters and performance
parameters of the system. The roles of both the floc diameter and the SFL on the oxygen
transfer efficiency (OTE) were of specific interest.

2. MATERIALS AND METHODS

2.1. ACTIVATED SLUDGE CULTURE
Activated sludge seed culture was collected from the Southeast Wastewater
Treatment Plant, Rolla, Missouri, USA, which receives predominantly domestic
wastewater. The seed sludge was cultured within three 31.5 L complete-mix reactors
with SRTs of 10, 20 and 40 days, respectively. These SRTs were maintained via routine
wasting of the mixed liquor. Mixing within each reactor was achieved with a six-blade
Rushton turbine driven by a variable speed, 1/25 Hp permanent magnet 90 VDC gear
motors (Baldor GP232001). The same mixer rotational speed that achieves target Root
Mean Square (RMS) velocity gradients, G , of 150 s-1 for tap water were maintained for
all reactors. This mixing intensity was selected because it is reflective of the mixing
intensity utilized in full-scale reactors (Grady et al., 1999). Measurements of the mixer
rotational speed were performed with a hand-held digital photo tachometer (DT2234C).
Air was introduced into each reactor by a 0.61 m long Pentair Aquatic Ecosystems BioWeave diffuser hose. Air flow into the reactor was measured with a 10.6 Lpm (liter per
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minute) variable area rotameter (Cole Parmer) and adjusted multiple times daily to
maintain a DO of 2 mg L-1 for all reactors.
A 379 L tank was used to prepare a common synthetic wastewater feedstock for
all reactors, and a 75 W, submersible, thermostatically controlled heating element was
utilized to maintain the bulk liquid temperature at 20°C ± 1°C. The synthetic wastewater
was continuously fed at 63 Lpd (liter per day) into each reactor via a variable speed
peristaltic pump having a common pump head (Cole Parmer Masterflex Model 7553-70
with 16 mm Masterflex Norprene tubing element). The organic carbon (glucose,
C6H12O6) and ammonia-nitrogen (ammonium bicarbonate, NH4HCO3) were provided at
concentrations of 180.4 ± 9.2 mg COD L-1 and 42.4 ± 1.71 mg N L-1, respectively. Trace
elements and buffers were added as follows: K2PO4, 4.0 mg PO43- L-1; MnCl2•4H2O, 0.2
mg Mn L-1; MoCl5, 0.04 mg Mo L-1; CoCl2, 0.001 mg Co L-1; ZnCl2, 0.05 mg Zn L-1;
FeSO4•7H2O, 0.005 mg Fe L-1. Calcium and magnesium were present in sufficient
quantities within the tap water utilized for production of the synthetic wastewater.
Sodium carbonate was utilized as necessary to supplement the buffer capacity of the
wastewater and maintain optimum nitrification rates. The pH of the reactor mixed liquor
was maintained approximately 7.0.
Influent, effluent and mixed liquor testing was performed throughout the duration
of the experiment. COD, ammonia-nitrogen, nitrite-nitrogen, and nitrate-nitrogen were
measured routinely utilizing the Hach TNT Plus vial test system with a Hach DR 2800
spectrophotometer: Hach TNT 822 for COD; Hach TNT 830 for ammonia-nitrogen
concentrations; Hach TNT 835 for nitrate-nitrogen; and Hach TNT 839 for nitritenitrogen. Reactor temperature and operational DO concentrations were monitored
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numerous times daily utilizing a polarographic dissolved oxygen probe (YSI model 58
with model 5239 probe). Mixed liquor and effluent suspended solids were determined in
conformance with SM 2540 D (APHA et al., 2000). Mixed liquor settleability and sludge
volume index (SVI) were determined in accordance with SM 2710 B and C, respectively
(APHA et al., 2000).

2.2. PROCESS OXYGEN DEMAND AND OTE DETERMINATION
Process oxygen demand and OTE were determined as previously described (Liu
et al., 2018). In brief, theoretical oxygen demands related to glucose degradation,
nitrification, and biomass formation were calculated separately based on their respective
reaction equations, using the relevant reactor performance parameters. The OTE was
then determined as the ratio of oxygen demands to the mass flow oxygen supplied.

2.3. EPS EXTRACTION
EPS was extracted from mixed liquor samples utilizing the heat extraction
protocol previously described with the following modifications (Comte et al., 2006).
Mixed liquor samples were collected directly from each reactor. Four 50 mL aliquots
were then centrifuged at 4,000 g for 20 minutes at 4°C. The soluble microbial product
contained within the supernatant was subsequently decanted, leaving the biomass and its
EPS. The biomass was resuspended in 20 mL of milli-Q water and placed in an 80°C
water bath. Each sample remained in the water bath for 10 minutes to allow denature of
proteins in the EPS and its release into solution. The samples were then centrifuged at
15,000 g for 20 minutes at 4°C. The dissolved EPS was then decanted from each sample
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vial and the dry weight was determined utilizing standard gravimetric methods (APHA et
al., 2000).

2.4. VISCOSITY MEASUREMENT
The viscosity of the activated sludge culture was determined utilizing an Anton
Paar MCR 302, which was configured for use with parallel plates. Each sand-blasted
plate was circular, having a diameter of 49.875 mm. The bottom plate was fixed, and the
top plate was allowed to rotate. The gap between the upper and lower plates was selected
to accommodate the largest particles for each mixed liquor sample. A plate gap of 1.5
times the maximum particle diameter (determined by the floc size analysis) would
provide reasonable, repeatable results as this limits the formation of secondary flows
which might adversely influence the system response. The temperature of the plates and
sample was maintained at 20.0°C by a thermostatically controlled circulating water bath.
The rotation of the upper plate was controlled based on the applied shear rate. Initially, a
shear rate of 150 s-1 was applied to the sample for a duration of 15 seconds. The shear
rate was then linearly decreased in a stepwise fashion from 150 s-1 to 1.0 s-1. The
resulting torque was measured. Based on the plate geometry, the applied shear rate and
the measured torque, the shear stress and viscosity was calculated.

2.5. FLOC SIZE DETERMINATION
The floc size distribution was determined via phase-contrast microscopy
combined with image processing. Three 100 μL aliquots of mixed liquor were randomly
sampled from each reactor utilizing a wide-mouthed pipette to limit the potential for
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disruption of the native floc-filament matrix (Jarvis et al., 2005). Each aliquot was
discharged to a glass slide and an 18 mm by 18 mm cover slip was installed. Images of
mixed liquor samples were captured randomly from the slide utilizing an Olympus
CKX41 inverted microscope fitted with a 10x phase-contrast objective lenses and
Lumenera Infinity 2 CCD camera. Care was taken to assure that aperture, backlighting,
and focus settings were adequate to easily delineate the floc and identify all filaments
present within the field of view. Images were saved at a resolution of 1392×1040 pixels
in a 16-Bit RAW image format. Some images contained a large number of flocs and high
concentration of filaments; other did not. The aim was to minimize bias in image
collections. A minimum of 70 images were captured to assure that a statistically
significant sample (minimum of 625 floc) was present (ASTM, 2015; Contreras et al.,
2004; Jarvis et al., 2005).
Captured images were analyzed utilizing the ImageJ software platform (Rasband
1997-2015) according to the flow diagram illustrated in Figure S1. Raw images were
first inverted, resulting in dark floc and filaments superimposed on a light background.
Image contrast and brightness were then enhanced to emphasize the floc and
deemphasize the filaments. A median filter was then applied repeatedly to maintain floc
boundaries and smooth internal variations produced during the image inversion and
contrast adjustment steps. The enhanced images were subsequently thresholded using the
ISOData algorithm, producing an 8-bit binary image (Ridler and Calvard, 1978). The
ImageJ Analyze Particles command was then applied to ascertain various morphological
parameters for each floc, including the floc projected area. This data was saved in coma
delimited format and statistically analyzed utilizing Microsoft Excel. Various diameter
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parameters, such as the number mean diameter, d10, the surface area mean diameter, d20,
and the Sauter-mean diameter, d32, were calculated in accordance with published industry
standards (ASTM, 2015). The d10 is the arithmetic average of floc diameters based on
the total number of particles. The d20 indicates the diameter of a particle having the same
averaged surface area as the sample (Allen, 1990). The d20 is widely utilized to describe
absorption, catalysis and other phenomenon that are dependent on the active surface area
in the sample. The Sauter mean diameter, d32, is the diameter of a particle having the
same volume to surface area ratio as that of the sample (Allen, 1990). The d32 is
generally utilized to quantify mass transfer and chemical reactions occurring within a
system. Figure S1 shows a summary of the image analysis protocol and sample images.

2.6. FILAMENT LENGTH ANALYSIS
The SFL was determined via microscopy combined with image processing.
Images containing floc-filament matrices were collected as described for the floc size
analysis. Captured images were also analyzed utilizing the ImageJ software platform
(Rasband, 1997-2015). The image analysis protocol followed the flow chart shown in
Figure S2. First, the original image was duplicated. A Gaussian Blur filter was then run
with the standard deviation (σ) set to 100 pixels. The resultant image was indicative of
the original image background which accounts for brightness variations present within
the image. An image calculator was then run to select the minimum of each pixel value
for the foreground and background images. The outcome of the image calculator routine
was the isolation of the foreground image which could be further manipulated to extract
the filament data. A minimum filter was then applied with a morphological element
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having a radius equal to one pixel. This filter enhanced the dark regions of the image
which comprised both the floc and filaments. The background was then subtracted using
a rolling ball filter having a radius of 5 pixels. The image contrast was enhanced, and the
histogram was equalized. The resultant image had a bimodal histogram distribution and
was thresholded utilizing the Otsu algorithm (Otsu, 1979). The binary floc image was
then subtracted from the binary floc-filament image to isolate the filaments for further
morphological analyses. The resultant binary image was then morphologically closed.
The binary image was duplicated, and a gray scale attribute filter was run (Top Hat, open
area, min = 75, connectivity = 4 pts) which generated an image containing the image
background noise. This background noise was then subtracted from the binary image.
The final step was to run the Analyze Particles command routine to weed-out particles
with an area less than 50 square pixels and circularity greater than 0.35, which is a
threshold for segregating filaments from other non-filament particles (Contreras et al.,
2004). Figure S3 illustrates typical results obtained for each discrete step of the image
analysis protocol.
Output from the Analyze Particles routine was then analyzed using Microsoft
Excel. The project area of each filament was divided by its minimum Feret diameter,
yielding an effective filament length. This filament length was normalized by the volume
of a sample represented by each image. The SFL was also expressed on a per gram of
biomass basis.
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3. RESULTS AND DISCUSSION

3.1. ASSESSMENT OF IMAGE ANALYSIS PROTOCOL
Random images were periodically selected from the image database. These
images were manually thresholded and the resultant images were compared to the
automated image processing protocol result. The primary goal was to assure the accuracy
of the automatic protocol to threshold the complex floc-filament images. The total
projected area of the thresholded images were calculated, yielding pertinent information
regarding the total floc area, total filament length, number of particles, etc. The resultant
sample means were tested to assure that no statistically significant difference was present
between the two methods. The manually thresholded images correlated well with the
results of the automated image analysis protocol.
Once the efficacy of the protocols was established and maintained, the projected
areas of each floc were calculated via the image analysis protocol and subsequently
converted into equivalent spherical circular diameters. The statistical distribution of the
floc diameters was assessed. The distributions were found to be continuous. The
empirical distribution of particle diameters was compared to cumulative distribution
functions (CDFs) for normal, log-normal and variable power law distributions. The
Kolmogorov-Smirnoff tests was utilized to assess the goodness of fit of the empirical
data to the CDFs. Generally, the data were well described by the log-normal or variable
power law function as there was an abundance of particles at the low end of the diameter
spectrum. As floc diameters increased, the relative number of flocs generally decreased,
resulting in a skewed distribution with a high-range tail. The large particles contributed
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most to the cumulative surface area and volume in the system. Figure 1 demonstrates the
distribution of floc surface area and volume as determined by the image analysis. The
trends exhibited in Figure 1 were consistent across all SRTs tested. Small diameter floc,
while predominating in number, contributed very little to the cumulative surface area and
volume. Typically, less than 10% cumulative surface area and volume were contributed
by flocs less than 100 μm in diameter. This finding is counterintuitive because for mass
transfer applications, it is typical to try to reduce the particle size (bubble, catalyst carrier,
etc.) to increase the specific surface area over which mass transfer can occur. In these
biological systems, it is hypothesized that the large diameter particles that had the most
impact on oxygen and substrate mass transfer because they provided much of the active
surface area in the system. Further testing of the activity of segregated floc diameters
would be required to confirm this hypothesis. Larger volume floc may be indicative of
increased floc mass, which is beneficial for the settling characteristics of the microbial
aggregate. A large d10 or d20 measurement is indicative of an increased number of large
diameter flocs which correlates to an increased floc surface area and volume.
In the same way, filament lengths were analyzed. The filament length
distributions were observed to be continuous. Short filaments predominated, with longer
filaments measured with decreasing frequency, yielding a skewed distribution with a
high-range tail. Based on the statistical analysis performed as described for the floc
diameter, the distribution of filament lengths was generally log-normal (data now
shown).
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Figure 1. Typical response for floc diameter versus a) percent surface area in class and
cumulative surface area; b) percent volume in class and cumulative volume. Small
diameter particles tended to contribute minimally to the cumulative particle surface area
and volume present. The response illustrated here is indicative of the response observed
for SRT = 10, 20 and 40 d.

3.2. RELATIONSHIP BETWEEN SFL AND FLOC DIAMETER
Looking at the SFL expressed as the filament length per unit biomass, e.g. the
quality of the floc, there were several key findings of interest. First, looking at Figure 2a
and 2b, the larger floc diameters, d10 and d20, corresponded to the smaller SFL values.
The arithmetic mean diameter, d10 decreased from 100 μm to approximately 20 μm,
where at an approximate SFL 6×1010 μm g 1, the d10 tended to become invariant with
respect to further increases in SFL. The surface mean diameter, d20, decreased from 160
μm to approximately 50 μm, where at a plateau of approximately 6×1010 μm g 1, the d20
tended to become invariant with respect to further increases in SFL. The Sauter-mean
diameter, d32, did not demonstrate any discernable pattern (data not shown).
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Figure 2. Typical response for: a) arithmetic mean diameter versus the SFL; b) surface
area mean diameter versus the SFL.

Interestingly, the d10 and d20 values were segregated based on SRT, with the 40day SRT generally having larger diameters and shorter SRTs (10 and 20 days) having
smaller diameters. This system response has been reported recently for various
suspended growth processes having longer SRTs (Li & Stenstrom, 2018). It is
anticipated that the relationship between the d10, d20 and SRT with respect to the SFL is a
result of the filaments-inhibiting formation of large floc. This is likely caused by one or
several factors. As the total filament length per unit biomass increases, more of the
biomass is present in the form of filaments, reducing the percentage of floc forming
microbes present. Furthermore, as the filaments become a greater percentage of the total
biomass, the filaments tend to inhibit particle aggregation. The flocs formed at high
filament concentrations tend to be very small and have low density. The formation of
large loose aggregates of filaments with dispersed floc having low density has been
observed previously (Jin et al., 2003; Sezgin, 1982; Wilén et al., 2003). This mechanism
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would have more of an impact on the lower SRT reactors which have smaller biomass
concentrations.
It is possible that the mixing intensity had a greater impact on the lower biomass
concentration mixed liquors, mediating floc aggregation. Mixing intensities for activated
sludge processes that promote flocculation are typically in the range of 100 s-1 or less
(Das et al., 1993; Galil et al., 1991; Parker et al., 1972). However, a mixing intensity in
the range of 125 s-1 to 270 s-1 is required to maintain floc in suspension without excessive
deflocculation (Grady et al., 1999). At the mixer rotational speed equivalent to 150 s-1
for clean water, it is possible that the floc size was mediated by shearing, especially at the
lower biomass concentration reactors due to a greater shear rate per unit biomass than
required for flocculation. However, the magnitude of this effect is questionable. As will
be discussed herein, the filamentous organisms appear to dissipate mixing energy,
effectively ameliorating deleterious impacts associated with the elevated mixing
intensity.

3.3. RELATIONSHIP BETWEEN SFL AND EPS
The specific EPS concentration appears to be related to the SFL. Figure 3
demonstrates that as the SFL increases, the specific EPS also increases. The specific EPS
increased from approximately 0.127 to 0.221 g EPS g-1 biomass as the SFL increased
from 0 to 3.5×1011 μm g-1. The increase was generally linear, having least squares
regression coefficient of determination, R2 = 0.86. This observation confirms previous
experimental results (Meng et al., 2006) and tends to make sense, as filamentous
organisms are frequently found in biofilms. The EPS is the glue that binds a biofilm to
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its carrier and immobilizes the microbial community, protecting it from the surrounding
environment. It should be noted that previous testing was based on the use of the
Filament Index (Jenkins et al., 1986) which tends to be rather subjective. The
methodology proposed herein provides a direct measurement of filaments, providing
information regarding the EPS-SFL relationship containing minimal bias.

Figure 3. Specific EPS versus the SFL density. A linear (R2 = 0.86) increase in the
specific EPS with increasing SFL.

Interestingly, the increase in specific EPS was segregated via SRT, with long
SRTs having low specific EPS and short SRTs having high specific EPS. The
segregation of the EPS data based on the SRT is likely related to the operational F/M
ratio and its impacts on EPS production. Longer SRTs have lower F/M ratios, meaning
that less influent electrons (carbon) are available for EPS production and an increased
role of EPS hydrolysis serves to convert it to biomass associated soluble microbial
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products (Laspidou & Rittmann, 2002a; Laspidou & Rittmann, 2002b; Ni et al., 2011).
Conversely, lower SRTs tend to have higher F/M ratios, allowing more electrons to be
shunted to EPS production (Laspidou & Rittmann, 2002a; Laspidou & Rittmann, 2002b;
Ni et al., 2011). In this study, the 40-day SRT reactor had a F/M = 0.13 d-1,
corresponding more closely with an extended aeration reactor, whereas 10-day SRT
reactor had a F/M = 0.46 d-1, corresponding to the traditional complete-mix activated
sludge process. The observed system performance supports the concept that EPS
production is largely associated with the growth rate of microbes (Ni et al., 2009). At
higher F/M ratios, the specific growth rate increases, resulting in greater EPS production.
More striking though, is the length and subsequent role of the filaments in the long SRT
process as compared to the low SRT process. Here, at the 40-day SRT, filament length
was suppressed, whereas at the 10-day SRT, filaments abounded. This system response
was counterintuitive, as filaments typically predominate at low substrate and/or oxygen
concentrations, both of which were in ready supply for the shorter SRT reactors.

3.4. RELATIONSHIP BETWEEN SFL AND SETTLEABILITY
Figure 4 demonstrates that SVI increases with an increase in the SFL. This
relationship is an effect associated with the reactor SRT. As the SRT increases, the SVI
decreases. The 10-, 20- and 40-day SRT reactors demonstrated average SVIs of 1,341 L
g-1, 697 L g-1 and 250 L g-1, respectively.
The SFL has direct impacts to the settleability of the sludge. A predominance of
filaments with high surface area-to-volume ratios will tend to cause microbial aggregates
to be resuspended with any residual turbulence. This phenomenon is likely compounded
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by the loosely interlocking matrix of filaments that forms and exhibits highly hindered
settling characteristics, with little or no compression settling. What is interesting is that
the observed SFL was lower for the 40-day SRT reactor, resulting in better settling
performance. This system response is likely related to the observed floc diameter, which
was significantly greater for the 40-day SRT reactor as compared to the shorter SRT
reactors. As discussed previously, larger floc diameters contribute the most to the
cumulative floc volume in the system. The formation of larger volume, more dense
microbial aggregates directly enhances settling.

Figure 4. Sludge volume index versus the SFL. The solid black line is indicative of the
relationship developed by Sezgin et al. The dashed lines are indicative of the envelope
SFL-SVI data developed by Lee et al. (1983)

Interestingly, the SVI - SFL relationship is in good agreement with observations
made previously (Lee et al., 1983; Palm et al., 1980; Sezgin et al., 1978). Most data
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collected within the scope of this study falls within the envelope established by Lee et al.
(1983). The 10-day SRT data exceed the SVI values typically observed in full-scale
treatment facilities; however, they still fall within the projected envelope of SFL-SVI
previously observed. The presence of the filaments promotes filament-to-filament or
filament-to-floc aggregations that have very low density and settle slowly, thus increasing
the SVI (Sezgin, 1982). For filament densities less than the threshold of 6.0×1010 μm g1

, the floc diameter has more of a role in the system as evidenced in Figure 2a and 2b, due

to the fact that particle-to-particle interactions can occur, increasing the contribution to
the cumulative floc volume and overall density. This increased floc density results in
enhanced settling ability (Andreadakis, 1993; Jin et al., 2003; Sezgin, 1982).
The specific EPS concentration appears to be related to the SFL. Figure 3
demonstrates that as the SFL increases, the specific EPS also increases. The specific EPS
increased from approximately 0.127 to 0.221 g EPS g-1 biomass as the SFL increased
from 0 to 3.5×1011 μm g-1.

3.5. RELATIONSHIP BETWEEN SFL AND MIXED LIQUOR VISCOSITY
The observed changes with respect to the mixed liquor apparent viscosity shown
in Figure 5 are notable and worth further consideration. As the SFL increased from
2.0x109 μm g-1 to 1.0×1011 μm g-1, a general increase in the apparent viscosity was
observed. With further increases in the SFL, the apparent viscosity was reduced. The
data was segregated according to SRT with the 10-day SRT generally having a lower
apparent viscosity than the 20-day SRT. The apparent viscosity was normalized by the
biomass concentration to reduce the influence of the particle concentration on the system
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response. Figure 5b demonstrates that as the SFL increased from 2.0×109 μm g-1 to
6.0×1010 μm g-1, a generally linearly increase trend (R2 = 0.56) in the normalized
apparent viscosity from 4.5×10-4 m2 s-1 to 1.2×10-3 m2 s-1 occurred. Above the threshold,
the normalized apparent viscosity increased dramatically, with no significant difference
observable between the 10-day and 20-day SRT sludges. It must be noted that response
of the 40-day SRT reactor was likely a result of periodic, cyclical changes that occurred
in the filamentous organism population within the reactor, providing data across a wider
range of SFLs. Cyclic variations did occur also in the 10-day and 20-day SRTs and
associated changes in the mixed liquor apparent viscosity were observed; however, the
magnitude of the variations were minor compared to the 40-day SRT. These periodic
shifts have been observed in in large scale wastewater treatment facilities and have been
characterized by shifts in operational taxonomic groups as a result of competition,
ecological niche-group interactions, etc. (Ju & Zhang, 2014; Valentín-Vargas et al.,
2012).
Clearly, the differences between Figures 5a and 5b demonstrate that the particle
concentrations impacted the apparent viscosity. Comparing Figure 5a and 5b with a
focus on the 10-day and 20-day SRT sludges, higher mixed liquor concentrations tended
to have elevated apparent viscosities. Numerous studies have demonstrated the
relationship between the mixed liquor concentration and the apparent viscosity (Guibaud
et al., 2004; Laera et al., 2007; Pollice et al., 2007). However, the mixed liquor
concentration alone cannot be utilized to describe the apparent viscosity; the SFL plainly
had an influence on the apparent viscosity. As illustrated in Figure 5, the 40-day SRT
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reactor has the lowest apparent and normalized apparent viscosities although it has a
significantly greater MLSS concentration than the other two reactors.

Figure 5. Typical system response for: a) viscosity versus the SFL; and b) the viscosity
normalized by the mixed liquor suspended solids versus the SFL.

Once the mixed liquor concentration was normalized from the apparent viscosity
measurement, two fundamental observations were made. First, as the SFL increased,
there was a steady increase in the normalized apparent viscosity, highlighting the
negative impact of the filaments on the viscosity. For this study, a 67% increase in the
normalized apparent viscosity was observed. Secondly, at SFL values greater than the
threshold, the normalized apparent viscosities increased significantly, with no observable
difference between the 10-day and 20-day SRT sludges. The lack of difference between
the normalized viscosities for the 10-day and 20-day SRT sludges may be related the
physical influence of the particles on the viscosity measurement. It is anticipated that as
momentum flux is exerted on the mixed liquor, the filaments will tend to align with the
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flow field, resulting in a reduction of the hydrodynamic drag exerted on the filament.
This particle alignment will result in a reduction of the apparent viscosity of the
suspension. In case of the 20-day SRT reactor, larger diameter floc were observed with
an increasing frequency. The presence of larger floc in greater quantities tends to hinder
the preferential alignment of the filaments with the flow field. The resulting orientation of
the filaments for the 20-day SRT reactor effectively increases the hydrodynamic radius of
the particle and increases energy dissipation within the flow field, increasing the apparent
viscosity of the suspension. It is also anticipated that the normalized apparent viscosity
for the 10-day SRT reactor is likely greater than observed as a result of the preferential
alignment of the filaments in the flow field during testing, which cannot be accounted for
in the mixed liquor measurement.
The observed response has several significant implications for activated sludge
processes. First, the increased viscosity will have a tendency to dissipate mixing energy,
reducing mass transfer rates within the system. This reduction in mixing intensity results
in decreased OTE, negatively impacting both the process performance and sustainability.
Secondly, it highlights the need to fully quantify filament length when assessing the
apparent viscosity of the mixed liquor.

3.6. RELATIONSHIP BETWEEN SFL AND OTE
Finally, it appears that there was a relationship between the SFL and OTE. As
shown in Figure 6, the measured OTE was on average 5.1% if there is no filaments in the
sludge. As the SFL increases, a rapid decrease in the OTE was observed. An observable
inflection in the curve was located at approximately 6.0×1010 μm g 1, where the OTE was
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approximately 3.6%, representing a 29% decrease, beyond which no additional impacts
to the OTE are observed. The observed responses across all reactors also appeared to be
related to the activated sludge SRT. As the SRT decreases from 40 days to 20 days, a
noticeable decrease in the OTE was observed. Further reduction in the SRT have no
significant impact in the OTE.
The relationship between the OTE and SFL follows the pattern of an exponential
decay function (R2 = 0.674), with a physical threshold in the OTE occurring at
approximately 6.0×1010 μm g-1. This is a very significant finding that is often overlooked
when assessing the OTE of an activated sludge process. The OTE was very sensitive to
changes in the SFL with a dramatic decrease between 0 and 6.0×1010 μm g-1. It has been
hypothesized that filamentous organisms perform better at low substrate and dissolved
oxygen concentrations due to low specific growth rates and half velocity constants and
significantly greater specific surface area as compared to floc forming bacteria. This
morphological phenomenon has been interpreted to mean that the specific surface area
would allow the filamentous organisms to have a reduced diffusional resistance to mass
transfer (Martins et al., 2004). However, this is evidently not the case. Figure 6 clearly
demonstrates that filamentous organisms negatively impact the OTE, suggesting that
activated sludge flocs with no filaments are inherently better for oxygen transfer as
compared to those where filaments predominate. Several of our recent studies have
observed this trend, linking high filamentous organisms to increased apparent viscosity
which negatively impact oxygen transfer by reducing the mixing intensity (Campbell et
al., 2019; Liu et al., 2018; Wu et al., 2019).
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Figure 6. Oxygen Transfer Efficiency versus SFL. The regression analysis was
performed using an exponential decay function (R2 = 0.674) having the form y = yo + a e(bx)
.

Just as significant is the relationship of the SRT to the OTE. The 40-day SRT with
low SFL demonstrated significantly enhanced OTE as compared to the shorter SRT
reactors. Traditional activated sludge theory dictates that additional aeration will be
needed for long SRT reactors due to the increased endogenous respiration. Obviously,
this is not the case for this study. This observation of increased OTE for long SRT
processes is not new (Leu et al., 2012); however, the understanding that the OTE
enhancement is a result of the low SFL as opposed to the degradation of surfactants is
significant. Surfactants were not present for this study.
Looking at the results holistically, it appears that the SFL influences the process
performance in several ways. First, the filaments, when at high enough densities,
interlock, forming an open matrix which resists agglomeration of large, dense floc. This
is deleterious to the OTE because it reduces the interface area across which mass transfer
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occurs and creates a condition similar to what is observed for a moving bed bioreactor
(MBBR) or integrated fixed film activated sludge (IFAS) process. In the case of the
MBBR and IFAS, biomass grows within the carrier, attaching to its surface. Substrate
and oxygen must diffuse into the void spaces of the carrier because the convective
component of mass transfer induced by mixing and aeration cannot penetrate to the
interior of the carrier. In much the same way, the interlocking filaments enmesh the floc,
isolating them from the convective flow, reducing mass transfer to its purely diffusional
component. Much in the same way as a MBBR or IFAS system tends to be mass transfer
limited, it is anticipated that mixed liquors with high filament densities are also mass
transfer limited. In addition to the phenomenon of interlocking, the EPS, which is
predominantly bound to the filament is sticky and tends to dissipate mixing energy as
filaments slide past each other, increasing the apparent viscosity. The long filament
length may also increase the hydrodynamic radius of the suspended particles, influencing
the volume fraction of the particles in suspension, and increasing the apparent viscosity.
This increase in apparent viscosity will result in a decrease in the OTE because it
increases the size of the air bubble and the thickness of the liquid film at the air-liquid
boundary, which result in the reduction of the total interface area and the mass transfer
coefficient at the air-liquid interface.
In much the same way, a high SFL will inhibit the settleability. A high SFL is
indicative of smaller volume floc. Aggregates that do form tend to have low density. As
the aggregate density decrease, so does the settling capacity. This behavior is aggravated
by the filament tendency to resuspend easily due to their high surface area to volume
ratio.
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Interestingly, the results of this study confirm previous findings regarding the
benefits of operating an activated sludge process at a long SRT (Leu et al., 2012).
Reductions in the SFL of the long SRT process resulted in substantial increases in the
process OTE. The OTE increases were so significant as to completely offset the
increased oxygen demands associated with the additional endogenous respiration from
the long SRT, plus additional reduction in aeration air supply. This process benefit was
coupled with enhanced settling capacity of the long SRT sludge because of the formation
of larger diameter, dense floc, which should allow increased solids loading rates of
secondary sedimentation tanks and increased solids concentration of the return activated
sludge. This would enable the long SRT process to be implemented with minimal or no
increase to aeration tank geometry and the sludge return capacity. It must be
acknowledged that conflicting data regarding sludge settling at long SRTs is mixed. For
example, long sludge ages were found to have enhanced settleability as compared to short
SRTs (Bisogni & Lawrence, 1971; Lovett et al., 1983). Experimental results contained
herein seem to confirm this However, filamentous bulking at low F/M concentrations
can occur which can inhibit settling (Jenkins et al., 1986). Care must be taken apply the
appropriate strategies to minimize causes for poor settling when implementing a long
SRT process.
The observed system performance also highlights the importance of the activated
sludge morphology on the apparent viscosity and OTE. Previous studies have
investigated the interactions between activated sludge MLSS, apparent viscosity and
OTE. Reviewing available data from these studies, it can be noticed that a large degree
of inconsistency is present between the three parameters (Henkel, 2010; Hu, 2006;
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Krampe & Krauth, 2003). It is likely that the data presented did no accommodate for
differences in activated sludge morphology, leading to unexplained variability in the
reported results. For example, Gil et al. (2011) observed a strong linear relationship
between the apparent viscosity and MLSS (R2 = 0.96) for bulking sludge. However, for
non-bulking sludge, a generally linear viscosity – MLSS response (R2 = 0.65) was
observed, but the lower coefficient of determination emphasizes the increased degree of
variation from the proposed linear model (Gil et al., 2011). Based on the observed
results, it is strongly emphasized that activated sludge morphology must be investigated
and reported concurrently with viscosity and OTE data to provide a full picture of the
mechanisms influencing the results and to better allow direct comparisons between
studies.

4. CONCLUSIONS

An automated image analysis protocol was developed to determine activated
sludge morphology using digitally captured phase-contrast images. The protocol was
verified by comparison with manual thresholding. Results from the analysis support
previous findings associated with SFL and its effect on the specific EPS and SVI values,
providing further validation of the methodology.
•

The SFL was segregated based on the SRT, with a 10, 20 and 40-day SRT
activated sludge having values of 2.7x1011, 1.1x1011 and 3.8x1010 μm g-1,
respectively.
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•

The specific EPS doubled across the range of measured SFL, with the 40-day
SRT having the lowest specific EPS production. While this finding supports
previous research, it provides a quantitative, not qualitative evaluation of the SFL
for comparison.

•

The apparent viscosity and OTE were significantly impacted by filamentous
organisms. A 29% decrease in the OTE was observed as the SFL increased to a
threshold value of 6.0x1010 μm g-1, above which marginal changes in OTE were
observed.

•

The activated sludge morphology must be assessed when investigating the energy
use performance of a wastewater treatment plant.
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SUPPLEMENTARY INFORMATION

Figure S1. Flow Chart for Floc Size Determination Image Analysis Protocol
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Figure S2. Flow Chart for Filament Length Image Analysis Protocol
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Figure S3. Image analysis protocol for the detection of filament lengths. The protocol
involves: a) acquisition of original phase contrast image (foreground); Gaussian blur
filter, σ = 100 (background); b) image calculator, minimum of foreground and
background; minimum filter, radius = 1; subtract background, rolling ball radius = 5,
light background; enhance contrast filter, saturation = 1.0%, equalize histogram; c)
threshold image, Otsu algorithm, light background; binary closing; d) gray scale attribute
filter, top hat, area = 75, connectivity = 4 pts; image calculator, subtract gray scale
attribute filter from thresholded image; e) analyze particle mask, area = 50 to infinity,
circularity = 0.00 to 0.35; f) original image with filaments highlighted.
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ABSTRACT

Recent findings have demonstrated that activated sludge morphology significantly
impacts oxygen transfer efficiency (OTE) in the activated sludge process. In this study,
we developed a mechanistic understanding of this impact. Mixed liquor samples
collected from a domestic wastewater treatment plant (WWTP) were blended with a
bulking activated sludge from a bench scale reactor (BSR) cultured on synthetic
wastewater to manipulate various morphological parameters such as the settled sludge
volume (SV), the sludge volume index (SVI), and the specific filament length (SFL).
The filaments that were present in the blended sludges consisted largely of Type 0041
and Type 021N, which are commonly found in WWTPs that treat domestic wastewater.
Variations in sludge morphology, as quantified by settled sludge volume after 30 min
(SV30), SVI, and SFL, systematically affected the mixed liquor apparent viscosity (μapp),
which consequently impacted OTE. An increase in the SFL from 9.61 x 106 μm g-1 to
6.88 x 107 μm g-1 resulted in a 41.4% increase in apparent viscosity and a 24.6% decrease
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in volumetric mass transfer coefficient (KLa). A new parameter, named the ultimate
settleability (SVULT), was developed by curve fitting the SV versus time data and found
to relate with µapp through an expanded form of the Einstein Equation for the viscosity.
Therefore, SVULT is a corollary for the particle volume fraction that incorporates effects
of both the sludge morphology and mass concentration on µapp. Theoretical derivation
revealed that an increase in SVULT resulted in an increase in µapp, which reduced oxygen
transfer by increasing the air bubble size and reducing refreshment of the liquid at the
gas-liquid interface. The KLa was found to be inversely proportional to μapp0.75 through
fitting the experimental data with the theoretical model. Using a variance-based global
sensitivity analysis, three operating parameters that have the most impact on oxygen
transfer were identified: the power input per unit volume, the superficial gas flowrate,
and the µapp.
Keywords: Activated sludge; morphology; filamentous organisms; ultimate settleability;
apparent viscosity; oxygen transfer efficiency.

1. INTRODUCTION

Oxygen transfer efficiency (OTE) is of paramount significance in the operation of
activated sludge wastewater treatment processes. Air delivery to sustain microbial
respiration is closely associated with the overall energy demand and subsequent
sustainability of the process (Jenkins & Wanner, 2014). A comprehensive survey of
wastewater treatment facilities in the USA has shown that 50% or more of the total
energy demand associated with wastewater treatment is utilized for air delivery (Pabi et
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al., 2013). This equates to approximately 0.3% of the total energy consumption in the
USA (Bauer et. al., 2014). The issue of excessive energy consumption in wastewater
treatment processes is not limited to the USA. For example, it has been reported that
20% of the total municipal energy consumption in Germany is associated with
wastewater treatment aeration (Sommer et al., 2017). An increase in energy demand of
up to 20% will occur over the next 20 years as the level of treatment required at these
facilities increases (USEPA, 2006). Enhancements to the oxygen transfer process will
immediately reduce the process energy demand. Not only will energy consumption and
greenhouse gas emission be reduced, but operations and maintenance costs associated
with air delivery will decrease.
A significant body of work has been performed to elucidate major factors
affecting the process OTE (Amaral et al., 2019). For example, the solids retention time
(SRT) of an activated sludge process has been shown to impact OTE. Short SRTs tend to
reduce OTE as compared to long SRT processes (Garrido-Baserba et al., 2017; Rosso et
al., 2008). The reduction in OTE is thought to be related to the presence of soluble
organic compounds, which can block the active surface area available for oxygen mass
transfer, reduce the liquid surface tension, or increase the viscosity of the fixed liquid
monolayer at the gas-liquid interface, and restrict oxygen transfer (Rosso et al., 2006).
Long SRTs tend to exhibit enhanced OTE, which is thought to be associated with the
degradation of soluble organic compounds such as surfactants (Leu et al., 2012; Li,
2016).
Mixed liquor biomass concentrations are negatively correlated to OTE (BaqueroRodríguez et al., 2018; Durán et. al., 2016). Generally, for mixed liquor suspended solids
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concentration (MLSS) in excess of 5,000 mg L-1, the oxygen volumetric mass transfer
coefficient, KLa, is significantly reduced, which is often expressed as a reduced alpha (α)value (Henkel, 2010; Krampe & Krauth, 2003; Wagner et al., 2002). Here, the α-value is
a lumped parameter that is used to account for many different phenomena that can
potentially impact mass transfer. Many different empirical relationships have been
developed to describe the KLa and α as a function of the MLSS (Ratkovich et al., 2013).
The impacts of MLSS on oxygen mass transfer are thought to be associated with the
apparent viscosity (μapp), which results in increased bubble coalescence, increased bubble
diameter, and reduced bubble specific surface area (Schwarz et al., 2006). Cecconi et al.
(2020) also reported that, the OTE of a granular activated sludge system with a MLSS of
10 g L-1 was 28% less than that of a regular activated sludge system with a MLSS of 3 g
L-1 (3.2%), primarily due to the high MLSS of the granular activated sludge system,
which induces non-Newtonian nature of the mixed liquor and forces bubble coalescence.
However, because of the diversity of available empirical relationships and the variability
observed in the reported α-values, it is likely that the MLSS alone is not the only factor
affecting mass transfer.
Floc size has been shown to affect oxygen mass transfer. Larger diameter flocs,
like those seen in granular activated sludge systems, tend to increase mass transfer
resistances. For example, it was demonstrated that for granular sludge, the controlling
mass transfer resistance exists at the liquid-solid interface, not the gas-liquid interface, as
is typical for activated sludge processes. This external mass transfer resistance was
caused by the large particle size, which reduces the active surface area over which mass
transfer can occur (Wilén et al., 2004a; 2004b). These resistances could only be
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overcome through an increase in the bulk solution dissolved oxygen (DO) concentration
(Wilén et al., 2004a; 2004b).
Physical fouling and aging of fine bubble diffusers also impacts air delivery and
the OTE. Fouling consists of two separate mechanisms: 1) plugging of diffuser pores
with particulate matter or the formation of scale and 2) the formation of a biofilm on and
within the diffuser (Campbell & Boyle, 1989). The plugging of pores with particulate
contaminants in the gas or liquid phase can reduce the diffuser flux and increase the
dynamic wet pressure (DWP) required to achieve the desired air delivery rate, which can
cause an overall loss in air delivery capacity and increase system operating air pressure,
which increases energy requirements (Rosso et al., 2008). However, the OTE might
increase marginally as the small pore openings result in smaller bubbles that enhance
mass transfer, but this impact appears to be offset by the associated increase in DWP.
The formation of biofilms on and within the diffuser has the opposite effect of increasing
bubble size by causing channeling within and above the diffuser body and increasing
airflow to larger orifices, increasing bubble diameters and significantly reducing OTE
(Garrido-Baserba et al., 2016; Wagner & Von Hoessle, 2004). Diffuser aging can result
in the loss of elasticity of the diffuser membrane and induce material creep, which has the
result of enlarging orifice openings, generating larger diameter bubbles, and reducing the
OTE (Kaliman et al., 2008).
In all the work that has been performed to date, little attention has been paid to the
impacts of the sludge morphology on the OTE. Recently, we have found that filamentous
organisms increase the mixed liquor μapp, significantly impeding oxygen transfer
(Campbell et al., 2019a; 2019b; Liu et al., 2018). The goal of this study is to develop
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mechanistic relationships between sludge morphology, as described by the settled sludge
volume (SV), the specific filament length (SFL), and the oxygen transfer. These
relationships shall be tested using activated sludge from a full-scale wastewater treatment
plant (WWTP) treating domestic waste blended with bulking sludge from a bench scale
reactor to manipulate morphological parameters and validate those intrinsic factors that
impact the KLa and OTE.

2. THEORETICAL BACKGROUND

Oxygen transfer in an activated sludge reactor can be described based on the
volumetric mass transfer coefficient, KLa. This coefficient defines the rate at which
oxygen moves across the active boundary layer present within the system. Oxygen mass
transfer is a phenomenon that has many influencing factors, including air bubble
diameter, gas hold-up fraction, mixing intensity, etc. Assessing KLa is critical to
ascertain the overall effectives of the oxygen mass transfer process.
For the activated sludge process, reactors are three-phase systems with solids
(microbial aggregates) suspended in a bulk liquid solution. Air is injected into the
bottom of the aeration tank where it forms bubbles and rises through the bulk solution.
Oxygen must transfer from the gas phase across the gas-liquid interface to the bulk liquid
and then from the bulk liquid into the microbial floc (Blanch & Clark, 1997). When
operated at typical DO conditions (i.e. 2.0 mg L-1), the predominant resistances to mass
transfer occur at the liquid side of the gas-liquid interface due to the marginal solubility
of oxygen in water. At steady state conditions, the volumetric gas flowrate of air entering

145
the reactor is approximately equal to the volumetric gas flow rate of air leaving the
systems. At any given time, the number of bubbles entering the reactor (i.e. bubble flux)
can be determined by Equation 1,
𝑄𝑔

𝑁𝐵 = 𝑉 ,

(1)

𝐵

where NB is the bubble flux (# s-1), Qg is the volumetric gas flowrate (m3 s-1), and VB is
the volume of a single bubble (m3).
For small bubbles with diameters less than 2.0 mm, it can be assumed that the
bubbles are spherical, with minimal surface undulations (McGinnis and Little, 2002).
The volume of each bubble can be calculated in the following fashion using Equation 2,
4

𝑉𝐵 = 3 𝜋𝑟𝐵3 =

3
𝜋𝑑𝐵

6

,

(2)

where rB is the bubble radius (m) and dB is the bubble diameter (m).
The bubble diameter can be described based on Kolmogorov’s Theory of
Isotropic Turbulence. The bubbles are constantly bombarded with turbulent eddies,
which causes their break-up and coalescence as they rise through the bulk solution. The
liquid surface tension tends to resist break-up, whereas the shear force acting on the
bubble tends to mediate its size (Hinze, 1955). The resultant bubble diameter is
proportional to the equilibrium of these two forces. Furthermore, the bubble diameter is
proportional to the ratio of bulk solution dynamic viscosity, e.g. apparent viscosity, to the
dispersed phase dynamic viscosity, e.g. the gas viscosity (Calderbank, 1967), shown in
Equation 3:

𝑑𝐵 ∝ 𝐴 [

𝜎0.6
0.4

𝑃
)
𝑉𝑅

(

𝜌𝐿0.2

][

𝜇𝑎𝑝𝑝
𝜇𝑔

𝐵

]

(3)
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where A and B are constants of proportionality, σ is the bulk liquid surface tension (N m1

), P is the power input into the reactor by the impeller and/or diffused aeration (W), VR

is the reactor volume (m3),

ρL is the bulk liquid density (kg m3), μapp is the apparent

viscosity of the suspension (Pa s), and μg is the gas viscosity (Pa s).
The gas holdup fraction describes the relative volume of the gas within the system
and is a function of the bubble residence time, the bubble flux, and the bubble volume.
The bubble residence time is impacted by the convective motion of the bulk solution in
the reactor and the terminal rise velocity of the bubble. The terminal rise velocity can be
described in terms of a summation of external forces acting on a bubble as it rises through
the liquid phase, including the bubble buoyant force, the weight of the bubble, and the
drag force induced by the liquid as the bubble moves through it, shown in Equation 4:
4𝑑𝐵 𝑔(1−𝜌𝑔 ⁄𝜌𝐿 )

𝑣𝐵 = √

(4)

3𝐶𝐷

where vB is the terminal bubble rise velocity (m s-1), ρg is the gas density (kg m-3), CD is
the bubble drag coefficient, g is the acceleration due to gravity (9.81 m s-2). The bubble
drag coefficient is typically 0.44 for the turbulent flow regime (Crittenden et al., 2012).
Equation 4 is applicable for bubbles in tap water that have a diameter less than 2.6 mm
(McGinnis & Little, 2002).
The bubble residence time, tr,B (s), can then be determined as a function of
the reactor depth above the bubble release point, which is expressed as a fraction of the
total reactor height and bubble rise velocity:
𝑡𝑟,𝐵 =

(5⁄6)𝐻𝑅
𝑣𝐵

=

5𝐻𝑅 √3𝐶𝐷
0.5 𝑔0.5 (1−𝜌 ⁄𝜌 )
12𝑑𝐵
𝑔
𝐿

where HR is the reactor height (m).

0.5

(5)
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The gas holdup fraction, φ, can then be calculated as the ratio of the total
dispersed gas phase volume (ΣVB) to the total volume of the reactor. Here it is assumed
that the total volume of the dispersed phase is insignificant when compared to the volume
of the reactor.
∑𝑉𝐵

𝜙=𝑉

≈

𝑅 +∑𝑉𝐵

∑𝑉𝐵
𝑉𝑅

=

𝑄𝑔 𝑡𝑟,𝐵

(6)

𝑉𝑅

The specific surface area across which mass transfer can occur within the system
can then be described in terms of the gas holdup fraction and the bubble diameter
(Calderbank, 1958):
𝑎=

6𝜙

(7)

𝑑𝐵

Substituting for the gas holdup fraction and the bubble diameter yields the following
relationship,
𝑄𝑔 𝑡𝑟,𝐵

𝑎=
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)

(8a)

𝑑𝐵
6

𝑎 = (𝑑 ) (𝐴
𝐵

𝑎=[

𝑎=[

5√3𝐶𝐷
2

5√3𝐶𝐷
2

𝑄𝑔

𝑅 𝐻𝑅

][

)(

5𝐻𝑅 √3𝐶𝐷
0.5
0.5
12𝑑𝐵 𝑔0.5 (1−𝜌𝑔 ⁄𝜌𝐿 )
1

1

0.5
𝑔0.5 (1−𝜌𝑔 ⁄𝜌𝐿 )

] [𝑑1.5 ] 𝑈𝑠𝑔

𝑎 = [ 2𝐴1.5 ] [

1

𝑔0.5 (1−𝜌𝑔 ⁄𝜌𝐿 )

0.5

(8c)

𝐵

1

]
[

5√3𝐶𝐷

(8b)

1

0.5
𝑔0.5 (1−𝜌𝑔 ⁄𝜌𝐿 )

][

)

𝜇𝑎𝑝𝑝
𝜎0.9
𝐴1.5 [
][
]
𝜇𝑔
𝑃 0.6 0.3
(
) 𝜌𝐿
𝑉𝑅

][

0.6
𝑃
) 𝜌𝐿0.3
𝑉𝑅
𝜎0.9

(

𝜇 1.5𝐵

] [𝜇𝑔1.5𝐵 ] 𝑈𝑠𝑔
𝑎𝑝𝑝

𝑈𝑠𝑔

1.5𝐵

(8d)

]

(8e)

148
where AR is the reactor surface area and Usg is the superficial gas velocity (m s-1), 𝑈𝑠𝑔 =
𝑄𝑔 ⁄𝐴𝑅 .
The mass transfer coefficient can be described based on the Higbie penetration
theory interpreted through the lens of the isotropic turbulence theory. The following
relationship results:
4𝔇𝑜2

𝑘𝐿 = √

𝜋

𝑃 0.25

[𝑉 ]
𝑅

1
𝜇 0.25

(9)

where kL is the mass transfer coefficient (m s-1) and 𝔇02 is the diffusivity of oxygen in
water (m2 s-1) (Kawase & Moo-Young, 1990). Penetration theory describes the nonsteady state diffusion of low solubility gases, such as oxygen, into a mobile packet of
liquid moving across the bubble surface as the bubble rises through the bulk solution
(Higbie, 1935). As can be seen in Equation 9, there are two basic components that affect
the liquid-side mass transfer coefficient. First, there is the contribution of the diffusivity
of the gas into the bulk liquid phase. The second component is related to the intensity of
exposure between the bubble and the discrete liquid packet that moves along the surface
of the bubble. The exposure intensity is affected by the mixing energy that is input into
the reactor and the apparent viscosity of the liquid, both of which impact the size of the
liquid packet and the packet velocity relative to the bubble. Clearly, a higher mixing
intensity reduces the packet size and increases its relative velocity, decreasing the
exposure between air bubbles and liquid packets and resulting in rapid refreshment of the
bubble surface. However, increasing apparent viscosity causes a dissipation of
momentum energy, increasing the liquid packet size and reducing its mobility, which
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results in an increase in exposure between air bubbles and liquid packets. A subsequent
reduction in the liquid packet refreshment reduces the rate of mass transfer.
Combining the relationship for the specific surface area for the bubbles with the
mass transfer coefficient yields the following equation for oxygen volumetric mass
transfer coefficient:

4𝔇𝑜2

𝑘𝐿 𝑎 = [√
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where the constants of proportionality, B and C, can be determined by fitting the
experimental data with Equation 10. Note that because the gas density is several orders
of magnitude less than the liquid density, the term encapsulating the difference between
the two parameters can be disregarded.

3. MATERIALS AND METHODS

3.1. ACTIVATED SLUDGE CULTURES
Activated sludge biomass from two facilities was utilized within the scope of this
study. Biomass was collected from the Southwood II (SWII) WWTP, located near Rolla,
Missouri, USA. The SWII WWTP consists of a long SRT (>20 d) activated sludge
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process with a preanoxic selector, which receives effluent from household septic tanks.
The mixed liquor contained a negligible quantity of filamentous organisms.
The second sludge was cultured from seed collected at the Southeast WWTP,
Rolla, Missouri, USA, in a laboratory in a 31.5 L complete-mix bench-scale reactor
(BSR) with a SRT of 40 days as described previously (Campbell et al., 2019a). Mixing
was achieved with a six-blade Rushton turbine to achieve a Root Mean Square (RMS)
velocity gradient, G , of 250 s-1, which is reflective of the upper end of the typical range
of mixing intensity utilized in full-scale reactors (Grady et al., 2011). Air was introduced
into the reactor by a 0.61 m long Pentair Aquatic Ecosystems Bio-Weave diffuser hose.
Air flow into the reactor was measured with a 2.4 L min-1 variable area rotameter (Cole
Parmer) and adjusted multiple times daily to maintain a DO of 2 mg L-1. Synthetic
wastewater was continuously fed at 63 Lpd (liter per day), which consisted of organic
carbon (glucose, C6H12O6) and ammonia-nitrogen (ammonium bicarbonate, NH4HCO3)
dosed at concentrations of 180.4 ± 9.2 mg-COD L-1 and 42.4 ± 1.71 mg-N L-1,
respectively. Trace elements and buffers were also added as previously described
(Campbell et. al., 2019a). This BSR sludge was a typical bulking sludge and contained a
significant amount of filamentous organisms.
The two sludges were blended at varying ratios to obtain samples with varying
morphological and operational parameters. The goal in blending SWII and BSR
activated sludges was to maintain a constant MLSS for all blended samples to assure that
settleability was the only morphological parameter that varied. The BSR sludge sample
was initially diluted with the reactor effluent due to a higher initial MLSS. The diluted
BSR samples were then mixed with SWII mixed liquor at the following ratios to assure a
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reasonable range of settleabilities for analyses: 5:1 (BSR:SWII); 1:1; 1:2.5; 1:5; 1:10; and
1:20. Morphological parameters of interest included: SV at different time intervals;
sludge volume index (SVI); SFL; the filamentous index; and μapp, etc.
The SV and the SVI were determined according to Standard Method 2710 B and
C, respectively (APHA, 2020). Mixed liquor samples were placed in a 1.0 L settleometer
vessel. The SV was recorded at 5-minute intervals for the first 30 minutes of the test and
at 15-minute intervals for the second 30 minutes of the test. The SV at 30 minutes, SV30,
was reported and utilized in analysis primarily because it is currently utilized in the
industry to assess the operational performance of an activated sludge process. The SVI
was calculated by taking the SV30 and normalizing it via the MLSS of the sample. A new
parameter, the ultimate settleability (SVULT), was calculated using the time-series SV data
for each activated sludge mixture. Here, the times-series data was fit to least squares
regression to an exponential decay function having the form:
𝑆𝑉 = 𝑆𝑉𝑈𝐿𝑇 + 𝑎𝑒 −𝑏𝑥

(11)

with the SVULT, and a and b are constants.

3.2. FILAMENT LENGTH ANALYSIS
The SFL was determined via a microscopy combined with the image processing
protocol we previously developed (Campbell et al., 2019b). Briefly, three 100 μL
aliquots of mixed liquor were randomly sampled from each reactor and carefully placed
on a glass slide to minimize the disruption of the native floc-filament matrix. Images of
mixed liquor samples were captured randomly from the slide using an Olympus CKX41
inverted microscope fitted with a 10x phase-contrast objective lenses and Lumenera
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Infinity 2 CCD camera. Images were saved at a resolution of 1392×1040 pixels in a 16Bit RAW image format. A minimum of 70 images were captured to assure that a
statistically significant sample (minimum of 625 floc) was present (ASTM, 2015;
Contreras et al., 2004; Jarvis et al, 2005). Captured images were also analyzed utilizing
the ImageJ software platform (Rasband, 1997-2015). The image analysis protocol
generally consisted of two discrete steps. First, the background was subtracted from the
image. Next, a series of morphological operations were performed on the images with
the aim of creating an 8-bit binary image from which the projected area of the filaments
could be extracted. The project filament areas were then statistically analyzed using
Microsoft Excel. The SFL was expressed on a per gram of biomass basis. The statistical
significance of the automatic thresholding protocol was determined by comparison with
manually thresholded images.

3.3. FILAMENT ORGANISM IDENTIFICATION
The identification of specific filamentous organisms present in the blended mixed
liquor samples was performed in accordance with procedures established by Jenkins et al.
(2004). A series of staining procedures was utilized in concert with the morphological
assessment of filaments to facilitate a dichotomous identification of specific filaments.
Staining procedures included the Gram and Nessier staining protocols. Thin smears of
samples were prepared on the microscope slide and allowed to thoroughly air dry. The
samples were not heat fixed. Stained samples were examined under direct illumination at
800x magnification. Sulfur oxidation testing was performed utilizing a sodium sulfite
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solution. Sulfur deposits were identified at 800x magnification using a phase contrast
microscope.
Cell shape and size was determined using microscopy in concert with image
analysis. Images were captured as described above. The images were analyzed utilizing
the ImageJ software package (Rasband, 1997-2015). A series of 10 discrete, random
measurements of the cell geometries were collected manually and averaged to obtain a
representative measurement for the sample. The prevailing cell shape (square,
rectangular, oval, barrel, discoid, etc.) was noted.
The filamentous index (FI) of each sample was also determined. Organisms were
viewed at 100x and 800x magnification. Each sample was ranked on a scale of 0 to 6
based on the filament abundance. A sample received a 0-value if no filaments were
observed. A sample received a 6 for excessive filament growth characterized by more
filaments than floc and/or filaments that were in high abundance in the bulk solution.

3.4. VISCOSITY MEASUREMENT
The μapp of activated sludge cultures was determined utilizing a parallel plate
rheometer (Anton Paar MCR 302). The rheometer plates had a diameter of 49.875 mm
and were sandblasted. The bottom plate was fixed, and the top plate was allowed to
rotate. A plate gap of 1.5 times the maximum particle diameter was utilized to minimize
the potential for wall effects and the formation of secondary flows. The temperature of
the sample was maintained at 20.0°C. A shear rate of 150 s-1 was applied to the sample
for a duration of 15 seconds. The shear rate was then linearly decreased in a continuous
fashion from 150 s-1 to 1.0 s-1. The resulting torque was utilized to determine the μapp of
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the mixed liquor. The μapp was reported for a shear rate of 150 s-1, correspondent to the
mixing intensity targeted during the experiment. A detailed discussion of the viscosity
measure has been previously provided (Campbell et al., 2019b).

3.5. DYNAMIC OUR/OTR TESTING
Dynamic oxygen uptake rate (OUR) and oxygen transfer rate (OTR) testing was
performed on the blended mixed liquor samples. The blended mixed liquor sample was
placed into a reactor and aerated in the absence of influent substrate for 3 hours prior to
testing. This pre-test aeration was performed to assure that no residual substrate or
internal storage components were present during the OUR/OTR testing that might
otherwise impact the oxygen uptake measurement during the test. The pre-test aeration
period also allowed the mixed liquor to reach a steady state prior to the commencement
of testing. Once the pre-test aeration period was complete, the air delivery system was
shut off and the DO concentration was measured with respect to time. The rate of change
of the DO was the oxygen uptake rate for the microbial community.
𝑑𝐶
𝑑𝑡

= −𝑂𝑈𝑅

(12)

Once the DO reached a significantly low concentration (i.e. < 0.2 mg L-1), the air
delivery system was turned on and the DO was monitored with respect to time. Care was
taken to obtain adequate sampling during the initial ascension portion of the DO-time
curve and to allow the system to reach a quasi-steady state condition at the end of the test.
The rate of change of the DO was then calculated, which is indicative of the OTR
reduced by the OUR,
𝑑𝐶
𝑑𝑡

∞
= 𝑂𝑇𝑅 − 𝑂𝑈𝑅 = 𝐾𝐿 𝑎(𝐶𝑠𝑎𝑡
− 𝐶) − 𝑂𝑈𝑅

(13)
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where Csat∞ is the saturation DO concentration in water (mg L-1), which was adjusted for
the reactor temperature and site barometric pressure.
Equation 13 was fit to the data utilizing a least squares regression approach by
adjusting both the KLa and Csat∞ parameters. Two cycles of testing were performed
without the substrate and with the substrate. In this manner, the endogenous OUR was
directly determined and the maximum specific substrate utilization rate can be estimated
by subtracting the endogenous OUR from the total OUR when substrates were present.
For this experiment, a six-position gang stirrer produced by Phipps and Bird was
utilized to run tests concurrently. Each reactor had an average cross section of 11.6 cm x
11.6 cm with an operating liquid depth of 14.6 cm, resulting in a working reactor volume
of 2.0 L. The reactors were mixed with flat bladed turbines operated at a rotational speed
of 112 rpm giving a root mean square velocity, G , of 150 s-1, which was indicative of
the mixing intensities typically observed in full-scale activated sludge systems (Grady et
al., 2011). Air was introduced via a fine bubble diffuser installed at the bottom of each
reactor and measured with a 2.4 L m-1 variable area rotameter (Cole Parmer). Air flow
was maintained at 0.47 L m-1 for each sample during the reaeration period of each test.
The DO was measured with one YSI Model 58 DO meters fitted with a Model 5829
polarographic probe installed in each reactor. The meter/probes were calibrated to
accommodate for local barometric pressures and to assure that the probe response times
were adequate to sample the data without bias according to the ASCE/EWRI 2-06 (2006)
Measurement of Oxygen in Clean Water standard. Ammonia-nitrogen was added as a
substrate at a concentration of 12.5 mg L-1, in excess of the ammonia half velocity
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constant, assuring steady, zero order reaction kinetics for the duration of the testing with
the substrate.

4. RESULTS AND DISCUSSION

4.1. ACTIVATED SLUDGE SAMPLE CHARACTERISTICS
The dichotomous classification of filamentous organisms in the BSR sample, as
detailed in Table S1, resulted in the identification of two distinct filamentous organisms
(Jenkins et al., 2004). The first was a long, thick, smoothly curved filament that extended
from floc structures. This filamentous organism was identified as Type 0041, which
tends to proliferate in long SRT and low food-to-microbe ratio processes (Jenkin et. al.,
2004). The second filament was long, thin, and smoothly curved. This filamentous
organism was identified as Type 021N, which tends to proliferate in processes with
readily biodegradable substrates (Jenkins et al., 2004). The operating conditions in the
BSR promoted conditions for both filamentous organisms to grow. The glucose utilized
as an organic carbon source in the synthetic wastewater is readily biodegradable.
Furthermore, the operating SRT was 40 d, which corresponded to a F/M of
approximately 0.1 d-1. When these filamentous organisms were mixed with the SWII
samples, they were representative of typical organisms seen in full scale WWTPs. For
example, a survey of WWTPs demonstrated that Type 0041 and 021N were ranked 3 and
4, respectively, as the dominant filamentous organisms causing bulking in the United
States (Jenkins et al., 2004). The selection of these ubiquitous organisms and their
relative predominance was likely a result of environmental and operating conditions
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selected for this experiment, which are not dissimilar to those present at other WWTPs.
As a consequence, the observed results contained herein should reasonably describe the
performance of full-scale municipal treatment facilities.
A summary of results can be found in Table 1. The raw SWII sample had a MLSS
of 1,237 mg L-1 and demonstrated good settleability. The resultant SVI was 80.9 mL g-1.
The SFL was determined to be 9.6 x 106 μm g-1, the μapp was 1.28 x 10-3 Pa s, and the
volumetric mass transfer coefficient was 0.00431 s-1. The raw BSR sample had a mixed
liquor of 2,132 mg L-1 with poor settleability, resulting in an SVI of 436 mL g-1. The
SFL was determined to be 9.6 x 107 μm g-1, which was an order of magnitude greater
than that of the SWII sample. The μapp and volumetric mass transfer coefficient were
determined to be 3.27 x 10-3 Pa s and 0.00212 s-1, respectively. The BSR compared with
the SWII sample had approximately 200% the MLSS and 300% the μapp, resulting in
approximately 50% the KLa of the SWII sample, which highlighted the significant
difference between the two raw sludges.
Figure 1a and Figure 1g illustrate the morphological differences between the two
native samples. Figure 1b through Figure 1f are for blended sludge samples with
different mixture ratios. The SWII sample consisted predominantly of floc forming
organisms with a typical FI of 1, representative of very few randomly-spaced filaments
(Jenkins et al., 2004). Conversely, the BSR had a mix of floc forming and filamentous
organisms, with bridging of discrete floc by filaments. The filament concentrations of
the BSR sample were excessive and indicative of a FI of 6.
Mixtures of the SWII/BSR samples had relatively constant MLSS. The goal was
to target the existing SWII concentration to minimize the potential deleterious impacts of
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biomass MLSS on oxygen transfer. The influence of the MLSS on different parameters
can be significant. For example, the role of the mixed liquor concentration in
determining the μapp can be seen in Figure 2. Plotting the SV30 versus the μapp, a linear
increase in μapp can be observed across all SWII/BSR mixtures. However, the undiluted
BSR sample significantly deviated from this linear system response. Here, a 60%
increase in the MLSS resulted in an 80.7% increase in the μapp. When the μapp data is
normalized based on the MLSS concentration, the linear system response returns.

Table 1. Typical morphology of activated sludge floc at different mixture ratios of
Southwood II (SWII) to Bench Scale Reactor (BSR) : a) SWII, 100%; b) 20:1; c) 10:1; d)
5:1; e) 2.5:1; f) 1:1; g) BSR, 100%, without dilution. Increasing concentration of the
BSR mixed liquor results in increasing settled volume of sludge (SV), specific filament
lengths (SFL) and apparent viscosity (μapp). A concurrent decrease in the KLa-values was
observed. Values in parentheses are standard deviations.
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Figure 1. Typical morphology of activated sludge floc at different mixture ratios of
Southwood II (SWII) to Bench Scale Reactor (BSR) : a) SWII 100%, FI = 1; b) 20:1, FI
= 2; c) 10:1, FI = 3; d) 5:1, FI = 4; e) 2.5:1, FI = 5; f) 1:1, FI = 5; g) BSR 100%, FI = 6.
Increasing concentration of the BSR mixed liquor results in increasing specific filament
lengths (SFL).
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Figure 2. Increasing volume of sludge after 30 minutes of settling (SV30) is correlated to
both the a) apparent viscosity and the b) specific apparent viscosity. The apparent outlier
in figure 2a is associated with difference in the mixed liquor concentration of BSR with
respect to those of the mixed samples. Once the apparent viscosity is normalized by the
mixed liquor concentration, the deviation from the remaining data is eliminated,
revealing a linear relationship (R2 = 0.9545) between the specific apparent viscosity and
SV30. The specific filament length (SFL) is positively correlated with the: c) apparent
viscosity (R2 = 0.9240); d) specific apparent viscosity (R2 = 0.9732).
The blended samples demonstrated increasing SV30, SVI, SFL, FI, and μapp with
increasing proportions of BSR mixed liquor added to the sample. For example, data in
Table 1 demonstrates that the addition of BSR sludge to the SWII Sludge at a mixture of
20:1 (SWII:BSR) resulted in an increase of the SV30 from 100 mL L-1 associated with the
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native SWII mixed liquor to 175 mL L-1. The resulting 20:1 mixture had a SVI of 130
mL g-1. Further additions of BSR mixed liquor resulted in additional increases in both
SV30 and SVI. At the 10:1 mixture ratio, the SVI exceeded the SVI limit 150 mL g-1
associated with practical biomass-liquid separation. The SVI measurement appeared to
plateau above the mixture ratio of 2.5:1, with marginal increases observed in the SV30
values. This plateau was likely associated with the morphology of the filaments present
within the mixed liquor. In spite of increasing SFL, filament bridging of the floc matrix
was significant enough that additional filaments did not result in noticeable differences in
the settleability that was measured at the upper region of the mixture ratio range. The
observed FI conformed with the accepted protocol. Sludges with FI-values of 3 or less
(common abundance or less) were found to have reasonable settleabilities, whereas the
FI-values of greater than 3 (very common to excessive abundance) demonstrated
hindered settling.

4.2. INFLUENCE OF MORPHOLOGY ON THE APPARENT VISCOSITY
Figures 2a and 2c show the impacts of the settleability and the SFL on the μapp.
When considering only the blended samples, a generally linear, 24.6% increase in the
μapp was observed as the SFL increased from 9.61 x 106 μm g-1 to 6.88 x 107 μm g-1. This
system response highlights the impacts associated with the sludge morphology as
described by the SV30 and SFL parameters. When considering both the sludge
morphology and the MLSS impacts, a non-linear system response occurs. This nonlinear response appears to be inversely proportional to the MLSS concentrations. Once
the μapp is normalized by the MLSS, the linear system response returns, as illustrated by
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Figures 2b and 2d. This clearly demonstrates the influence of both the floc morphology
and the MLSS on the mixed liquor μapp.
Filamentous organisms tend to increase the effective hydrodynamic radii of the
sludge particles, causing an increase in the apparent viscosity which reduces the oxygen
mass transfer. It must be noted that both the SV30 and SFL parameters are indicative of
the hydrodynamic radius of the suspended particles within the mixed liquor. The SFL
may not completely encapsulate the true hydrodynamic radius as filament overlap,
resulting in enmeshment of the filaments that is difficult to detect with microscopic
imaging. The settleability may be more representative of the hydrodynamic radius of the
particles. However, the SV30 is not indicative of the ultimate hydrodynamic radius. The
SV decreases over time until an ultimate settleability is achieved. For example, Henkel
(2010) demonstrated that there is a significant difference between raw activated sludge
that has settled for 30 minutes and fixed activated sludge that is allowed to settle for 48
hr. The disparity of the difference was increasingly noticeable with an increasing MLSS
concentration. The long-term settling data is more indicative of the ultimate settleability
and the actual hydrodynamic radius of the particles in suspension. However, the use of
toxic fixation agents and the extended duration of the test make the long-term settling
tests impractical to perform.
Within the scope of this study, fixed activated sludge samples were not prepared.
However, the time series settling data for each activated sludge mixture was projected to
estimate the SVULT using Equation 11, as shown in Figure 3a.
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Figure 3. (a) Time series settleability data for blended and unblended mixed liquor
samples. Modeling was performed to fit the data to an exponential decay function of the
form y = y0 + ae-bx to identify the ultimate settleability (SVULT). (b) Apparent viscosity
(µapp) versus the ultimate settled volume of sludge (SVULT). The regression line is
described by an expanded Einstein Equation for viscosity of suspensions, having the form
μapp = 0.001(1 + k1 SVULT + k2 SVULT2), where k1 = 2.33 and k2 = 1.16 (R2 = 0.9950).
The dashed line is representative of the Einstein Equation, μapp = 0.001(1 + 2.5 SVULT),
which is good for dilute suspensions of hard spheres
The resultant relationship between the μapp and the SVULT, shown in Figure 3b,
appears to be reasonable, demonstrating a coefficient of determination, R2 = 0.9950. At
small SVULT values the μapp approaches the viscosity of the aqueous solution. With
increasing SVULT, an initial linear increase in the μapp is observed. This initial linear
relationship between μapp and the SVULT fit the theoretical plot based on the Einstein
Equation, which is shown as the dashed line in Figure 3b, using SVULT as the particle
volume fraction. Above a critical SVULT, a deviation from the linear system response
occurs as the suspended particles tend to interact and dissipate momentum energy within
the system. The observed results can be fit to an expanded Einstein Equation for
viscosity of suspension, which accounts for the system behavior at higher volume
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fractions of particles (Wagner and Woutersen, 1994). The expanded Einstein Equation
takes the form,
µ𝑎𝑝𝑝 = µ0 (1 + 𝑘1 𝜙 + 𝑘2 𝜙 2 + ⋯ ),

(14)

where µ0 is the viscosity of the pure aqueous solution (0.001 Pa s) and φ is the suspended
particle volume fraction. The k1 and k2 terms are proportionality constants that are a
function of the type of particle that is present in the solution. The k1 term is often
referred to as the intrinsic viscosity of the dispersion, which is the limiting viscosity
within the dispersion as the volume fraction of particles approaches zero and is indicative
of the particle contribution to the apparent viscosity (Hiemenz & Rajagopalan, 1997).
For example, for hard spheres that are sufficiently larger than the solution molecules, the
intrinsic viscosity is k1 = 2.5 (Macosko, 1994).
Here the SVULT, expressed as L L-1, is utilized as a surrogate for the volume
fraction. As illustrated in Figure 3b, a regression analysis of the µapp - SVULT data was
performed using Equation 13. The analysis included the native BSR results, which had a
disparate MLSS concentration. It was determined that k1 = 2.33 and k2 = 1.16 (R2 =
0.9950). The k1 is slightly less than the theoretical value of 2.5 for hard spheres;
however, it has been demonstrated that for prolate particles having a high aspect ratio, k1
may be as low as 2.0 (Jeffery & Filon, 1922). This deviation arises from the propensity
of the prolate particles to align with the flow field (Macosko, 1994).
The experimentally derived k2 term is less than the value obtained for
monodisperse and polydisperse hard spheres. Hard sphere particles are inherently rigid,
whereas the filaments and flocs are easily deformed by the flow field and particle-toparticle interactions. It might be useful to consider the k2 term from the perspective of
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long-chain, high molecular weight polymer dispersions. From the perspective, the k2
term is equal to
𝑘2 = 𝑘𝐻 𝑘12 ,

(15)

where kH is the Huggins coefficient. The Huggins coefficient for this system was
determined to be 0.21. Typically, Huggins coefficients less than 0.5 are indicative of
good solvents that will tend to increase the excluded volume of the particle in suspension
(Muthukumar & Freed, 1977).
This finding is significant, as MLSS has been generally the only consideration in
the assessment of activated sludge rheological properties (Ratkovich et al., 2013). Here it
is clearly demonstrated that the SVULT is a reasonable descriptor of the μapp with an 86%
reduction in the SVULT corresponding to a 62% concurrent decrease in the μapp. The SV30
and SVULT are generally simple values to obtain. In this study, the SVULT is primarily a
function of the sludge morphology, but it also encapsulates the MLSS concentration,
making it a useful predictor of μapp across a wide variety of conditions. Furthermore,
this finding demonstrates that even at low mixed liquor concentrations, dramatic changes
to the μapp can be observed with morphological changes to the activated sludge culture.

4.3. INFLUENCE OF MORPHOLOGICAL PARAMETERS ON OXYGEN
TRANSFER
Figure 4 shows the relationship between KLa and SVULT, SFL, and μapp,
respectively. It is obvious that the SVULT (Figure 4a) describes the oxygen transfer
performance better than the SFL (Figure 4b). As described in further detail below, the
KLa - SVULT experimental data is well described by the derived and fitted model (R2 =
0.9534). For the KLa - SFL data, there is a deviation from the linear relationship
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observed in Figure 4b (R2 = 0.8495). It is likely that the two-dimensional nature of the
acquired images results in the loss of data pertaining to the hydrodynamic radius of the
floc filament nature. As a consequence, there is increased scatter in the data.

Figure 4. Typical system response for: a) SVULT versus the KLa with solid line
described by Equation 17 (R2 = 0.9534) ; and b) the SFL versus the KLa (R2 = 0.8495);
and c) the apparent viscosity versus the KLa with solid line described by Equation 16
(R2 = 0.9850).

It is anticipated that the fundamental impact of the SVULT on the KLa is related to
the μapp of the mixed liquor. Within the scope of this study, the KLa is utilized to
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characterize oxygen mass transfer, as there is no easy way to directly quantify the gas
film resistance. However, because the gas film resistance is significantly small compared
to the liquid-side resistances due to the marginal solubility of oxygen in water, it can be
ignored. In this instance, the volumetric mass transfer coefficient is approximately equal
to the liquid-side volumetric transfer coefficient (Blanch & Clark, 1997). Fitting
Equation 10 to the experimental data yields proportionality constants B and C of 0.33 and
500, respectively. Figure 4c shows the curve fitting results (R2 = 0.9850). Equation 15 is
developed through substitution of the proportionality constant into Equation 10:

𝐾𝐿 𝑎 ≈ 𝑘𝐿 𝑎 = 500 [

𝔇𝑜2 0.5
𝑔0.5

][

[

𝑃
]
𝑉𝑅

0.85

𝜎0.9

𝜌𝐿0.3

𝜇 0.5

𝑔
] [𝜇0.75
] 𝑈𝑠𝑔

(16)

𝑎𝑝𝑝

Here the mass transfer coefficient is inversely proportional to the μapp raised to the
three-quarters power. Clearly, changes in the μapp of the mixed liquor will significantly
impact the KLa-value. Within the scope of this study, the filaments increased the
hydrodynamic radii of particles in suspension, as evidenced by the increase in the SVULT
with increasing SFL that is seen in Table 1. This increase in the SVULT resulted an
increase in the μapp as demonstrated in Figure 3b. The corresponding impact on the
measured KLa-values was significant, resulting in a 25% decrease associated with a 41%
increase in μapp.
A variance-based global sensitivity analysis was then performed to identify those
operational parameters that had the most impact on the calculated results, with the intent
of simplifying the model described by Equation 16. The Sobol Method was
implemented, in which a decomposition of model output variance is utilized to describe
variances of the input parameters and interactions between parameters (Iooss & Lemaître,
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2014; Zhang et. al., 2015). Seven input parameters associated with Equation 15 were
identified, including: 1) 𝔇O2; 2) P/VR; 3) ρL; 4) σ; 5) μg; 6) μapp; 7) and Usg. Values of
each parameter associated with the typical operating ranges for an activated sludge
process were identified and are listed in Table S2. A MATLAB implementation of the
Sobol Method was utilized to identify the Sobol Indices (Cannavó, 2012). An indices
threshold of 0.05 was utilized to identify the parameters that have significance to the
output variance in the model. As can be seen in Figure 5, the three parameters having the
most influence on the model variability were P/VR, μapp, and Usg. Based on these
findings, it can be understood that the model output is relatively invariant with respect to
changes in the remaining parameters. These parameters were subsequently grouped,
simplifying the model further as detailed in Equation 17. The P/VR and Usg terms are
related in that the reactor power input is a function of both the work performed by the
mixer and the air bubbles rising through the mixed liquor with respect to time. Because
of the universal nature of the significant parameters, it is expected that Equation 16
should be extensible to a wide variety of reactor configurations and operational
conditions with the exception of mechanically aerated processes. However, this
application limitation should not be significant, as the general industry trend is to move
away from mechanical aeration in favor of more efficient fine bubble diffused aeration.

𝐾𝐿 𝑎 ≈ 𝑘𝐿 𝑎 = 0.00261 [

[

𝑃
]
𝑉𝑅

0.85

𝑈𝑠𝑔

0.75
𝜇𝑎𝑝𝑝

]

(17)

The observed KLa results can be viewed as a corollary for the system OTE. These
results clearly demonstrate the impacts of the sludge morphology on the OTE. Equation
16 also incorporates the impact of the MLSS on the oxygen transfer vis-à-vis the KLa-
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value, when considering that the mixed liquor μapp is impacted by the MLSS and the
sludge morphology. The findings are applicable to “real-world” operations as the
experiment was performed in a controlled setting with activate sludge cultured on
domestic waste. The filaments observed have been identified as common organisms
causing bulking at municipal WWTPs in the United States.

Figure 5. Sobol sensitivity indices for 7 parameters associated with the volumetric mass
transfer coefficient model for oxygen in activated sludge. Parameters utilized in the
Sobol global sensitivity analysis were: 1) 𝔇O2, diffusivity of oxygen in water; 2) P/VR,
power input per unit volume of the reactor; 3) ρL, liquid density; 4) σ, liquid surface
tension; 5) μg, gas viscosity; 6) μapp, apparent viscosity of mixed liquor; and 7) Usg,
superficial gas velocity. Based on the Sobol global sensitivity analysis, it is apparent that
much of the variance in the model is described by the P/VR, μapp and Usg parameters. The
threshold for Sobol Indices to identify parameter significance is 0.05.

Equation 18 was developed by incorporating Equation 13 into Equation 17,
directly linking KLa and SVULT. The model prediction is plotted in Figure 4a. The model
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prediction fits the experimental data well (R2 = 0.9534).
𝐾𝐿 𝑎 ≈ 𝑘𝐿 𝑎 = 2.61 × 10−3 [

0.85
𝑃
]
𝑈𝑠𝑔
𝑉𝑅
2 )0.75
(1.02×10−3 +2.38×10−3 𝑆𝑉𝑈𝐿𝑇 +1.18×10−3 𝑆𝑉𝑈𝐿𝑇

[

]

(18)

These findings add to the currently available body of knowledge and provide
additional clarity regarding the potential causes for reported variations in alpha values
between experiments and facilities. For example, it has been identified that MLSS is
directly related to process alpha values (Henkel, 2010; Krampe & Krauth, 2003; Wagner
et al., 2002). It has been further identified that μapp is likely a better parameter to describe
changes in system alpha values (Krampe & Krauth, 2003). However, a great deal of
variance is present in the data provided in literature (Amaral et al., 2019). The presence
of filamentous organisms in an activated sludge culture is a continuum, with a marginal
concentration required to provide large stable floc (Sezgin et al., 1978). It is
hypothesized that much of the variance observed in the available alpha value data may be
related to the variation in the specific filament length and/or floc morphology. This may
never be known, as information regarding sludge morphology is seldom incorporated in
reports regarding these experiments. It must be noted that this study was limited to two
activated sludges that were blended to manipulate the morphology. Additional testing
will be necessary to further validate the model. Activated sludge morphology does not
only vary geographically, but can also vary seasonally as operating conditions change.
Long term testing at different facilities will be required to capture seasonal changes that
may occur. It is also important that when OTE or α-value results are reported, the sludge
morphology is also detailed, so that reasonable comparisons can be made between
seemingly disparate results.
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These findings have other practical implications. For example, the nature of the
reduction in OTE in submerged membrane bioreactor (MBR) systems operating at high
MLSS has been elusive and requires further study (Schwarz et al., 2006). This was
precisely due to the use of the MLSS only as a descriptor of the OTE, which neglected
the activated sludge morphology and its role in OTE. The findings of this study should
help to provide insight regarding the need for identification and optimization of activated
sludge morphology to affect improvements in oxygen transfer.

5. CONCLUSIONS

Blended activated sludge samples consisting of mixed liquor from a domestic
WWTP with low filament density and a bench scale reactor with high filament density
were utilized to assess the impacts of activated sludge morphology on the apparent
viscosity and oxygen mass transfer coefficient. Parameters measured within the scope of
the experiment included the SV30, SVI, μapp, and KLa. Key findings include:
•

Typical measures of activated sludge morphology were found to correlate quite
well with the activated sludge apparent viscosity (μapp). For example, an increase
in the SFL from 9.61 x 106 μm g-1 to 6.88 x 107 μm g-1 resulted in a 41.4%
increase in the μapp. The effects of mixed liquor suspended solids can also be
addressed by expressing μapp per unit of MLSS.

•

A new parameter, SVULT, which is estimated from available time series
settleability data, was developed and found to incorporate the effects of activated
sludge morphology and MLSS concentration on μapp. This parameter was
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correlated to an expanded form of the Einstein Equation for viscosity of
dispersions.
•

A descriptive equation was derived for the kLa, which was a function of system
operating parameters. A global sensitivity analysis revealed that P/VR, Usg, and
μapp parameters had the most influence on the kLa-value. The equation was
calibrated to available data, revealing that the kLa is inversely proportional to
μapp0.75. A 41.4% increase in the µapp resulted in a 24.6% decrease in the KLa.

•

These results provide a mechanistic basis for understanding the significant
impacts of activated sludge morphology and MLSS concentration on OTE.

SUPPLEMENTARY INFORMATION

Table S1. Dichotomous identification of predominant filamentous organism present in
the BSR sample.
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Table S2. Summary of mass transfer parameters across the range of typical process
operation.
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ABSTRACT

Surfactants have been perceived to significantly impact oxygen transfer in the aeration
tank through reduction to oxygen diffusion at the air-liquid interface. However, this
detailed study did not support this hypothesis. Lab-scale complete-mix activated sludge
reactors with SRTs of 10 d, 20 d and 40 d were used to reevaluate the impacts of a
commonly used surfactant, sodium dodecyl sulphate (SDS), on oxygen transfer. Instead
of adverse effects, a 10 mg L-1 SDS feed concentration substantially increased oxygen
transfer efficiency (OTE) by 13.1 % and 8.3 % for 10 day and 20 day SRT reactors,
respectively, and no change of OTE was observed for the 40 d SRT reactor. A 50 mg L-1
SDS feed concentration slightly increased OTE for 10 d and 20 d SRT reactors, but
decreased OTE for the 40 d SRT reactor, as compared to the feed influent without SDS.
The decrease in OTE for the 40 d SRT reactor was likely due to increases in mixed liquor
apparent viscosity and dispersed microbial growth, which increases the thickness of the
liquid film at the gas-liquid interface through which the oxygen must transfer, rather than
the impedance of oxygen diffusion by the SDS. Clean water oxygen transfer testing,
reactor effluent testing, dynamic oxygen uptake and oxygen transfer rate testing, and
system response analysis also demonstrated that the influent SDS did not impact the
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oxygen transfer performance. Results from a principal component analysis approach
confirmed that the activated sludge morphological parameters, not the SDS in the
influent, were most significant factors that impact OTE. Understanding the true effect of
surfactants is very important in developing effective strategies for sustainable operation
of wastewater treatment plants.

1. INTRODUCTION

Surfactants are commonly utilized in detergents, cleaners, cosmetics, textiles and
for industrial applications such as mining, coatings, food processing. They are slightly
soluble large organic molecules that have a strongly hydrophilic head and strongly
hydrophobic aliphatic or aromatic tail comprised of 8 to 20 carbon atoms (CowanEllsberry et al., 2014; Georgiou et al., 1992). During aeration, the hydrophobic tail
adsorbs at the gas-liquid interface and the hydrophilic head extends into the bulk solution,
forming an ordered molecular monolayer that degrades oxygen mass transfer between air
and liquid phases (Baquero-Rodr´ıguez et al., 2018).
Oxygen transfer efficiency (OTE) is an important consideration in the design and
operation of the activated sludge (AS) wastewater treatment process, which largely relies
on diffused aeration system for delivery of oxygen to the AS. The negative impact of
surfactants on oxygen transfer is generally accommodated for in the selection of an
appropriate α-value (Amaral et al., 2019), which is typically in the range of 0.4 to 0.8 for
diffused aeration and 0.6 to 1.2 for mechanical aeration when treating municipal
wastewater (Tchobanoglous et al., 2014).
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Two-phase (i.e. water and air) systems are commonly used to elucidate the
impacts of surfactants on oxygen mass transfer in the AS process. It has been reported
that surfactant molecules form lattice structures which impede the hydrogen bonding
responsible for the uniform distribution of stresses at the air-liquid interface of the
bubble, reducing surface tension, which results in smaller bubble volumes (Rosso et al.,
2006; Wagner & Popel, 1996). Smaller bubbles produce an increased specific interfacial
area, reduced bubble rise velocity and enhanced gas hold-up fraction (Jimenez et al.,
2014; Rosso & Stenstrom, 2006; Sardeing et al., 2006; Wagner & Popel, 1996), which
can improve oxygen mass transfer. However, this phenomenon is offset by a strong
decrease of the overall liquid mass transfer coefficient (Hebrard et al., 2009; Masutani &
Stenstrom, 1991; Sardeing et al., 2006; Wagner & Popel, 1996). This reduction in the
liquid-side mass transfer coefficient occurs due to diminished oxygen diffusivity caused
by an increased interfacial viscosity (Masutani & Stenstrom, 1991; Hebrard et al., 2009;
Jimenez et al., 2014), and a blocking effect imposed by the surfactant monolayer
formation (Deindoerfer & Gaden, 1955; Georgiou et al., 1992; Martín et al., 2009).
Results from experimental testing in two-phase systems have been directly
applied to three phase systems incorporating biomass, the bulk liquid and bulk gas. As a
consequence, surfactants are routinely regarded as the most significant factor impacting
oxygen transfer (Baquero-Rodr´ıguez et al., 2018; Amaral et al., 2019). It has been
hypothesized that the impacts of surfactants are more pronounced at shorter SRTs. For
example, data from full scale facilities was analyzed and it was determined that long SRT
processes generally exhibit greater OTE than their shorter SRT counterparts (Rosso et al.,
2005). This impact was thought to be associated with the ability of the long SRT
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processes to more completely degrade surfactants (Leu et al., 2012). The process α-value
was found to be negatively correlated to influent COD concentrations, which attributed to
increased surfactant loading (Leu et al., 2009). However, nearly all of these studies did
not measure the influent surfactant speciation and concentrations. For those few studies
where influent surfactant species and concentration were known, negative impacts to
oxygen transfer were either not demonstrated or not representative of real-world
operating conditions (Henkel et al., 2009; Odize et al., 2016).
The aim of this study was to identify the true effects of surfactants on the oxygen
transfer within the AS process. An anionic surfactant, sodium dodecyl sulphate (SDS),
was added to the influent wastewater feed for three laboratory scale reactors operated at
SRTs of 10 d, 20 d and 40 d. SDS was chosen for this study because it is ubiquitous in
personal care products and detergents and is a common constituent of raw municipal
wastewaters. In addition to the traditional operational and water quality parameters,
sludge morphological parameters, such as settled volume of sludge (SV), floc diameters,
specific filament length (SFL), apparent viscosity (μapp) were also measured. Advanced
statistical methods were employed to identify the nature and magnitude of any changes in
oxygen transfer associated with the treatment of the surfactant.

2. MATERIALS AND METHODS

2.1. EXPERIMENTAL SETUP
Activated sludge seed was collected from the Southeast Wastewater Treatment
Plant, located in Rolla, Missouri, USA. The seed sludge was cultured in the laboratory in
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three 31.5 L completely mixed reactors with SRTs of 10, 20 and 40 days, respectively
(Campbell et al., 2019a). A target Root mean Square (RMS) velocity gradient, G , of
150 s-1 was maintained with a six-blade Rushton turbine for all reactors. Air delivery was
achieved with a 0.61 m long Pentair Aquatic Ecosystems Bio-Weave fine bubble diffuser
hose, measured utilizing a 2.4 L min-1 variable area rotameter (Cole Parmer), and
adjusted multiple times daily to maintain a target dissolved oxygen concentration (DO) of
2 mg L-1. A 75 W thermostatically controlled submersible tank heater was installed in
each reactor to maintain temperatures at 20°C ± 1°C. Routine brushing of reactor
surfaces and weekly cleaning of chemical feed apparatus were performed to limit the
formation of biofilms.
Synthetic wastewater contained organic carbon (glucose, C6H12O6) and
ammonia-nitrogen (ammonium bicarbonate, NH4HCO3) at concentrations of 180.4 ± 9.2
mg-COD L-1 and 42.4 ± 1.71 mg-N L-1, respectively. Trace elements and buffers were
also added as previously described (Campbell et al., 2019b). The feed rate for each
reactor was maintained at 63 L d-1 utilizing a variable speed peristaltic pump having a
common pump head (Cole Parmer Masterflex Model 7553-70 with 16 mm Masterflex
Norprene tubing element), resulting in a hydraulic retention time (HRT) of 12 h for each
reactor. Batching of the wastewater was performed in a common 378 L chemical storage
tank to assure consistency of the influent wastewater characteristics between all three
reactors. To test the impact of surfactants on oxygen transfer performance within the AS
process, SDS was added to the synthetic influent to achieve concentrations of 10 and 50
mg L-1, respectively. These influent wastewater concentrations were maintained to
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assure each reactor had time to achieve steady state operation prior to steady state testing
and subsequent adjustment.
The SV and the sludge volume index (SVI) were determined according to
Standard Method 2710 B and C, respectively (APHA et al., 2000). Mixed liquor and
effluent suspended solids testing were performed in conformance with SM 2540 D
(APHA et al., 2000). Influent, effluent and mixed liquor testing was performed utilizing
Hach TNT Plus vial testing system with a Hach DR 2800 spectrophotometer: Hach TNT
822 for COD; Hach TNT 830 for ammonia-nitrogen concentrations; Hach TNT 835 for
nitrate-nitrogen; and Hach TNT 839 for nitrite-nitrogen. Influent and effluent SDS
concentrations were measured utilizing the Methylene Blue Active Substance test
protocol (Hach TNT 845). Reactor temperature and operational DO concentrations were
monitored numerous times daily utilizing a polarographic DO probe (YSI model 58 with
model 5239 probe).

2.2. PROCESS OXYGEN DEMAND AND OTE DETERMINATION
Process oxygen demand and OTE were determined as previously described (Liu
et al., 2018). The theoretical oxygen demand associated with degradation of influent
substrates was calculated based on the degree of oxidation identified by the difference in
influent and effluent concentrations. Oxygen demand for organic carbon degradation was
calculated based in Equation 1:
𝑜
𝑅𝐶𝑂𝐷 = 𝑄(𝑆𝐶𝑂𝐷
− 𝑆𝐶𝑂𝐷 ),

(1)
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where RCOD is the oxygen demand associated with organic carbon oxidation (mg d-1); Q
is the volumetric feed rate (L d-1); SoCOD is the influent COD concentration (mg L-1);
SCOD is the effluent COD concentration (mg L-1).
The oxygen demand associated with nitrification was determined based on
residual nitrogen constituents present in the effluent,
𝑅𝑁 = 4.57𝑄𝑆𝑁𝑂3− + 3.43𝑄𝑆𝑁𝑂2−,

(2)

where RN is the oxygen demand associated with nitrogen oxidation; SNO3- is the effluent
nitrate concentration (mg N L-1); and SNO2- is the effluent nitrite concentration (mg N L1

).
The routine assessment of the biomass yield was utilized to identify the biomass

production, Px,bio, which generates an oxygen credit when calculating oxygen demand
during treatment.
𝑅𝑏𝑖𝑜 = −1.42𝑃𝑥,𝑏𝑖𝑜

(3)

where Rbio is the oxygen credit associated with the net biomass production (mg d-1).
The OTE was determined as the ratio of oxygen sinks to the mass flow of oxygen
supplied to the reactor using Equation 4.
𝑂𝑇𝐸 =

𝑄(𝐶−𝐶 𝑜 )+(𝑅𝐶𝑂𝐷 +𝑅𝑁 +𝑅𝑏𝑖𝑜 )
𝑀𝑂2

,

(4)

where C is the dissolved oxygen in the effluent (mg d-1); Co is the dissolved oxygen in the
feed (mg d-1); and MO2 is the oxygen mass flow delivered to the system via aeration (mg
d-1). Note that Q (C – Cin) is relatively small and can be neglected during calculation.
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2.3. VOLUMETRIC MASS TRANSFER COEFFICIENT DETERMINATION
Clean water volumetric mass transfer coefficients were determined for each
reactor utilizing the ASCE/EWRI methodology (ASCE, 2007). Sodium sulfite was
introduced into the reactor in the presence of a cobaltous chloride catalyst to consume
residual DO. When the DO concentration was maintained less than 0.20 mg L-1 for more
than 2 minutes, the test commenced. Air was introduced into the reactor and DO was
measured with respect to time utilizing YSI DO meters calibrated for local barometric
pressure, test temperature, etc. The probe response times were routinely tested to
conform to the standard. Two DO probes were utilized for each test and the average DO
was utilized to assess the KLa by fitting the time series DO data to Equation 5 using a
least squares regression analysis,
∞
∞
𝐶 = 𝐶𝑠𝑎𝑡
− (𝐶𝑠𝑎𝑡
− 𝐶𝑜 )𝑒 −𝐾𝐿𝑎𝑡 ,

(5)

∞
where C is the measured DO at time t, mg L-1, 𝐶𝑠𝑎𝑡
is the saturation concentration oxygen

in water at the test temperature, mg L-1, Co is the initial DO concentration, t is the time at
which the DO measurement was taken after the commencement of the test, min.
Adjustments to the KLa-values were made for temperature following Equation 6,
𝐾𝐿 𝑎20 = 𝐾𝐿 𝑎𝜃 (20−𝑇) ,

(6)

where KLa20 was the volumetric mass transfer coefficient at 20 °C, θ was an empirical
temperature correction factor taken to be 1.024 and T was the test temperature °C.
All three operational reactors were initially tested with tap water prior to the
commencement of reactor operation, to obtain background oxygen transfer information
for each reactor. An additional reactor having the same geometry, diffuser configuration,
mixer, etc., as the three operational reactors was utilized for testing effluents from the
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three operational reactors to assess impacts of residual dissolved organic compounds on
oxygen transfer. Operational parameters, such as the air volumetric flow rate (Qg = 0.472
to 7.5 L m-1) and the mixing intensity ( G = 80 to 450 s-1) were varied across the full
range anticipated throughout the testing regimen. For each discrete test, the airflow rate
and mixing intensities were maintained at preselected settings for the duration of the test.
Replicate tests were performed for all experiments.

2.4. DYNAMIC OUR/OTR TESTING
Dynamic oxygen uptake rate (OUR) and oxygen transfer rate (OTR) testing was
employed to assess the biological activity of the AS in each reactor for each operational
configuration. Prior to each test, the influent feed was eliminated and the mixed liquor
sample was aerated for 3 hours. An air flow rate of 2.36 L min-1 and a mixing intensity
of G = 150 s-1 were maintained during pre-test aeration. This pre-test aeration was
performed to assure that no residual substrate or internal storage components were
present during the OUR/OTR testing that might otherwise impact the oxygen uptake
measurement during the test. The pre-test aeration period also allowed the mixed liquor
to reach a steady state prior to the commencement of testing. Once the pre-test aeration
period was complete, the air delivery system was shut off and the DO concentration was
measured with respect to time, at the same mixing intensity. The rate of change of the
DO was the oxygen uptake rate for the microbial community, which was also the
endogenous respiration rate.
𝑑𝐶
𝑑𝑡

= −𝑂𝑈𝑅

(7)
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Once the DO reached a significantly low concentration (i.e. < 0.2 mg L-1), the air
delivery system set to deliver 2.36 L min-1 compressed air to the reactor, a mixing
intensity G = 150 s-1 and the DO was monitored with respect to time. Care was taken
to obtain adequate sampling during the initial ascension portion of the DO-time curve and
to allow the system to reach a quasi-steady state condition at the end of the test. The rate
of change of the DO was then calculated, which is indicative of the OTR reduced by the
OUR,
𝑑𝐶
𝑑𝑡

∞
= 𝑂𝑇𝑅 − 𝑂𝑈𝑅 = 𝐾𝐿 𝑎(𝐶𝑠𝑎𝑡
− 𝐶) − 𝑂𝑈𝑅,

(8)

∞
where 𝐶𝑠𝑎𝑡
is the saturation DO concentration (mg L-1).

Equation 8 was fit to the data utilizing a least squares regression approach by
∞
adjusting both the KLa and 𝐶𝑠𝑎𝑡
parameters. Numerous cycles of testing were performed

without substrate and with substrate. In this manner, the endogenous OUR was directly
determined and the maximum specific substrate utilization rate can be estimated by
subtracting the endogenous OUR from the total OUR when substrates were present.
The surface of each reactor was covered with extruded polystyrene panels to
restrict the influence of the gas-liquid interface at the reactor surface on the KLa
measurement. Ammonia-nitrogen was added as a substrate at a concentration of 12.5 mg
L-1, in excess of the ammonia half velocity constant assuring a zero order reaction
kinetics for the duration of the testing.

2.5. EPS EXTRACTION
EPS was withdrawn from mixed liquor samples utilizing a heat extraction
protocol (Comte et al., 2006). Four 50 mL aliquots of mixed liquor were collected
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directly from each reactor and centrifuged at 4,000 g for 20 minutes at 4°C. The aqueous
phase containing soluble microbial product was then decanted. The biomass and
associated EPS was resuspended in 20 mL of Milli-Q water and placed in an 80°C water
bath for 10 minutes, to facilitate denaturation of proteins in the EPS and its release into
solution. The samples were then centrifuged at 15,000 g for 20 minutes at 4°C. The
dissolved EPS was then decanted from each sample vial, dried in an oven at 103°C and
the dry weight was determined utilizing standard gravimetric methods (APHA et al.,
2000). The EPS dry weight was then utilized to determine the specific EPS and EPS
concentration

2.6. FLOC SIZE AND FILAMENT LENGTH ANALYSIS
Activated sludge morphology parameters, including the arithmetic mean diameter
(d10), the surface area mean diameter (d20), the Sauter mean diameter (d32), and the
filament length, were determined utilizing previously developed protocols (Campbell et
al., 2019a). This information provides comprehensive understanding of the effect of
sludge morphology on oxygen transfer process.

2.7. VISCOSITY MEASUREMENT
Activated sludge apparent viscosity (μapp) was measured utilizing an Anton Paar
MCR 302 rheometer configured with a parallel plate test cell. The sandblasted plates
were 49.875 mm in diameter. The fixed bottom plate was temperature compensated to
maintain the sample at 20 °C. The top plate was aligned to create a gap of 1.5 times the
maximum particle diameter. This gap minimized the formation of secondary flows and
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reduced the potential for wall effects which might otherwise influence the measurement.
A shear rate of 150 s-1 was applied to the sample as it corresponded to the target mixing
intensity present in the AS reactor. The shear rate was maintained at 150 s-1 for a
duration of 15 seconds, after which it was linearly decreased from 150 s-1 to 1.0 s-1 over a
period of 100 s. The torque applied to the top plate was measured and utilized to
determine the μapp of the mixed liquor. A detailed discussion of the viscosity measure
has been provided previously (Campbell et al., 2019b).

3. RESULTS AND DISCUSSION

3.1. ACTIVATED SLUDGE PROCESS PERFORMANCE AS EFFECTS OF
INFLUENT SDS – THE OBSERVATION
Surfactant concentrations in municipal wastewater have been well characterized.
Typical influent concentrations range between 6 and 10 mg L-1, with peak concentrations
of 350 mg L-1 reported (Henkel, 2010; Liwarska-Bizukojc, 2005). Anionic surfactants
and non-ionic surfactant concentrations contained within influents to German wastewater
treatment plants (WWTPs) ranged between 6.6 – 11.9 mg L-1 and 1.1 to 3.1 mg L-1,
respectively (Wagner & Popel, 1996). Other reported influent surfactant concentrations
for facilities in Europe and the United States of America are summarized in Table 1. The
influent surfactant concentrations utilized in this study are representative of real-world
influent concentrations based on the available data.
Figure 1 shows the results for the 10 d SRT reactor operated with influent SDS
concentrations of 0.0 (control), 10.0 and 50.0 mg L-1, respectively, for an operating
period of 120 d under each influent SDS concentration. These results show the MLSS,
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OTE and effluent COD with respect to the normalized time typify the responses seen
from each reactor. Results for the 20 d and 40 d SRT reactors are provided in Figures S1
and S2 in the supplementary information. Tables S1 – S3 (supplementary information)
summarize the major operational and morphological parameters for 10 d, 20 d, and 40 d
SRT reactors, respectively. These reactors were operated under influent SDS
concentrations of 0, 10, and 50 mg L-1, respectively.

Table 1. Reported surfactant concentrations in raw municipal wastewater.
Surfactant Measured
Type
Concentrations

WWTP Location

Reference

AS

0.401 – 0.755 mg L-1

2 TF WWTPs in USA

LAS

0.95 – 3.5 mg L-1
4.37 ± 1.49 mg L-1
2.0 – 10.0 mg L-1

WWTPs in Switzerland
6 TF and 4 AS WWTP in USA
Zagreb & Velika Gorcia, Croatia

(Fendinger et al.,
1992)
(Brunner et al., 1988)
(McAvoy et al., 1998)
(Terzic et al., 2005)

AE

2.57 ± 0.91 mg L-1

6 TF and 4 AS WWTP in USA

(McAvoy et al., 1998)

AES

0.801 mg L-1

6 TF and 4 AS WWTP in USA

(McAvoy et al., 1998)

NPnEO

7 – 330 μg L-1
100 – 500 μg L-1
244 – 465 μg L-1

WWTPs in Switzerland
Zagreb & Velika Gorcia, Croatia
WWTP Rubi, Spain

(Brunner et al., 1988)
(Terzic et al., 2005)
(González et al., 2007)

TF = trickling filter
AS = activated sludge

Figure 2 summarizes the operational parameters, including MLSS, effluent COD,
d32, and OTE, of all reactors, when the influent SDS is 0, 10, and 50 mg L-1, respectively.
Figure 2a shows that the average MLSS in 10 d, 20 d, and 40 d SRT reactors with no
SDS in the influent was 724 mg L-1, 1,439 mg L-1 and 2,534 mg L-1 , respectively. For 10
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mg SDS L-1 in the influent, the MLSS in the above reactors was reduced by 12.7%,
15.2% and 8.94%, respectively. The reductions for the 10 d SRT reactor MLSS (632.1 ±
67.6) demonstrated a statistically significant difference from the control; t(25.73) = 4.65,
p = 8.66 x 10-5. A similar response was observed for the 20 d reactor (1,220.1 ± 124.9);
t(13.65) = 5.41, p = 0.0001. For the 40 d SRT reactor, a statistically insignificant
reduction in the MLSS to 2,325.7 mg L-1 was observed. For 50 mg SDS L-1 in the
influent, the average MLSS for the 10 d reactor was found to be statistically indifferent
from the control. However, the 20 d and 40 d reactors demonstrated statistically
significant differences from their control cases. The 20 d SRT reactor MLSS (1268.7 ±
86.0) remained significantly lower than the control; t(28.0) = 6.28, p = 2.33 x 10-6, and
the MLSS increased dramatically for the 40 d SRT reactor (2,869.4 ± 282.2); t(8.0) =
3.25, p = 0.0117.
Figure 2b demonstrates an 80%, 61%, and 160% increase in effluent COD
concentrations for the 10 d, 20 d and 40 d reactors, respectively, when the influent SDS
increased from 0.0 to 10.0 mg L-1. The increases in the 10 d (17.4 ± 1.1; t(10.0) = 10.72,
p = 4.90 x 10-7) and 40 d SRT (18.9 ± 0.0; t(6.18) = 21.7, p = 3.3 x 10-6) reactors were
statistically significant, whereas the increase for the 20 d reactor was not statistically
significant. With the influent SDS concentration of 50 mg L-1, the effluent COD
concentrations for the 10 d (21.4 ± 3.1; t(10.0) = 2.90, p = 1.2 x 10-7) and 20 d (18.4 ±
3.04; t(10.0) = 2.81, p = 0.0002) SRT reactors exhibited statistically significant increases
from their respective control, and constituted a 22.9% and 38.5% increase from the 10
mg L-1 influent SDS case, respectively. The effluent COD for the 40 d SRT reactor (11.6
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± 2.3; t(10.0) = 8.03, p = 9.9 x 10-8) also exhibited statistically significant increase from
its control, but constituted a 38.8 % decrease from the 10 mg L-1 influent SDS case.

a)

b)

c)

Figure 1. Summary of 10-day SRT reactor performance. a) MLSS; b) OTE; c) effluent
COD. All data is plotted versus the normalized time for direct comparison of discrete
phases of reactor operations. The dashed red line is indicative of steady state operations.
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Changes were also observed in the measured floc Sauter mean diameters, d32, as
illustrated by Figure 2c. For the 10 mg SDS L-1 influent, an increase in the d32 was
observed for the 10 d SRT reactor, but it was not statistically significant due to an
increased variance in the measurement. However, statistically significant decreases in
the d32 of 30.2 % and 33.0 % were observed for both the 20 d (445.6 ± 74.0; t(27.75) =
5.67, p = 2.42 x 10-6) and 40 d (271.0 ± 31.9; t(16.75) = 4.12, p = 1.35 x 10-8) reactors,
respectively. When the influent SDS increased to 50 mg L-1, a further 15.2% reduction in
the d32 was observed for the 20 d SRT reactor. A slight increase in the d32 for the 40 d
SRT reactor was observed, however, it was still significantly (337.24 ± 58.96; t(515) =
4.12, p = 0.0002) less than the measured d32 at 0 mg SDS L-1.
The observed fluctuations in the MLSS were deviation from an anticipated system
response. Performance predictions based on the Activated Sludge Model No. 1 indicated
that significant increases in the MLSS could be expected with the addition of SDS to the
influent, as the theoretical oxygen demand for SDS is 2.0 mg O2 per mg SDS oxidized
(Henze et al., 2000). For example, the 20 d SRT reactor was predicted to generate a
mixed liquor concentration of approximately 1,490 mg L-1 and 1,875 mg L-1 with the
addition of 10 mg SDS L-1 and 50 mg SDS L-1, respectively. However, the concurrent
increase in effluent COD was indicative of dispersed microbial growth not captured in
the MLSS measurement. Glass fiber filters utilized in tests had an apparent opening of
1.5 μm, which allowed dispersed microbial particles associated with the addition of SDS
to pass through the filters. The increased deflocculation is not without precedent, as it
was reported that projected floc areas were reduced by 30% when SDS was applied in
doses similar to those utilized in this experiment (Liwarska-Bizukojc, 2005). As a
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consequence the wasting rates utilized in the operation of the reactors to control the SRT
were not reflective of the actual operating SRT. An analysis of each reactor for the
influent SDS concentration of 10 mg L-1 revealed that the actual SRTs for each reactor
were 8.65, 16.9 and 38.4 d as opposed to the target 10, 20 and 40 d, respectively. The
same trend was realized at the influent SDS concentration of 50 mg L-1, where the actual
SRT for each reactor was determined to be 8.52, 16.3 and 41.7 d, respectively.
As indicated in Figure 2d, at 10 mg L-1 influent SDS, a statistically significant
increase in OTE of 13.1 % and 8.3 % was observed for the 10 d (3.97 ± 0.18; t(34.71) =
6.54, p = 1.55 x 10-7) and 20 d (3.97 ± 0.16; t(21.76) = 5.77, p = 5.32 x 10-6) SRT
reactors, respectively. An insignificant increase in OTE was also observed in the 40 d
SRT reactor. As the influent SDS concentration increased from 10 mg L-1 to 50 mg L-1,
reductions in the OTE were seen for all three reactors. However, the measured OTE for
10 d SRT reactor (3.56 ± 0.138; t(29.73) = 7.81, p = 0.3877) did not statistically differ
from the control and the OTE for the 20 d SRT reactor (3.74 ± 0.14; t(36.0) = 2.44, p =
0.0162) remained significantly greater than the OTE observed for the control. The 40 d
reactor did exhibit a statistically significant decrease in the OTE (3.50 ± 0.03; t(24.03) =
20.66, p = 3.1 x 10-16) compared to the control, but this was likely related to increases in
the SFL and μapp. SFL was observed to influence the hydrodynamic radius of the AS
particles, with increased SFL resulting in increased μapp, which dissipated mixing energy
and reduced oxygen mass transfer (Campbell et al., 2019a; 2019b; 2020). The OTE
performance of this reactor may have also been influenced by increased dispersed
microbial growth and cellular debris characterized by increased effluent COD and
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decreased d32 values. It is hypothesized that these particles can accumulate at the gasliquid interface, blocking mass transfer.

a)

c)

b)

d)

Figure 2. Various morphological parameters versus the influent SDS concentration: a)
MLSS; b) effluent COD; c) d32; d) OTE and AFR. Data points are representative of
mean values, with error bars indicative of standard deviations for all measurements
performed at different operational setting, as encapsulated by Tables S1, S2 and S3. A
general decrease in the MLSS observed for all reactors at all SDS feed concentrations,
with the exception of the 40 d SRT at (SDS) = 50 mg L-1, which demonstrated smaller
increase than predicted based on the associated COD. The trends in MLSS were
concomitant with increased effluent COD and reduced d32, highlighting the increased
dispersed growth caused by influent SDS addition.
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a)

b)

Figure 3. a) SV30 Vs OTE; b) μapp Vs OTE. Many of the observed system responses are
as previously reported (Campbell et al., 2019a; 2019b). The comingling of surfactant and
non-surfactant data highlights the lack of impact imposed by the surfactant on oxygen
transfer in activated sludge process operated at varying SRTs

3.2. EFFECTS OF ACTIVATED SLUDGE MORPHOLOGY ON OTE
Direct experimental observation suggested that SDS in the influent could increase
OTE in most cases. This observation does not support the perception that influent
surfactants negatively impact oxygen transfer through diminished oxygen diffusion at the
air-liquid interface. Figure 3 shows relationships between OTE and SV30 (%), and
between OTE and μapp for all reactors operated under all experimental influent SDS
concentrations. Figure 3a demonstrates no difference between the OTE values obtained
under different influent SDS conditions. Instead, the sludge settleability is more relevant
to the OTE. Furthermore, Figure 3b demonstrates no difference between OTE values
obtained under different influent SDS conditions. The μapp, not the influent SDS,
determines the OTE. It should be noted that both the and SV30 (%) and μapp are
determined by the morphological properties of the sludge (Campbell et al., 2019a;
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2019b). As a result, the AS morphology parameters, especially the inter-related
parameters such as sludge settleability, debris fraction, and filament content, impacted the
oxygen transfer through apparent viscosity that increased the mixing energy dissipation
rate (Campbell et al., 2020). There is no evidence that the influent SDS directly impacts
OTE.

3.3. DYNAMIC OTR/OUR TEST
A series of tests were performed to assess the KLa at different stages of operation,
to further determine if the influent SDS resulted in a degradation of oxygen transfer at the
air-liquid interface during the aeration. Clean water oxygen transfer testing was
performed prior to the commencement of reactor operations with AS to establish a
control for comparison. Then, dynamic OUR/OTR testing for AS was performed under
the same mixing and volumetric gas flowrate conditions using cultivated mixed liquor
samples to facilitate direct comparisons between the two cases. Reactors with SRTs of
10 and 40 d were used. The mixed liquors in these reactors were cultivated under 0 mg
L-1 and 50 mg L-1 influent SDS conditions, respectively. Oxygen transfer performance
was assessed for endogenous respiration and ammonia oxidation to identify the any
influences associated with an added biochemical reaction.
Figure 4a shows the experimental data. In all cases, the clean water tests
demonstrated the highest KLa-values, with the 10 d and 40 d reactors demonstrating
measured KLa-values of 2.58 x 10-3 and 2.30 x 10-3 s-1, respectively. For the mixed liquor
under endogenous respiration condition, a reduction in the KLa-value was observed. For
example, the KLa-values for the 10 d and 40 d reactors were found to be 1.45 x 10-3 s-1
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and 1.46 x 10-3 s-1, respectively for an influent SDS of 0 mg L-1. The observed ratio in
bulk liquid apparent viscosity between the dynamic testing and the clean water testing
was 1.88 and 3.05 for the 10 d and 40 d reactors, respectively. It is likely that the solid
particles in the bulk liquid increased the apparent viscosity of the bulk liquid and also
blocked the bubble interfacial area, reducing mass transfer. Figure 4a also shows that the
endogenous KLa values for the AS cultivated with the influent SDS of 50 mg L-1 was
similar to their respective controls. Therefore, influent SDS did not significantly impact
the oxygen transfer performance in the reactor.
Figure 4a also demonstrate that, as the biochemical reaction rate was increased
through the addition of ammonia-nitrogen, the KLa-values increased to 2.46 x 10-3 s-1 and
1.96 x 10-3 s-1 for the 10 d and 40 d SRT, respectively, cultivated without SDS in the
influent. The α-value associated with the maximized AOB reaction were approximately
0.96 and 0.85, respectively. The AS cultivated with 50 mg L-1 influent SDS exhibited
similar KLa values compared to their respectively controls, further emphasizing the
absence of any direct influence of SDS on oxygen transfer .
Figure 4b shows the KLa results tested using clean water, reactor effluents, and
clean water dosed with SDS of 1 and 5 mg L-1, respectively. Reactor effluents were
collected for various influent surfactant concentrations (0, 10 and 50 mg L-1) for all
reactors. No differences were observed between clean water and reactor effluents. For
clean water spiked with SDS at varying concentrations (1 and 5 mg L-1), a decrease in
KLa with increasing surfactant concentration was observed. In both cases statistically
significant reductions in the measured KLa-values were observed, which agrees with
previous studies (Wagner & Popel, 1996).
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a)

b)

Figure 4. a) Oxygen mass transfer testing performed for clean water, activated sludge
with influent SDS concentration of 0 mg L-1 and activated sludge with SDS influent
concentrations of 50 mg L-1. In all cases the measured volumetric mass transfer
coefficient, KLa-value, was the greatest for the clean water system. With the addition of
activated sludge to the reactor with an influent SDS concentration of 0.0 mg L-1 a
reduction in the KLa-value occurred, as described by the α-value which varied between
0.56 and 0.64 for endogenous respiration and 0.85 and 0.96 for ammonia oxidation for
the SRT = 10 d and 40 d reactors, respectively. Influent SDS concentrations had no
observable effect on the KLa-values and associated α-values. b) Oxygen transfer
efficiency testing with clean water, reactor effluent and clean water dosed with surfactant.
Reactor effluent was collected for various influent surfactant concentrations (0, 10 and 50
mg L-1). No significant differences were observed for the testing result. For clean water
spiked with surfactant at varying concentrations (1 and 5 mg L-1), a decrease in the
volumetric mass transfer coefficient with increasing surfactant concentration.
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Because the addition of surfactants did not reduce the OTE, but rather affected the
floc morphology, it is anticipated that the SDS was quickly adsorbed to the biomass upon
entering the reactor, effectively removing it from the bulk solution. The surfactant was
then degraded biologically, and in some instances, causing an increase in the biomass
concentration. The interpretation of rapid adsorption of the surfactant to the biological
floc and its biodegradation have been reported. For example, Rittmann et al. (2001)
demonstrated that sorption and biodegradation were important phenomena facilitating the
removal of hydrophobic compounds with a biological treatment process. Large
partitioning coefficients for LAS have been identified for primary sludge (Kd = 13,211 L
kg-1) and conventional AS (Kd = 13,316 L kg-1) with SRTs ranging between 10 d and 75
d, highlighting the strong affinity of the surfactant to adsorb to biological floc (Gori et al.,
2010).

3.4. SYSTEM RESPONSE ANALYSIS
This system response can be better understood by a non-dimensional analysis of
∗
∗)
∗
Equation 8, where 𝜓 = 𝐶 ⁄𝐶∞
, 𝐷𝑎 = (𝑞𝑂2 𝑋)⁄(𝐾𝐿 𝑎𝐶∞
, and 𝜏 = (𝑞𝑂2 𝑋𝑡)⁄𝐶∞
.

Algebraic manipulation and substitution of the non-dimensional terms allows the
integration of the equation, yielding
𝜓 = [1 − 𝐷𝑎][1 − 𝑒 −𝜏⁄𝐷𝑎 ]..

(9)

Figure 5 describes the non-dimensional concentration, ψ, with respect to the
observed Damkohler number, Da. The Da is representative of the ratio between the
maximum observed reaction rate to the maximum observed volumetric mass transfer rate.
When Da < 1, the system is reaction limited and the biochemical reaction rate dictates the
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observed mass transfer rate. When Da >1, the system is mass transfer limited and the
mass transfer rate dictates the observed chemical reaction rate. As can be seen in Figure
5, when the Da is small, the ψ increases rapidly with τ and achieves a high pseudo-steady
state ψ∞. As the Da increases, the rate of change of ψ and the pseudo-steady state ψ∞
decreases, until at Da = 1, no change in ψ occurs. In light of this analysis, it can be
identified that the KLa-values determined by clean water OTE testing represent the
maximum obtainable mass transfer occurring in a system. As biomass is added to the
clean water, the Da is generally less than 1.0, indicating that the system is reaction
limited. As the biochemical reaction rate increases, the Da also increases, resulting in
increased observed mass transfer rates. Once the biochemical reaction rate produces a Da
= 1.0, typified by an α = 1.0, the system will become mass transfer limited, requiring
either an increase in applied mixing energy or an increase in the volumetric gas flowrate
to increase the maximum obtainable mass transfer occurring in a system.
The observed dynamic OUR/OTR testing results, typified by increased KLavalues with the increase in OUR, confirm that the Da < 1.0 for all tests performed. It is
interesting to note, the α-values associated with the maximized AOB reaction are nearly
unity, suggesting that further increases in the reaction rate, caused by an increase in
active biomass or the imposition of a heterotrophic bacteria oxygen demand, might result
in a transition of the system from a reaction limited regime to a mass transfer limited
regime. If this were to occur, additional mixing energy or volumetric gas flowrate inputs
into the reactor would be required to cause further increases in the KLa-values. This
finding may explain why the initial section of tanks in plug flow reactors or high COD
loading appears to impede oxygen transfer, as high biochemical reaction rates outstrip
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available mass transfer capacity, necessitating an increase in airflow rate to compensate.
This phenomenon may be difficult to account for in online, in-process OTE testing.

Figure 5. Dimensionless concentration, ψ, versus the dimensionless time, τ, for various
Damkohler numbers, Da. The observed system response is for the dynamic OUR/OTR
𝑑𝐶
∞
testing where the DO can be described by 𝑑𝑡 = 𝑂𝑇𝑅 − 𝑂𝑈𝑅 = 𝐾𝐿 𝑎(𝐶𝑠𝑎𝑡
− 𝐶) − 𝑂𝑈𝑅.

The non-dimensional form of this equation is 𝜓 = [1 − 𝐷𝑎][1 − 𝑒 −𝜏⁄𝐷𝑎 ], where 𝜓 =
∗
∗)
∗
𝐶 ⁄𝐶∞
, 𝐷𝑎 = (𝑞𝑂2 𝑋)⁄(𝐾𝐿 𝑎𝐶∞
, and 𝜏 = (𝑞𝑂2 𝑋𝑡)⁄𝐶∞
. The AS process is typically
reaction limited, typified by Da < 1.0. As a consequence, increases in the reaction rate
will result in increases in the observed rate of mass transfer. A physical system limit
occurs at Da = 1.0, where the biochemical reaction rate is in equilibrium with the mass
transfer rate. Further increases in the Da will necessitate increases in the mixing energy
or volumetric gas flowrate inputs to cause an increase in the overall mass transfer rate

3.5. PRINCIPAL COMPONENT ANALYSIS
To further identify real factors affecting OTE, a principal component analysis
(PCA) was performed on the collected operational data. To facilitate the PCA, the
dataset was mean centered and normalized by the variable standard deviation (Jackson,
1991; Tomita et al., 2002). This approach was necessary to accommodate for disparate
units of measurement between factors. The resultant covariance matrix was then
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decomposed into eigenvectors and eigenvalues, with the eigenvectors being indicative of
a loading factor and the eigenvalues representative of the characteristic variances.
Principal components were then determined. A SREE analysis, a graphical method for
identifying differences between characteristic roots of the covariance matrix, identified
three or four principal components as being critical to the description of system variance
(Jackson, 1991). A broken limb analysis identified the first three principal components
(PCs) as being significant (Jackson, 1991). The first three PCs explained 83% of the total
system variance.
PC number 1 (PC1), as illustrated in Figure 6a, described 45.9% of the total
system variance, demonstrating that the measured morphological parameters (MLSS,
SV30, SFL, EPS) and F M-1 had the most influence on the OTE. MLSS was positively
correlated to the OTE whereas the SV30, SFL, EPS and F M-1 were negatively correlated
to OTE. The SV30 and SFL are inter-related as the SV30 is a measure of the floc-filament
hydrodynamic radii and the SFL tends to increase the hydrodynamic radii as it increases.
Positive correlation between the EPS and the F M-1 and the SFL follow trends that were
previously reported (Campbell et al., 2019a; 2019b). The opposite signs of the MLSS
and F M-1 coefficients are indicative of the SRT, with low SRT corresponding to small
MLSS and large F M-1 and visa-versa.
The second PC (PC2), shown in Figure 6b, demonstrated that the air flow rate
(AFR) and the μapp were negatively correlated with the OTE, describing 21.3% of the
total system variance. This was likely due to the reduced OTE associated with increases
in the μapp necessitating increases in the AFR to maintain the desired operation DO
setting. As was previously demonstrated, the μapp is inversely proportional to the
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volumetric mass transfer coefficient (Campbell et al., 2019a; 2020). The influence of the
SDS is seen here but is likely associated with the increased concentration of cellular
debris and deflocculated microbial mass which affects the μapp and can accumulate at the
gas-liquid interface, reducing the available specific interfacial area for mass transfer.

a)

b)

c)

Figure 6. Principal components for surfactant-OTE data set. a) Principal component 1
describes 45.9 % of the total observed variance and demonstrates that sludge
morphological parameters (MLSS, SV30, SFL, EPS) as well as process loading tend to
contribute significantly. b) Principal component 2 describes 21.3% of the total observed
variance and highlights the AFR and apparent viscosity effects on the system and
negative correlation with OTE. c) Principal component 3 describes 16.2% of the total
system variance and illustrates the negative impact of surfactant concentration on the floc
diameter and the apparent viscosity.
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The third PC (PC3), shown in Figure 6c, illustrated a strong negative correlation
between the SDS concentration and the d32 and a strong positive correlation between the
SDS concentration and the OTE. PC3 encapsulated 16.2% of the total system variance.
The PC3 further supports the hypothesis regarding the interactions with SDS in the
system and their potential influence on the OTE. Here the SDS concentration and d32
values are negatively correlated, indicating that increases in the SDS result in decreased
d32. This decrease in d32 is indicative of greater cellular debris formation, negatively
impacting oxygen transfer.
To date, many experimental tests have been performed which are based on two
phase air-water systems. The results from these experiments are valid and directly
applied to AS systems with the assumption that effects of influent COD on OTE are
caused by surfactant accumulation at the gas liquid interface. However, this assertion is
rarely backed by experimental data showing the speciation and/or concentrations of
surfactants in the influent. Furthermore, testing that does show negative correlations
between OTE and surfactant loadings in AS was fundamentally flawed, not representing
“real-world” three phase conditions (Odize et al., 2016). This traditional “mechanistic
understanding” of surfactant impacts on OTE completely disregards the absorptive
capacity of the AS biomass and its ability to metabolize surfactants before accumulation
at the gas liquid interface. Based on the observations within the scope of this work, we
can conclude that at a low surfactant loading, the OTE is actually enhanced. At high
surfactant loading, it is likely that increased µapp and cellular debris was responsible for
degradations in the OTE. It is hypothesized that the deflocculated debris and biomass
accumulated at the gas-liquid interface, blocking it and resulting in a reduction in the
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specific interfacial area available for mass transfer. This hypothesis is not without
precedent (Henkel et al., 2009). Furthermore, available experimental evidence seems to
identify particulate, slowly biodegradable COD as negatively influencing oxygen mass
transfer (Odize et al., 2016). The role of biomass and cellular debris at the gas-liquid
interface must be qualified and quantified to provide a holistic picture of oxygen mass
transfer in AS. It is only when this is done that refined design methodologies can be
developed.

4. CONCLUSIONS

This study investigated the impacts of surfactants on oxygen transfer in lab scale
complete mix AS reactors operated in 10 d, 20 d and 40 d SRTs. Results indicated that,
(a) A 10 mg L-1 SDS feed concentration increased OTE for the 10 d and 20 d
reactors, did not change the OTE for the 40 d SRT reactor. At 50 mg L-1 SDS feed
concentration, the OTEs for the 10 d and 20 d reactors were equal to or greater than their
respective control. The 40 d SRT reactor exhibited a decrease in OTE, but this was likely
due to the increased SFL and μapp. Further examination of the operational data
demonstrated that the OTE is determined by the sludge morphological parameters, such
as SV30 and apparent viscosity, rather than the influent surfactant concentration.
(b) Dynamic OUR/OTR testing and effluent oxygen transfer testing confirmed no
impact from the influent SDS on the oxygen transfer performance in the reactor. In
addition, the AS process was found to be reaction limited, embodied in Damkohler
numbers, Da, less than unity. Increases in the biochemical reaction rate enhanced the
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observed Da to a limit of 1.0, beyond which increases in mixing energy input or
volumetric gas flowrate must occur to eliminate mass transfer limitations.
(c) A principal component analysis identified SRT and AS morphological
parameters as being the most significant indicator of process variance, describing well
changes that occur in the OTE. While the SDS did show direct impact on OTE, it was
generally indicative of the increased organic loading on the process and not impedance of
the oxygen mass transfer process.

Table S1. Summary of selected operational and morphological parameters for SRT = 10 d at 0, 10 and 50 mg L-1
surfactant addition. Student’ s t-test results are shown, assuming an upaired, double-tailed distribution with a
significance level, α = 0.05
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SUPPLEMENTARY INFORMATION

Table S2. Summary of selected operational and morphological parameters for SRT = 20 d at 0, 10 and 50 mg L-1
surfactant addition. Student’ s t-test results are shown, assuming an upaired, double-tailed distribution with a
significance level, α = 0.05
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Table S3. Summary of selected operational and morphological parameters for SRT = 40 d at 0, 10 and 50 mg L-1
surfactant addition. Student’ s t-test results are shown, assuming an upaired, double-tailed distribution with a
significance level, α = 0.05
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Figure S1. Summary of Reactor performance for SRT = 20 d: a) MLSS; b) OTE; c)
effluent COD. All data is plotted versus the normalized time for direct comparison of
discrete phases of reactor operations. The dashed line is indicative of steady state
operations.

212

Figure S2. Summary of Reactor performance for SRT =40 d: a) MLSS; b) OTE; c)
effluent COD. All data is plotted versus the normalized time for direct comparison of
discrete phases of reactor operations. The dashed line is indicative of steady state
operations.

213
REFERENCES

Amaral, A., Gillot, S., Garrido-Baserba, M., Filali, A., Karpinska, A.M., Plósz, B.G., De
Groot, C., Bellandi, G., Nopens, I., Takács, I., Lizarralde, I., Jimenez, J.A., Fiat,
J., Rieger, L., Arnell, M., Andersen, M., Jeppsson, U., Rehman, U., Fayolle, Y.,
Amerlinck, Y. and Rosso, D. (2019) Modelling gas–liquid mass transfer in
wastewater treatment: when current knowledge needs to encounter engineering
practice and vice versa. Water Sci Technol 80(4), 607-619.
APHA, AWWA and WEF (2000) Standard Methods for Examination of Water and
Wastewater, 20th Ed.
ASCE (2007) ASCE/EWRI 2-06: Measurement of Oxygen Transfer in Clean Water,
American Society of Civil Engineers, Reston, VA.
ASTM (2015) Standard Practice for Determining Data Criteria and Processing for Liquid
Drop Size Analysis.
Baquero-Rodr´ıguez, G.A., Lara-Borrero, J.A., Nolasco, D. and Rosso, D. (2018) A
Critical Review of the Factors Affecting Modeling Oxygen Transfer by Fine-Pore
Diffusers in Activated Sludge. Water Environ Res 90, 431-441.
Brunner, P.H., Capri, S., Marcomini, A. and Giger, W. (1988) Occurrence and behaviour
of linear alkylbenzenesulphonates, nonylphenol, nonylphenol mono- and
nonylphenol diethoxylates in sewage and sewage sludge treatment. Water Res
22(12), 1465-1472.
Campbell, K., Wang, J. and Daniels, M. (2019a) Assessing activated sludge morphology
and oxygen transfer performance using image analysis. Chemosphere 223, 694703.
Campbell, K., Wang, J. and Daigger, G.T. (2020) Filamentous organisms degrade oxygen
transfer efficiency by increasing mixed liquor apparent viscosity: Mechanistic
understanding and experimental verification. Water Res 173, 115570.
Campbell, K., Wang, J., Liu, G. and Daigger, G. (2019b) Activated Sludge Morphology
Significantly Impacts Oxygen Transfer at the Air-Liquid Boundary. Water
Environment Research 91(6), 500-509.
Comte, S., Guibaud, G. and Baudu, M. (2006) Relations between extraction protocols for
activated sludge extracellular polymeric substances (EPS) and EPS complexation
properties: Part I. Comparison of the efficiency of eight EPS extraction methods.
Enzyme and Microbial Technology 38(1–2), 237-245.

214
Cowan-Ellsberry, C., Belanger, S., Dorn, P., Dyer, S., McAvoy, D., Sanderson, H.,
Versteeg, D., Ferrer, D. and Stanton, K. (2014) Environmental Safety of the Use
of Major Surfactant Classes in North America. Critical Reviews in Environmental
Science and Technology 44(17), 1893-1993.
Deindoerfer, F.H. and Gaden, E.L. (1955) Effects of Liquid Physical Properties on
Oxygen Transfer in Penicillin Fermentation. Applied Microbiology 3(5), 253-257.
Eckenfelder, W.W. and Barnhart, E. (1961) The Effect of Organic Substances on the
Transfer of Oxygen from Air Bubbles in Water. AIChE Journal 7(4), 631-634.
Fendinger, N. J., Begley, W. M., McAvoy, D. C., and Eckhoff, W. S. (1992).
Determination of alkyl sulfate surfactants in natural waters. Environ. Sci.
Technol., 26(12), 2493–2498.
Georgiou, G., Lin, S.-C. and Sharma, M.M. (1992) Surface-Active Compounds from
Microorganisms. Biotechnology 10, 60-65.
González, S., Petrovic, M. and Barceló, D. (2007) Removal of a broad range of
surfactants from municipal wastewater – Comparison between membrane
bioreactor and conventional activated sludge treatment. Chemosphere 67(2), 335343.
Gori, R., Cammilli, L., Petrovic, M., Gonzalez, S., Barcelò, D., Lubello, C. and Malpei,
F. (2010) Fate of Surfactants in Membrane Bioreactors and Conventional
Activated Sludge Plants. Environmental Science & Technology 44(21), 82238229.
Grady, J., C.P. Leslie, Daigger, G.T., Love, N.G. and Filipe, C.D.M. (2011) Biological
Wastewater Treatment, Third Edition, CRC Press, Boca Raton.
Hebrard, G., Zeng, J. and Loubiere, K. (2009) Effect of surfactants on liquid side mass
transfer coefficients: A new insight. Chemical Engineering Journal 148(1), 132138.
Henkel, J. (2010) Oxygen Transfer Phenomena in Activated Sludge, Technical
University of Darmstadt.
Henkel, J., Lemac, M., Wagner, M. and Cornel, P. (2009) Oxygen transfer in membrane
bioreactors treating synthetic greywater. Water Res 43(6), 1711-1719.
Henze, M., Gujer, W., Mino, T. and Van Loosdrecht, M.C.M. (2000) Activated sludge
models ASM1, ASM2, ASM2d and ASM3, International Association on Water
Quality, 2000.

215
Jackson, J.E. (1991) A user's guide to principal components, John Wiley & Sons, Inc.,
New York.
Jimenez, M., Dietrich, N., Grace, J.R. and Hébrard, G. (2014) Oxygen mass transfer and
hydrodynamic behaviour in wastewater: Determination of local impact of
surfactants by visualization techniques. Water Res 58, 111-121.
Leu, S.-Y., Chan, L. and Stenstrom, M.K. (2012) Toward Long Solids Retention Time of
Activated Sludge Processes: Benefits in Energy Saving, Effluent Quality, and
Stability. Water Environment Research 84(1), 42-53.
Leu, S.-Y., Rosso, D., Larson, L.E. and Stenstrom, M.K. (2009) Real-Time Aeration
Efficiency Monitoring in the Activated Sludge Process and Methods to Reduce
Energy Consumption and Operating Costs. Water Environment Research 81(12),
2471-2481.
Liu, G., Wang, J. and Campbell, K. (2018) Formation of filamentous microorganisms
impedes oxygen transfer and decreases aeration efficiency for wastewater
treatment. Journal of Cleaner Production 189, 502-509.
Liwarska-Bizukojc, E. (2005) Application of Image Analysis Techniques in Activated
Sludge Wastewater Treatment Processes. Biotechnology Letters 27(19), 14271433.
Martín, M., Montesb, F.J. and Galánb, M.A. (2009) Theoretical modelling of the effect of
surface active species on the mass transfer rates in bubble column reactors.
Chemical Engineering Journal 155, 272-284.
Masutani, G.K. and Stenstrom, M.K. (1991) Dynamic Surface Tension Effects on
Oxygen Transfer. Journal of Environmental Engineering 117(1), 126-142.
McAvoy, D.C., Dyer, S.D., Fendinger, N.J., Eckhoff, W.S., Lawrence, D.L. and Begley,
W.M. (1998) Removal of alcohol ethoxylates, alkyl ethoxylate sulfates, and linear
alkylbenzene sulfonates in wastewater treatment. Environmental Toxicology and
Chemistry 17(9), 1705-1711.
Odize, V., Novak, J., Al-Omari, A., Rahman, A., Rosso, D., Murthy, S. and De
Clippeleir, H. (2016) Impact of Organic Carbon fractions and Surfactants on
Oxygen Transfer Efficiency, New Orleans, LA.
Rittmann, B.E., Tularak, P., Lee, K.C., Federle, T.W., Itrich, N.R., Kaiser, S.K., Shi, J.
and McAvoy, D.C. (2001) How adaptation and mass transfer control the
biodegradation of linear alkylbenzene sulfonate by activated sludge.
Biodegradation 12(1), 31-37.

216
Rosso, D., Huo, D.L. and Stenstrom, M.K. (2006) Effects of interfacial surfactant
contamination on bubble gas transfer. Chemical Engineering Science 61(16),
5500-5514.
Rosso, D., Iranpour, R. and Stenstrom, M.K. (2005) Fifteen years of offgas transfer
efficiency measurements on fine-pore aerators: key role of sludge age and
normalized air flux. Water Environ Res 77(3), 266-273.
Rosso, D. and Stenstrom, M.K. (2006) Surfactant effects on α-factors in aeration systems.
Water Res 40(7), 1397-1404.
Sardeing, R., Painmanakul, P. and Hébrard, G. (2006) Effect of surfactants on liquid-side
mass transfer coefficients in gas–liquid systems: A first step to modeling.
Chemical Engineering Science 61(19), 6249-6260.
Tchobanoglous, G., Stensel, H.D., Tsuchihashi, R., Burton, F., Abu-Orf, M., Bowden, G.
and Pfrang, W. (2014) Wastewater Engineering: Treatment and Resource
Recovery, McGraw Hill Education.
Terzic, S., Matosic, M., Ahel, M. and Mijatovic, I. (2005) Elimination of aromatic
surfactants from municipal wastewaters: comparison of conventional activated
sludge treatment and membrane biological reactor. Water science and technology
51(6-7), 447-453.
Tomita, R., Park, S. and Sotomayor, O.A.Z. (2002) Analysis of activated sludge process
using multivariate statistical tools - a PCA approach. Chemical Engineering
Journal 90, 283-290.
Wagner, M. and Popel, H.J. (1996) Surface Active Agents and Their Influence on
Oxygen Transfer. Water Sci Technol 34(3-4), 249-256.

217
V. MODELING FILAMENT-FLOC-BUBBLE INTERACTIONS AND THEIR
IMPACTS ON OXYGEN TRANSFER IN AN ACTIVATED SLUDGE
PROCESS

Ken Campbell1, Jianmin Wang1
1

Department of Civil, Architectural and Environmental Engineering, Missouri University
of Science and Technology, Rolla, Missouri, USA.

ABSTRACT

The aeration tank of an activated sludge process can be modeled as a three-phase
slurry reactor that includes air, water and solid biomass. The oxygen transfer
performance at the air-water interface is the determining factor for energy efficiency and
overall operational cost. Sludge particles can accumulate at the gas-liquid interface to
enhance or block oxygen mass transfer, and the air-particle agglomeration is dependent
on the surface characteristics of the sludge particles. In this work we developed a model
to quantify the oxygen mass transfer process by including the effects of filamentous and
floc forming organisms at both the gas-liquid interface and in the bulk solution based on
the resistance-in-series principle. The model was verified utilizing steady state
experimental data for complete-mix activated sludge reactors operating at SRT = 10 d, 20
d, 40 d, respectively. Based on modeling results, the oxygen mass transfer enhancement
factor, E, for each reactor was 0.63, 0.92 and 0.83. Filaments and flocs present at the
gas-liquid interface reduce the overall oxygen transfer rate by reducing the specific
interfacial area available for mass transfer. The combined effect of both apparent
viscosity (impact the interface refreshment and air bubble size) and the filament-floc
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blocking accounts for 44%, 20% and 22% reductions in the overall oxygen mass transfer
rate for experimental complex-mix reactors of 10 d, 20 d, and 40 d, respectively.
Keywords: Activated sludge; oxygen mass transfer; resistance in series model;
volumetric mass transfer coefficient; oxygen transfer efficiency.

1. INTRODUCTION

Three-phase slurry reactors are relatively ubiquitous in chemical reactor
engineering. They generally consist of a gas that is bubbled through a bulk liquid
containing catalyst pellets. The gas is one component of a desired chemical reaction.
Gas must diffuse from the bulk gas phase to the solid catalyst, through the bulk liquid
phase. The chemical reaction occurs on and within the catalyst particle. Mass transfer
within these systems has been modeled utilizing a resistance-in-series (RIS) approach,
allowing the quantification of mass transfer resistances associated with each discrete
phase (Fogler, 2016; Beenackers & Swaaij, 1993). The overall reaction rate is related to
the total resistance to mass transfer. Once the location of the controlling mass transfer
resistance is known, the system can be optimized to enhance the observed volumetric
reaction rate.
Catalyst particles within a slurry reactor are prone to collect at the gasliquid interface, especially if the particle has lyophobic surface properties (Vinke et al.,
1991a; 1991b). The presence of the catalyst particles at the gas liquid interface has been
shown, in some instances, to enhance mass transfer (Beenackers & Swaaij, 1993; Ruthiya
et al., 2003; Wenmakers et al., 2016). The degree of enhancement is described by the
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magnitude of an enhancement factor, E, which is the ratio of the observed reaction rate
with particles to the reaction rate in the absence of particles. Several different
enhancement mechanisms have been identified, including: boundary layer mixing;
shuttling; bubble coalescence inhibition; and boundary layer reactions (Beenackers &
Swaaij, 1993; Ruthiya et al., 2003). For the boundary layer mechanism, the catalyst
particle enters the stagnant liquid layer surrounding the bubble, inducing turbulence
which increases the refreshment rate of the liquid at the bubble surface and subsequently
the mass transfer. Shuttling occurs when the particle enters the stagnant liquid boundary,
where dissolved gas adsorbs to the particle before it passes back into the bulk solution,
effectively carrying the dissolved gas with it. The boundary layer reaction effect occurs
when the catalyst particle enters into the boundary layer and the chemical reaction occurs
in in the presence of dissolved gas at higher concentrations than present in the bulk
solution, enhancing the reaction and mass transfer.
A degradation to the anticipated mass transfer characteristics of the system can
also occur, which is indicative of an enhancement factor less than unity. Several
degradation mechanisms have been identified. For example, it has been proposed that
hydrophobic particles can accumulate at the gas-liquid interface, reducing the effective
interfacial area available for mass transfer (Beenackers & Swaaij, 1993; Garcia-Ochoa et
al., 2010; Mena et al., 2011; Ferreira et al., 2010; Özbek and Gayik, 2001; Littlejohns &
Daugulis, 2007). It has also been suggested that the presence of particles in solution can
result in coalescence of bubbles which can reduce the interfacial area available for mass
transfer (Özbek & Gayik, 2001; Littlejohns & Daugulis, 2007). Furthermore, it is
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possible that surface properties of the particles can affect the gas-liquid particle interface,
changing the diffusivity of the absorbate.
Activated sludge wastewater treatment processes are three phase reactors
similar to slurry reactors. Microbes are cultivated in water with organic carbon, nitrogen
and other nutrients present in the influent wastewater and oxygen introduced as air
bubbles at the bottom of the reactors. Air must transfer from the gas phase through gasliquid interface into the bulk solution, from the bulk solution to the microbial floc surface
and subsequently diffuse through the floc to the site of reaction. Here the biological
filament-floc matrix is analogous to a catalyst particle typically utilized in slurry reactors.
Mass transfer within the activated sludge process is critical to maintaining both the
treatment performance and minimizing the overall energy demand of the system.
Oxygen must be present in adequate concentrations within aerobic systems to maintain
optimal removal of contaminants. However, poor oxygen transfer can result in degraded
removal efficiencies and increased energy demand (Garrido-Baserba et al., 2017).
To date, much of the research that has been performed regarding oxygen
transfer in activated sludge systems has centered on external environmental and physical
phenomenon associated with activated sludge air delivery systems (Baquero-Rodr´ıguez
et al., 2018). For example, mixed liquor temperature, reactor geometry, diffuser
geometry and type, and diffuser fouling have all been demonstrated to impact oxygen
transfer, and therefore, the design of air delivery systems. Furthermore, it has been
hypothesized that surface active agents and/or soluble microbial products have a
deleterious impact on oxygen transfer as a result of changes to the viscosity of the gasliquid interface (Rosso et al., 2006; Wagner & Popel, 1996). It has been demonstrated
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that oxygen transfer efficiencies increase with increasing SRT, which was hypothesized
to be a result of enhanced degradation of more recalcitrant dissolved organic species
which might otherwise collect at the gas liquid interface and impede oxygen transfer (Leu
et al., 2012). The oxygen transfer within an activated sludge process is generally
described on the basis of an alpha (α) factor which is a ratio of the volumetric mass
transfer coefficients in process water to clean water (Tchobanoglous et al., 2014). A
great deal of variance in reported α-factors has been reported, revealing an inherent
uncertainty regarding the underlying cause of the variance (Baquero-Rodr´ıguez et al.,
2018; Amaral et al., 2019; Henkel, 2010; Rosso et al., 2005).
There has been little consideration as to the nature and magnitude of the
microbial filament -floc morphology impact on oxygen transfer in the activated sludge
process. We hypothesize that, much like catalyst particles in slurry reactors, microbial
filaments and floc can influence oxygen mass transfer in the activated sludge process.
Within the scope of this work, a model was developed based on the three-phase
resistance-in-series principle and applied to the experimental results obtained for bench
scale complete-mix reactors operating at different solids retention times (SRTs). The
model was utilized to identify the role of microbial filaments and floc in oxygen transfer,
providing further insight to fundamental mechanisms that can be manipulated to further
enhance the performance and sustainability of the activated sludge process. Furthermore,
the model could be utilized to investigate the cumulative effects of morphology-induced
apparent viscosity of the bulk solution and filament-floc interactions with the gas-liquid
interface on oxygen mass transfer. The model could also help to better define the nature
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of the α-value and provide a tool to resolve a wide degree of variance currently observed
in experimental results from different sources and models.

2. THEORETICAL BACKGROUND

Three discrete phases exist within a complete-mix activated sludge reactor.
Oxygen is introduced into the reactor as air via diffused or mechanical aerators. The bulk
liquid is generally water, which contains dissolved organics and nutrients necessary for
biological growth. The microbial community that constitutes activated sludge forms the
solid phase. The bacterial community is generally comprised of floc forming and
filamentous organisms. Generally, for well performing activated sludge processes, both
classes of organisms are present, as filaments tend to form the backbone of strong
microbial aggregates (Sezgin et al., 1978). The oxygen must be transferred from the gas
phase to the solid phase via one of two pathways: a Gas-Liquid-Solid (GLS) pathway and
a Gas-Solid (GS) pathway (Ruthiya et al., 2004).
For the GLS pathway, oxygen must diffuse from the bulk gas phase through the
stagnant gas boundary layer to the gas-liquid interface where the oxygen accumulates to
the saturation concentration for the bulk solution. The oxygen then diffuses across the
interface through the stagnant liquid boundary layer into the bulk liquid. During
operation of an activated sludge process, the bulk solution dissolved oxygen (DO) is
readily measurable and is routinely utilized to control the performance of the process.
Once the oxygen reaches the bulk solution, it diffuses across the liquid boundary layer at
the floc or filament to the surface of the biomass. The oxygen must then diffuse through
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the floc or filament to the reaction site. Figure 1a illustrates the GLS pathway for oxygen
mass transfer within an activated sludge reactor. Given steady state operations, three
boundary layer resistances to oxygen transfer exist. At the gas-liquid interface, the gas
and liquid boundary layers offer resistances; however, due to the marginal solubility of
oxygen into water, the resistance at the gas boundary layer can be disregarded as it is
negligible compared to the liquid boundary later resistance (Blanch & Clark, 1997). A
third boundary layer resistance is present at the liquid boundary layer at the liquid-solid
interface. Both liquid boundary layers can influence the observed reaction rate.
Diffusion within the filament or floc can offer a subsequent resistance.
For the GS pathway, oxygen diffuses from the bulk gas phase through the
stagnant gas boundary layer to the gas-liquid interface. Oxygen saturates the interface
and diffuses across it into the liquid boundary layer. This pathway differs from the GLS
pathway in that it is assumed that the floc or filament can enter within the liquid
boundary layer at the gas-liquid interface, effectively reducing the distance that the
oxygen must diffuse to get to the surface of the floc. This reduction in transfer distance
results in an increase in the liquid mass transfer coefficient. Here it is assumed that 𝑘𝐿 =
4𝔇𝑂2 ⁄𝑑, as the average transfer distance is one quarter of the filament or floc diameter
(Vinke, 1992). Figure 1b illustrates the pathway for oxygen transfer from the gas phase
to the solid phase via a short-circuit of the bulk solution. Two boundary layers contribute
to mass transfer resistances. At the gas liquid interface there is both a gas boundary layer
and liquid boundary layer. Here the liquid boundary layer bridges the gap between the
gas-liquid interface and the solid surface. As with the GLS model, the oxygen mass
transfer resistance at the gas boundary layer is significantly smaller than that at the liquid
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boundary layer and can therefore be disregarded. Diffusion within the filament or floc
can also impose a resistance to mass transfer.

Figure 1. Oxygen Transport and Uptake in an Activated Sludge Reactor. For the GasLiquid-Solid Model (Figure 1a), the movement of oxygen from the bulk gas phase to the
microbes located within the solid phase involves several discrete steps. First oxygen
must move from the bulk gas (Step 1) through the stagnant gas boundary layer (Step 2)
across the gas-liquid interface. The oxygen is then transferred across the stagnant liquid
boundary layer (Step 3) into the bulk liquid (Step 4) and across the stagnant liquid
boundary layer (Step 5) to the biological floc or filament surface. The oxygen must cross
the liquid-solid interface and diffuse through the porous EPS layer present within the
microbial floc for filament (Step 6). Once the oxygen reaches a microbial cell, the
oxygen can be utilized at the cell membrane or be transported across it where it is utilized
by the cell internally for respiration (Step 7). For the Gas/Solid Model (Figure 1b), the
oxygen transport path short-circuits the bulk solution. Floc or filaments enter in the
liquid boundary layer at the gas-liquid interface. Oxygen diffuses across the interface,
through the liquid boundary layer (Step 3) to the floc or filament. The mass transfer is
enhanced due to the reduction in effective film thickness across which the oxygen must
diffuse to reach the liquid-solid interface. This increases the concentration of dissolved
oxygen at the floc surface, enhancing the internal diffusion and biological reaction (Step
4).

A three-phase reactor such as those observed in a complete-mix activated sludge
process can be modeled as a series of resistances to accommodate both GLS and GS
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pathways for filamentous and floc forming organisms. Assumptions that underly the
implementation of the RIS model include:
1. Steady state operating conditions prevail.
2. The reactor is completely mixed. Bulk solution substrate and DO concentrations
remain constant for the duration of testing.
3. Biomass is present in the reactor as a mixture of filaments and flocs.
a) Filaments are assumed to be cylindrical in shape, having a large aspect ratio.
Due to the large aspect ratio, the ends of the filamentous organisms do not
contribute significant surface area for mass transfer and can be disregarded.
b) Floc are assumed to be spherical in shape with a diameter equal to the
measured Sauter mean diameter for the activated sludge over the duration of
testing.
4. Biomass can either accumulate at the gas-liquid interface or be suspended within
bulk solution.
a) There is a limited interfacial area on the bubbles to which filaments or floc
can be in contact. The attachment of particles at the gas liquid interface can be
described by a Langmuir competitive adsorption model.
b) Oxygen mass transfer cannot occur across gas-liquid interfacial area occupied
by filaments or floc.
5. The biomass present in the bulk solution is uniformly distributed throughout the
reactor. No biofilms are present.
6. Modified Monod growth kinetics are assumed.
7. Filamentous organisms do not contribute to the nitrification process.
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8. Mass transfer coefficients in gas boundary layer are sufficiently large that they do
not significantly influence the observed reaction rate.
9. The effective diffusivities of solutes within the filament and floc are constant.
Based on experimentally derived values for the filament and floc geometries and
the aforementioned model assumptions, various geometric relationships were developed
for use in the model. A summary of the geometric property calculations is provided in
Table 1.

Table 1. Biomass relationships for floc forming and filamentous organisms. Floc
forming organisms are assumed to be spherical in nature whereas filamentous organisms
are generally prolate, cylindrical structures with a high aspect ratio. Particle/filament
densities and biomass concentrations are assumed to be uniform.

Mass transfer relationships were developed for each discrete boundary layer. For
oxygen mass transfer across the liquid boundary layer at the gas-liquid interface, the
relationships we recently developed were used. Equations 1 and 2 were developed to

227
account for variations in the mixed liquor apparent viscosity imposed by filamentous
organism and biomass concentrations (Campbell et al., 2020).
4𝔇𝑂2
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The filaments, being prolate particles with high aspect ratio, tend to increase the
hydrodynamic radius of the particles in suspension. The floc diameter and concentration
can also increase the total volume fraction of particles and particle-to-particle
interactions. The increased hydrodynamic radius and volume fraction ultimately results in
dissipation of the mixing energy in the bulk solution, reducing the overall rate of mass
transfer, as described by Equation 1. The dissipation of mixing energy also results in an
increase in the bubble interfacial area due to reduced bombardment with turbulent eddies,
as described by Equation 2. The solid-liquid mass transfer coefficient detailed in
Equation 3 was developed for catalyst particles in liquid suspension and has been
successfully applied to many bioreactor designs (Calderbank & Moo-Young, 1961; Baily
& Ollis, 1986).
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The RIS equation for the GLS model was developed by describing the diffusive
flux of oxygen across each boundary layer within the system and internal filament-floc
diffusion. Equations 4 through 6 summarize the relations for the GLS pathway.
𝑘𝑔

∗
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Here the external resistance at the liquid-solid interface is a function of the total
specific surface area of the filament or floc. The internal resistance is a function of the
maximum reaction rate assuming the floc is saturated with oxygen, 𝕣𝑜2, and the
effectiveness factor, η, associated with diffusion of oxygen within the biological particle.
The equations are rearranged and a substitution is performed to develop a relationship for
the overall reaction rate as a function of system resistances to mass transfer, as detailed in
Equation 7.
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The reaction rate is defined as the oxygen uptake of heterotrophic and autotrophic
bacteria in the floc, which is based on modified Monod growth kinetics. Note that for
filaments it is assumed that no nitrification occurs as filaments are not known to be
chemolithoautotrophic organisms.
1
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For steady state mass transfer into a spherical biological floc, the diffusion and
reaction can be described via the relationship identified in Equation 9 with boundary
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conditions of 𝑑𝑆𝑠 ⁄𝑑𝑟𝑝 = 0 at 𝑟𝑝 = 0 and 𝔇𝑒𝑓𝑓 (𝑑𝑆𝑠 ⁄𝑑𝑟𝑝 ) = 𝑘𝑠 (𝑆𝐿 − 𝑆𝑠 ) at 𝑟𝑝 = 𝑅𝑃 .
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A non-dimensional form of Equation 9 is then developed to aid in the numerical
solution of the concentration profile across the filament or floc. Here, the diffusionreaction and boundary equations were non-dimensionalized such that 𝜓 = 𝑆𝑆 ⁄𝑆𝐿 and 𝜉 =
𝑟⁄𝑅𝑃 . This was done to eliminate the need to know the filament/floc surface DO which
is difficult to accurately ascertain and to aid in calibration of the model on the basis of
bulk solution DO measurements obtained during the experiment. Equation 10 illustrates
the non-dimensional form of the diffusion reaction equation with boundary conditions of
𝑑𝜓
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= 0 at 𝜉 = 0 and
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The diffusion-reaction relationship for steady state mass transfer into a cylindrical
filamentous organism with high aspect ratio, is as detailed in Equation 11 with boundary
conditions of 𝑑𝑆𝑠 ⁄𝑑𝑟𝑓 = 0 at 𝑟𝑓 = 0 and 𝔇𝑒𝑓𝑓 (𝑑𝑆𝑠 ⁄𝑑𝑟𝑓 ) = 𝑘𝑠 (𝑆𝐿 − 𝑆𝑠 ) at 𝑟𝑓 = 𝑅𝑃 .
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Again, a non-dimensional form of the diffusion-reaction equation was developed
assuming that 𝜓 = 𝑆𝑆 ⁄𝑆𝐿 𝑎𝑛𝑑 𝜉 = 𝑟𝑓 ⁄𝑅𝑓 . On the basis of this, the non-dimensional
Equation 12 was derived, with boundary conditions of 𝑑𝜓⁄𝑑𝜉 = 0 at 𝜉 = 0 and
𝑑𝜓⁄𝑑𝜉 = 𝐵𝑖𝐺𝐿𝑆 (1 − 𝜓) at 𝜉 = 1.
𝑑2 𝜓
𝑑𝜉 2

1 𝑑𝜓

2
+ 𝜉 𝑑𝜉 − 𝜙𝐺𝐿𝑆
=0

(12)
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Several key dimensionless numbers were established within the model. Equations
2
13 defines the Thiele modulus, 𝜙𝐺𝐿𝑆
for both the GLS floc and filaments. The

dimensionless Thiele modulus is a ratio of the chemical reaction occurring at the particle
surface in the absence of mass transfer resistances to the internal diffusivity of the solute
within the catalyst particle (Fogler, 2016). When the Thiele modulus is large, internal
diffusion limits mass transfer, whereas, when it is small, the surface reaction rate is
limiting. It has been suggested that Thiele moduli in excess of 0.50 for activated sludge
is indicative of internal diffusive limitations to oxygen mass transfer (Stenstrom & Song,
1991). Clearly, the size of the particles has a strong impact on mass transfer, with larger
diameter particles having more significant diffusional resistances to mass transfer.
𝕣

2
𝜙𝐺𝐿𝑆
= 𝔇𝑜2

𝑅2

𝑒𝑓𝑓 𝑆𝑠

𝑘 𝑅

𝐵𝑖𝐺𝐿𝑆 = 𝔇 𝑠

𝑒𝑓𝑓

3

𝜂𝐺𝐿𝑆 = 𝜙2 (𝐵𝑖𝐺𝐿𝑆 (1 − 𝜓))

(13)
(14)
(15)

𝐺𝐿𝑆

Equation 14 defines the mass transfer Biot number for the process. Here, the
dimensionless mass transfer Biot number is representative of the ratio between the
external mass transfer resistance and the internal diffusive resistance of the catalyst
particle. Generally, it is understood that if the Bi < 0.1, the diffusive resistance to mass
transfer within the pellet can be neglected, as mass transfer will be controlled by external
resistances (Parti, 1994). Conversely, a large Bi, the effects of external mass transfer
resistances can be ignored. However, due to the nature of the mass transfer Biot number,
the magnitude at which external mass transfer resistances are controlling is dependent of
the process and particle geometry (Blanch & Clark, 1997).
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The overall effectiveness factor , η, for the biochemical reaction is defined by
Equation 15. It is a dimensionless parameter that relates the actual rate of reaction to the
rate of reaction resulting from saturation of the catalyst pellet with solute as if it were
exposed to surface conditions (Fogler, 2016). In this model, the diffusion-reaction
equation is non-dimensionalized based on the bulk solution concentration. As a
consequence, the overall effectiveness factor assumes that the catalyst pellet is exposed to
the bulk solution solute concentration. Clearly, the effectives factor, as defined,
accommodates for both the internal and external mass transfer resistances imposed on the
biochemical reaction. An effectiveness factor of unity is indicative of no mass transfer
resistances to the biochemical reaction.
The GS model is similar to the GLS model with the exception that the
mass transfer from the bulk solution to the filament/floc surface is eliminated. As
illustrated in Figure 1b, gas diffuses across the gas liquid interface. It then is transferred
across the boundary layer directly to the filament /floc. Equation 16 illustrates the
subsequent RIS equation for the GS model.
𝑅𝑣𝐺𝑆

=

1
∗
𝑆𝐿,𝑖
[𝑘 𝑎𝐺𝑆
𝐿 𝑙

∗
𝑆𝐿,𝑖

+ 𝜂𝕣 ]
𝑜2

−1

(16)

The reaction rate is determined in the same fashion as described for the GLS
model. The steady state diffusion-reaction models are also the same, with the primary
differences that Boundary Condition No. 2 and the non-dimensionalization factor, ψ, are
defined with respect to the DO concentration at the interface as opposed to bulk solution
concentration.
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The GLS and GS models for both filaments and floc are coupled via Equation 17,
assuming that each discrete component contributes to the overall reaction rate within the
system.
𝐺𝐿𝑆
𝐺𝑆
𝐺𝐿𝑆
𝐺𝑆
𝑅𝑣 = 𝑅𝑣,𝑓
+ 𝑅𝑣,𝑝
+𝑅𝑣,𝑓
+ 𝑅𝑣,𝑝

(17)

At the gas-liquid interface, the specific interfacial area is finite. The bubble
surface can either be free or occupied by either filaments of floc. The filaments and floc
will tend to absorb to the bubble surface according to their surface properties. Floc with
higher zeta potential and/or relative hydrophobicity will tend to migrate toward the gas
liquid interface, collecting on the bubble surface. The characteristic affinity of the
filaments/floc to accumulate at the bubble surface is analogous to a Langmuir adsorption
constant. The partitioning of filaments and flocs between the bubble surface and the bulk
solution can be described utilizing a competitive adsorption model that accounts for the
formation of a monolayer occupied by either filaments or floc. The application of
monolayer adsorption theory in air-water-solid systems is not without precedent (Vinke
et al., 1991a; 1991b).
𝐺𝑆
𝐺𝑆
𝑎𝐿 = 𝑎𝐿𝐺𝐿𝑆 + 𝑎𝐿,𝑝
+ 𝑎𝐿,𝑓

(18)

𝐾𝑝𝑏𝑎,𝑓 𝑋𝑏𝑓

𝐺𝑆
𝑎𝐿,𝑓
= (1+𝐾

𝑝𝑏𝑎𝑓 𝑋𝑏𝑓 +𝐾𝑝𝑏𝑎𝑝 𝑋𝑏𝑝

𝐺𝑆
𝑎𝐿,𝑝
= (1+𝐾

𝐾𝑝𝑏𝑎,𝑝 𝑋𝑏𝑝

𝑝𝑏𝑎𝑓 𝑋𝑏𝑓 +𝐾𝑝𝑏𝑎𝑝 𝑋𝑏𝑝

) 𝑁𝑝𝑏𝑎,𝑓,𝑚𝑎𝑥 𝑎𝐿 𝜋𝑑𝑝2

(19)

) 𝑁𝑝𝑏𝑎,𝑝,𝑚𝑎𝑥 𝑎𝐿 𝜋𝑑𝑓 𝐿𝑓

(20)

In much the same way, concentration of the biomass can be determined
for both the filament and floc at gas-liquid interface and in the bulk solution.
𝑋𝑖,𝑓 = (1+𝐾

𝐾𝑝𝑏𝑎,𝑓 𝑋𝑏𝑓

𝑝𝑏𝑎𝑓 𝑋𝑏𝑓 +𝐾𝑝𝑏𝑎𝑝 𝑋𝑏𝑝

) 𝑁𝑝𝑏𝑎,𝑓,𝑚𝑎𝑥 𝑎𝐿 𝑉𝑓 𝜌𝑓

(21)
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𝑋𝑖,𝑝 = (1+𝐾

𝐾𝑝𝑏𝑎,𝑝 𝑋𝑏𝑝

𝑝𝑏𝑎𝑓 𝑋𝑏𝑓 +𝐾𝑝𝑏𝑎𝑝 𝑋𝑏𝑝

) 𝑁𝑝𝑏𝑎,𝑝,𝑚𝑎𝑥 𝑎𝐿 𝑉𝑝 𝜌𝑝

𝑋 = (𝑋𝑖 + 𝑋𝑏 )𝑓 + (𝑋𝑖 + 𝑋𝑏 )𝑝

(22)
(23)

Table 2. Experimental derived factors utilized for model calibration

The filament and floc coverage of the gas bubble is a function of a maximum
coverage factor, 𝜉𝑚𝑎𝑥 . For spherical particles, it was suggested that 𝜉𝑚𝑎𝑥 = 0.91
(Ruthiya et al., 2004). For prolate cylindrical particles with high aspect ratio, the 𝜉𝑚𝑎𝑥 =
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0.785. This maximum coverage factor assumes that the cylindrical particles can conform
to the radius of curvature of the bubble.
𝑁𝑝𝑏𝑎,𝑓,𝑚𝑎𝑥 =
𝑁𝑝𝑏𝑎,𝑝,𝑚𝑎𝑥 =

𝜉𝑚𝑎𝑥,𝑓
𝜋𝑑𝑓 𝐿𝑓
𝜉𝑚𝑎𝑥,𝑝
2
𝜋𝑑𝑝

(24)
(25)

Table 3. Selected kinetic parameters for heterotrophic, filamentous and autotrophic
bacteria.

Values for parameters utilized in the implementation of the GLS and GS models
are summarized in Table 2 and Table 3. Modeling calibration was performed utilizing a
second order finite difference numeric solution implemented in the MATLAB 2017b
software package (Crank, 1975; The MathWorks, 2017). Model fitting was performed by
varying Kpba values for both the filaments and floc. Convergence of the model was
assessed by comparison with of the modeled reaction rate to the experimentally measure
reaction rate, with a goal of minimizing the coefficient of variation for the modeled
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values. The overall enhancement associated with the presence of particles at the gasliquid interface was calculated based on Equation 26.
𝑅𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑤𝑖𝑡ℎ 𝑃𝑎𝑟𝑡𝑖𝑐𝑙𝑒𝑠 𝑎𝑡 𝐼𝑛𝑡𝑒𝑟𝑓𝑎𝑐𝑒

𝐸 = 𝑅𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑤𝑖𝑡ℎ 𝑁𝑜 𝑃𝑎𝑟𝑡𝑖𝑐𝑙𝑒𝑠 𝑎𝑡 𝐼𝑛𝑡𝑒𝑟𝑓𝑎𝑐𝑒

(26)

3. MATERIALS AND METHODS

3.1. ACTIVATED SLUDGE CULTURE
Three 31.5 L completely-mixed reactors were seeded with mixed liquor obtained
from the Southeast Wastewater Treatment Plant (WWTP) located in Rolla, Missouri,
USA. The Southeast WWTP receives predominantly domestic waste and consists of an
oxidation ditch process operating an SRT greater than 12.5 d. Each reactor was operated
at a different SRT (10 d, 20 d, 40 d) via prescriptive wasting of excess biomass
production.
Mixing within each reactor was achieved with a six-blade Rushton turbine driven
by a variable speed, 1/25 Hp permanent magnet 90 VDC gear motors (Baldor
GP232001). The mixer rotational speeds were selected to establish target Root Mean
Square (RMS) velocity gradients, G , of 150 s-1 for tap water, as it was reflective of the
mixing intensity utilized in full-scale reactors (Grady et al., 2011). Measurements of the
mixer rotational speed were performed with a hand-held digital photo tachometer
(DT2234C). A 0.61 m long Pentair Aquatic Ecosystems Bio-Weave diffuser hose and a
10.6 Lpm (liter per minute) variable area rotameter (Cole Parmer) were used to facilitate
air delivery to each reactor. Adjustments to the airflow were made multiple times daily
to maintain a DO of 2 mg L-1 for all reactors. A 75 W submersible, thermostatically
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controlled heating element was installed in each reactor to maintain a bulk liquid solution
temperature of 20°C ± 1°C.
A 379 L tank was used to prepare a common synthetic wastewater feedstock for
all reactors. The synthetic wastewater was continuously fed at 63 Lpd (liter per day) into
each reactor via a variable speed peristaltic pump having a common pump head (Cole
Parmer Masterflex Model 7553-70 with 16 mm Masterflex Norprene tubing element).
The organic carbon (glucose, C6H12O6) and ammonia-nitrogen (ammonium bicarbonate,
NH4HCO3) were provided at concentrations of 180.4 ± 9.2 mg COD L-1 and 42.4 ± 1.71
mg N L-1, respectively. Trace elements and buffers were added as follows: K2PO4, 4.0 mg
PO43- L-1; MnCl2•4H2O, 0.2 mg Mn L-1; MoCl5, 0.04 mg Mo L-1; CoCl2, 0.001 mg Co L1

; ZnCl2, 0.05 mg Zn L-1; FeSO4•7H2O, 0.005 mg Fe L-1. Calcium and magnesium were

present in sufficient quantities within the tap water utilized for production of the synthetic
wastewater therefore were not added. Sodium carbonate was utilized as necessary to
supplement the buffer capacity of the wastewater and maintain the pH in excess of 7.0.
Influent, effluent and mixed liquor testing was performed throughout the duration
of the experiment. COD, ammonia-nitrogen, nitrite-nitrogen, and nitrate-nitrogen were
measured routinely utilizing the Hach TNT Plus vial test system with a Hach DR 2800
spectrophotometer: Hach TNT 822 for COD; Hach TNT 830 for ammonia-nitrogen
concentrations; Hach TNT 835 for nitrate-nitrogen; and Hach TNT 839 for nitritenitrogen. Reactor temperature and operational DO concentrations were monitored
numerous times daily utilizing a polarographic dissolved oxygen probe (YSI model 58
with model 5239 probe). Mixed liquor and effluent suspended solids were determined in
conformance with SM 2540 D (APHA et al., 2000). Mixed liquor settleability and sludge
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volume index (SVI) were determined in accordance with SM 2710 B and C, respectively
(APHA et al., 2000)

3.2. PROCESS OXYGEN DEMAND AND OTE DETERMINATION
Process oxygen demand and OTE were determined as previously described (Liu
et al. 2018). In brief, theoretical oxygen demands related to glucose degradation,
nitrification, and biomass formation were calculated separately based experimentally
tested effluent quality and observed biomass production.
Theoretical oxygen demand associated with organic carbon utilization was
calculated based on the measured influent (So) and effluent (S) COD concentrations for
the reactor and the known feed rate, Q.
𝑅𝑂2,𝐶 = 𝑄(𝑆𝑜 − 𝑆)

(27)

For nitrogenous oxygen demand, it was necessary to account for effluent nitrogen
speciation to ascertain the degree of nitrification occurring within the reactor. No
nitrogen loss associated with denitrification was observed.
𝑅𝑂2,𝑁 = 4.57𝑆𝑁𝑂3− + 3.53𝑆𝑁𝑂2−

(28)

Where SNO3- is the effluent nitrate-nitrogen concentration and SNO2- is the effluent
nitrite-nitrogen concentration.
Biomass production results in utilization of substrate without the subsequent
uptake of oxygen. The oxygen equivalent of the daily biomass production, Px,bio, will
reduce the overall oxygen uptake rate.
𝑅𝑂2,𝐵 = −1.42𝑃𝑥,𝑏𝑖𝑜

(29)
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The total oxygen demand is the total of carbon and nitrogen substrate utilization
and biomass production.
𝑅𝑂2 = 𝑅𝑂2,𝐶 + 𝑅𝑂2,𝑁 + 𝑅𝑂2,𝐵

(30)

Because of the flow through nature of the reactors, oxygen will pass out of each
reactor in the effluent. However, the total mass of oxygen lost via effluent discharge is
insignificant as compared with total oxygen demand and can be neglected. The OTE was
then determined as the ratio of oxygen demands to the mass flow of oxygen supplied.

3.3. VOLUMETRIC MASS TRANSFER COEFFICIENT DETERMINATION
The ASCE/EWRI methodology for the determination of oxygen transfer in clean
water was utilized to assess the oxygen transfer characteristics of each reactor prior the
commencement of testing with process water (ASCE, 2007). A fourth reactor that was
physically identical to the three operational reactors was utilized for periodic testing of
the effluent collected from the three operational reactors. For each test, the reactor was
filled with the working fluid (tap water or reactor effluent) and mixed at an intensity of
G = 150 s-1. The air delivery rate was maintained at a preselected rate for the duration
of the test. The dissolved oxygen concentration was measured with respect to elapsed
time. Replicate tests were performed for all experiments. Parameter estimation was
performed utilizing the non-linear regression method on the averaged DO concentrations
for the replicate tests.
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3.4. VISCOSITY MEASUREMENT
The activated sludge apparent viscosity was measured with a parallel plate
measurement cell installed on an Anton Paar MCR 302. The bottom plate was fixed, and
the top plate was allowed to rotate. Both the bottom and top sand-blasted plate was
circular, having a diameter of 49.875 mm. The plate gap was set at 1.5 times the
maximum particle diameter as determined by the floc size analysis. A thermostatically
controlled circulating water bath maintained the temperature of the plates and sample was
maintained at 20.0°C for the duration of the test. The rotational speed of the upper plate
was varied to apply a shear rate of 150 s-1 for a duration of 15 seconds, then linearly
decreased from 150 s-1 to 1.0 s-1. The resulting torque was measured and the applied
shear rate and the measured torque, the shear stress and viscosity was calculated.

3.5. FLOC SIZE DETERMINATION
The floc size distribution was determined via phase-contrast microscopy
combined with image processing. Three 100 μL aliquots of mixed liquor were randomly
sampled from each reactor utilizing a wide-mouthed pipette to limit the potential for
disruption of the native floc-filament matrix (Jarvis et al., 2005). Each aliquot was
discharged to a glass slide and an 18 mm by 18 mm cover slip was installed. Images of
mixed liquor samples were captured randomly from the slide utilizing an Olympus
CKX41 inverted microscope fitted with a 10x phase-contrast objective lenses and
Lumenera Infinity 2 CCD camera. Images were saved at a resolution of 1392×1040
pixels in a 16-Bit RAW image format. A minimum of 70 images were captured to assure
that a statistically significant sample (minimum of 625 floc) was present (ASTM, 2015;
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Contreras et al., 2004; Jarvis et al., 2005). Captured images were analyzed utilizing the
ImageJ software platform (Rasband, 1997-2015). Raw images were first inverted, the
image contrast was enhanced, and a median filter was applied to eliminate filament
while retaining floc boundaries. The enhanced images were subsequently thresholded
using the ISOData algorithm, producing an 8-bit binary image (Ridler and Calvard,
1978). The ImageJ Analyze Particles command was then applied to ascertain various
morphological parameters for each floc, including the floc projected area. This data was
saved in coma delimited format and statistically analyzed utilizing Microsoft Excel. The
Sauter mean diameter, d32, was determined for the floc size distribution and utilized in
subsequent analysis. The Sauter mean diameter is the ratio of the third and second
moments of the floc size distribution, making it a reasonable descriptor of the entire
distribution (Allen 1990). Furthermore, because the d32 is the diameter of a particle
having the same volume to surface area ratio as that of the sample, it is useful in
describing systems where the specific interfacial area is critical (Allen, 1990). A
thorough description of the floc size analysis was provided previously (Campbell et al.,
2019a).

3.6. FILAMENT LENGTH ANALYSIS
The specific filament length (SFL) was determined via microscopy combined
with image processing. Images containing floc-filament matrices were collected as
described for the floc size analysis. Captured images were also analyzed utilizing the
ImageJ software platform (Rasband, 1997-2015). The background of each image was
first subtracted from the original image, the image contrast was enhanced and
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subsequently thresholded. The binary floc image was then subtracted from the binary
floc-filament image to isolate the filaments for further morphological analyses. A series
of morphological filters were applied to enhance the filaments. The final step was to run
the Analyze Particles command routine to weed-out particles with an area less than 50
square pixels and circularity greater than 0.35, which is a threshold for segregating
filaments from other non-filament particles (Contreras et al., 2004). Output from the
Analyze Particles routine was then analyzed using Microsoft Excel. The projected area
of each filament was divided by its minimum Feret diameter, yielding an effective
filament length. This filament length was normalized by the volume of a sample
represented by each image. The SFL was also expressed on a per gram of biomass basis.
A thorough description of the floc size analysis was provided previously (Campbell et al.,
2019a).
The SFL was utilized to determine the filament fraction in the overall biomass.
The filament concentrations were indicated with the SFL, and assuming a long
cylindrical filament of high aspect ratio, with an average diameter as determined during
the filament length analysis.

3.7. FILAMENTOUS ORGANISM IDENTIFICATION
The identification of specific filamentous organisms present in the blended mixed
liquor samples was performed in accordance with procedures established by Jenkins et al
(2004). A series of staining procedures was utilized in concert with morphological
assessment of filaments to facilitate a dichotomous identification of specific filaments.
Staining procedures included the Gram and Nessier staining protocols. Thin smears of
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samples were prepared on microscope slide and allowed to thoroughly air dry. The
samples were not heat fixed. Stained samples were examined under direct illumination at
800x magnification. Sulfur oxidation testing was performed utilizing a sodium sulfite
solution. Sulfur deposits were identified at 800x magnification using a phase contrast
microscope.
Cell shape and size was determined using microscopy in concert with image
analysis. Images were captured as described above. The images were analyzed utilizing
the ImageJ software package (Rasband, 1997-2015). A series of 10 discrete, random
measurements of the cell geometries were collected and averaged to obtain a
representative measurement for the sample. The prevailing cell shape (square,
rectangular, oval, barrel, discoid, etc.) was noted.

4. RESULTS

Figure 2 shows the interactions of the Kpba,f and Kpba,p with the observed reaction
rate. The overall observable trend is that when no particles are present at the gas-liquid
interface, the modeled reaction rate is maximized. This modeled reaction rate is in excess
of the reaction rate observed during testing. For the 10 d, 20 d, and 40 d reactors, the
modeled reaction rate with no particles at the gas-liquid interface was 58.3%, 8.9% and
19.9% greater than the observed reaction rate, respectively. This corresponds with an
enhancement factor, E, of 0.63, 0.92 and 0.83, respectively. As filaments and floc enter
the liquid boundary layer, as identified by an increase in the Kpba,f and Kpba,p, there are
noticeable decreases in the modeled reaction rate. For the 10 d SRT reactor, an increase
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in the Kpba,f from 0.0 to 0.4 pronounced with a 62.3% decrease in the modeled reaction
rate. An increase in the Kpba,p from 0.0 to 8.0 resulted in a 42.1% decrease in the
modeled reaction rate. Similar reductions were observed for the 20 d and 40 d reactor
models. The impact of the filaments, however, appears to be of decreasing significance
as the SRT increases, with the 55.7% decrease in the observed reaction rate with the
aforementioned change of Kpba,f. The presence of spherical floc at the liquid boundary
layer for the long SRT (40 d) reactor appears to exert the most significant impact on
oxygen transfer with a 63.0% decrease with the Kpba,p increase from 0.0 to 8.0. The
significance of the floc entering the boundary layer decreases with decreasing SRT.
The Kpba, Npba and biomass fractions for each reactor are shown in Figure 3. The
Kpba and Npba values demonstrate the preference for filaments to accumulate at the gasliquid interface, especially for the 10 d SRT reactor. The partitioning coefficient for
filaments, Kpba,f, is greater for the short SRT reactors, demonstrating a general preference
for the filaments to accumulate at the bubble surface. This tendency is supported by the
observed filament coverage factor, Npba,f, which demonstrates an order of magnitude
difference between the filament coverage of bubbles in short SRTs as compared to long
SRTs. Floc particle adsorption isotherms also demonstrate a similar system response,
with higher values for short SRT reactors. As the SRT increases, the floc partitioning
coefficients, Kpba,p, remain relatively constant, but as the number of total particles within
the system increases, the floc particle accumulation at the surface of the bubble also
increases. Filaments present in the bulk solution remains relatively consistent across all
SRTs. However, filaments in the 10 d SRT reactor tend to accumulate more readily at
the gas-liquid interface as compared to the longer SRT reactors. Floc particle
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concentrations in the bulk solution tend to increase with increasing SRT as a result of
increasing total biomass concentrations.

Figure 2. Kpba,f, Kpba,p versus Rv for a) SRT = 10 d; b) SRT = 20 d; and c) SRT = 40 d.
The generally observed trend is for the reaction rate to decrease as the Kpba values
increase, which is indicative of an increased affinity toward accumulation at the gasliquid interface. Comparing the modeled maximum reaction rates with the observed
reactions rates, enhancement factors, E, of 0.63, 0.92 and 0.83 were observed.

The relative contribution of internal and external mass transfer resistances are
illustrated in Figure 4. Filament Biot numbers are large when the filaments are at the
gas-liquid interface, whereas they are several orders of magnitude smaller when the
filaments are present in the bulk solutions. This is indicative of an external mass transfer
restriction for the filaments in the bulk solution, where the internal diffusion for the
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filament is large as compared to the mass transfer of oxygen across the liquid-solid
boundary layer. The floc Biot numbers exhibit a similar trend, with the external mass
transfer of the floc in the bulk solution exhibiting a greater external resistance to mass
transfer. Filament Thiele moduli are generally very small, indicating no internal
diffusional resistances of consequences. However, the Thiele moduli for the floc are
significant for the floc suspended in the bulk solution as the φ2 greater than 0.50.

Figure 3. (a) Partitioning factor Kpba (log scale), b) bubble coverage factors, Npba, for
filaments and floc (log scale) and c) biomass fractions, X, for each SRT.
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Figure 4. Filament and floc dimensionless mass transfer coefficients. A) filament Biot
Number, Bi, vs. SRT; b) floc Biot Number, Bi, vs. SRT; c) filament Thiele modulus, φ,
vs SRT; d) floc Thiele modulus, φ, vs SRT

The contributions of different microorganisms located at the gas-liquid interface
and in the bulk solution are illustrated in Figure 5. For the 10 d SRT, filaments in the
bulk solution contribute approximately 75% of the total observed reaction rate. The
contribution from floc in the bulk solution and filaments/floc located at the gas-liquid
interface are evenly distributed. For the 20 d SRT reactor, filaments in the bulk solution
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account for approximately 81% of the total oxygen uptake. The balance of the oxygen
uptake is accounted for floc located at the gas-liquid interface and in the bulk solution.
Filaments at the gas liquid interface contribute an insignificant amount to the overall
reaction rate due to the minimal biomass concentration present there. With the 40 d SRT
reactor, a significant reduction in the oxygen consumption due to the filaments is
observed, with 63.0% contribution. Floc in the bulk solution account for the balance of
the oxygen uptake. The contribution of the floc in the bulk solution increases from 8.4 %
to 34.3% over the range of SRTs tested and modeled.

Figure 5. Observed reaction rate, Rv versus SRT.
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The calibration of the model is also illustrated in Figure 5. As described
previously, the RIS equations for the GLS-GS activated sludge model were calibrated by
adjustment to the Kpba,f and Kpba,p values. The objective of the modeling was to
reproduce the observed reaction rate based on the experimentally derived environmental,
morphological and operation parameters. The accuracy of the model was evaluated
based on the calculated coefficient of determination for each model. The coefficient of
determinations for the 10 d, 20 d and 40 d models were R2 = 2.61x10-8, 8.99x10-6 and
9.15x10-5, respectively.
The impact of the viscosity and filament-floc partitioning between the gas-liquid
interface and the bulk liquid can be observed in Table 4. When the liquid viscosity is
equivalent to water and there is no penetration of the liquid boundary layer at the gasliquid interface by filament or floc, the modeled reaction rates for the 10 d, 20 d and 40d
SRTs is 27.7, 22.3 and 24.0 g O2 d-1. When accounting for the elevated bulk liquid
apparent viscosity imposed by the filaments and large floc, a reduction in reaction rate is
realized. The Rv decreased to 24.9, 19.4 and 22.1 g O2 d-1. This reduction is analogous
to a modified enhancement factor, E’ = 0.90, 0.87 and 0.92. When accounting for both
the viscosity and the partitioning of filament and floc within the system, the Rv decreases
further to 15.7, 17.8 and 18.7 g O2 d-1 for the SRT =10 d, 20 d and 40 d reactors,
respectively. These reductions were not associated with surfactants, because as
previously reported, oxygen transfer testing with collected reactor effluent demonstrated
no difference with clean water testing performed (Campbell et al., 2019b).
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Table 4. Comparison of reaction rates for no viscosity adjustment, viscosity adjustment
and a combined viscosity adjustment coupled with particle blocking. The no viscosity
adjustment modeling case assumes that the bulk solution apparent viscosity is equivalent
to water. The representative reaction rate is considered to be the maximum achievable
reaction rate for the process. The viscosity adjustment modeling case accounts for
degradation of the liquid mass transfer coefficient associated with an increase in the bulk
solution apparent viscosity. The viscosity adjustment + particle blocking effect modeling
case assumes that a decrease in the reaction rate occurs as a consequence of increased
bulk liquid apparent viscosity and the particle blocking effect combined. The modified
enhancement factor, E’, is the ratio of the reaction rate with viscosity adjustment and/or
particle effects to the reaction rate without viscosity adjustment and particle effects.

5. DISCUSSION

Filamentous organisms were present within each mixed liquor. For the SRT = 10
d and 20 d reactors, the predominant filamentous organism was observed to be Type
021N. For the SRT = 40 d reactor, two predominant filaments were observed, which
included Type 021N and Type 0041 filaments. These filaments were found to anchor
within floc and extend outward into the bulk solution. As the SRT increased, the relative
contribution of the filamentous organisms to the overall biomass concentration decreased.
Filamentous organisms have been identified as having highly hydrophobic surface
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characteristics (Jin et al., 2003; Meng et al., 2006; Wilén et al., 2003). It has been
suggested that Type 021N filamentous organisms have hydrophilic surface characteristics
(Nielsen et al., 2009). However, the Type 021N filamentous organisms have been shown
to be an ecologically diverse organism, sharing a common lineage with Thiothrix (Aruga
et al., 2002; Nielsen et al., 1998; Williams & Unz ,1985 ). Recent experimental results
have suggested that Thiothrix surface properties are generally hydrophobic, promoting an
accumulation of filaments at the gas-liquid interface (Wu et al., 2019). The experimental
testing and subsequent modeling appears to suggest a preference for the filaments to
accumulate at the gas-liquid interface, especially for the shorter SRTs where the relative
contribution of filaments to the total biomass concentrations is large.
There is some disagreement in literature regarding the surface properties of the
floc in activated sludge. For example, it has been reported that high protein-carbohydrate
ratios, typical of long SRT sludges, have been shown to correlate with more negative
surface charge and increased hydrophobicity (Jin et al., 2003; Shin et al., 2000).
Increasing protein concentrations have been shown to enhance the zeta potential, but
subsequently resulted in a decrease in relative hydrophobicity of the biomass (Wilén et
al., 2003). Conversely, a decrease in the protein-carbohydrate ratio, associated with short
SRTs, has been reported to increase hydrophobicity of the biomass (Sponza, 2002; 2003;
Zita & Hermansson, 1997). Ultimately, it is likely that the propensity for the presence of
a hydrophobic surface property is largely driven by the nature of the influent wastewater
constituents, operating conditions such as the SRT, DO and mixing intensity, etc., and the
microbial community morphology. This experimental data and subsequent modeling
suggests that there was a preference for the filaments and floc to accumulate at the gas
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liquid interface, especially for the 10 d SRT reactor. This phenomenon was likely driven
by the presence of a large fraction of filamentous organisms having a hydrophobic
surface in the biomass. It is conceivable that the filaments and any enmeshed floc were
drawn toward the interface. As the SRT increased, the total fraction of filaments in the
mixed liquor decreased, resulting in less accumulation of filaments and floc at the gasliquid interface.
As identified in Figure 4, the geometry of filaments reduced internal mass transfer
resistances. With diameters of 1.5 μm, no DO gradient within the filament was observed.
However, for the case of the filament in the bulk solution, a possible external mass
transfer limitation existed. Because the internal diffusion within the filament was
unimpeded, the mass transfer into the surface of the filament was the rate-limiting step.
For the floc, internal mass transfer resistance was significant, with φ2 exceeding the
threshold of 0.5 which is considered to be a significant limitation for activated sludge
processes. This limitation is due to the large diameter of the floc. The filament and floc
Biot numbers were large for the GS model; however, for the GLS model the Biot
numbers were orders of magnitude less, illustrating the impact of concentration gradient
on the mass transfer into the particle. This lower Biot number for the bulk solution floc is
indicative of a limiting step for the process as the external mass transfer for the floc
offered the largest resistance to mass transfer.
Figure 5 illustrates that the filaments in the bulk solution preferentially contribute
the most to the oxygen uptake within an activated sludge system. As detailed in Figure 4,
this phenomenon arises due to the minimized diffusional and mass transfer resistances
present as compared with floc forming bacteria. As the SRT increases the relative role of
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the filaments appears to decrease. This is primarily a function of the increasing floc
concentration with increasing SRT. For both the filament and floc located at the
interface, small mass transfer resistances are generally observed due to the elevated
concentration gradient. However, due to the generally slow reaction rate arising from
small biomass concentration at the interface, the contribution of these particles to the
overall reaction rate was minimal. These filament and floc at the gas-liquid interface
effectively reduced the specific interfacial area of the bubbles available for mass transfer
to the bulk solutions and consequently “blocked” mass transfer. As demonstrated by this
model and experiment, the long SRT filament and floc may have surface characteristics
that promote suspension in the bulk solution, enhancing mass transfer.
The impacts of the apparent viscosity and filament-floc partitioning are
noticeable. Previously it was shown that the volumetric mass transfer coefficient for
activated sludge systems was adversely impacted by filamentous organisms through
increases in the apparent viscosity as the filament concentration increased (Campbell et
al., 2020). This impact was related to the dissipation of mixing energy within the bulk
liquid phase. This impact has been accounted for in this model via the implementation of
relationships that account for the viscosity impacts to both the mass transfer coefficient
and the specific interfacial area of the gas bubbles. The filament-floc partitioning at the
gas-liquid interface results in a blocking of the specific surface area available for mass
transfer. Based on the modeling, 44%, 20% and 22% overall reductions in mass transfer
were observed. These impacts have not been considered in the calculation of α-values.
Clearly, the magnitude of the impact is significant and could account for much of the
variance observed in reported α value data. Furthermore, it is generally observed that the
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filament-floc morphology changes throughout the operating season due to changes in
environmental and loading factors. It is highly likely that not only will variances in the
α-values be observed between treatment facilities, but at the same facility throughout the
year. It is imperative that the filament-floc morphology be quantified and reported when
testing occurs. Furthermore, it is critical to consider the implications to mass transfer
imposed by the activated sludge morphology.
There are a number of potentially practical applications for this model which
extends beyond a completely mixed activated sludge reactor. Membrane bioreactors are
activated sludge reactors which can have high filament and floc concentrations
consistently. Many studies have identified viscosity effects associated with high mixed
liquor concentrations as a driving factor for low oxygen transfer efficiency; however,
microbial morphology has been overlooked. The RIS equations provided here could be
utilized to account for morphology impacts to the viscosity and filament-floc interactions
with aeration bubbles to identify key resistance to mass transfer. Once the key resistance
is known, the system can be optimized to enhance mass transfer. In much the same way,
moving bed bioreactors (MBBR) or integrated fixed-film activated sludge (IFAS) process
could be optimized, with the biological carrier media behaving much like the porous
catalyst identified herein. Ultimately, this model provides an easily accessible design
tool the promotes process optimization, allowing the enhancement of both process
performance and efficiency.
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6. CONCLUSIONS

Within the scope of this work, a new model was developed which incorporates the
impacts of bulk solution viscosity with filament-floc partitioning within an activated
sludge wastewater treatment process. The resistance-in-series equation for the gasliquid-sold and gas-solid models were calibrated with experimental data for SRT = 10 d,
20 d and 40 d. Findings of significance include:
•

The filaments and floc tend to accumulate at the gas-liquid interface, especially
for the a low SRT case. Large diameter floc tend to exhibit external and internal
mass transfer resistances to oxygen mass transfer.

•

Filament and floc that collect at the gas liquid interface tend to have limited
resistance to mass transfer due to elevated DO concentrations at the microbe
surface; however, the low biomass concentration limits the contribution to the
overall reaction rate. As a consequence, they block the gas-liquid interface and
impede oxygen transfer into the bulk solution, reducing the overall mass transfer
rate.

•

The apparent viscosity of the bulk solution and filament-floc interactions with the
gas-liquid interface have a significant impact on mass transfer within the activated
sludge process. The modeled modified enhancement factor, E’, was determined
to be 0.56, 0.80 and 0.78 for SRT of 10 d, 20 d and 40 d, respectively.

•

Apparent viscosity arising from sludge morphology and filament-floc blocking
effects must be incorporated into the α-value for activated sludge processes to
provide a comprehensive understanding of operational impacts on mass transfer.
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NOMENCLATURE

a

Specific surface area, cm-1

b

Specific endogenous respiration rate, mg VSS destroyed mg-1 biomass d-1

d

Microorganism diameter, cm

E

Enhancement factor, particle effects only

E’

Enhancement factor, viscosity and particle effects

kL

Liquid film oxygen mass transfer coefficient, cm hr-1

ks

Liquid film at particle oxygen mass transfer coefficient, cm hr-1

K

Half velocity constant for substrate utilization, mg cm-3

Ko

Half velocity constant for oxygen utilization, mg cm-3

Kpba

Partitioning analog to Langmuir adsorption isotherm, cm3 mg-1

L

Microorganism length, cm

N

Total number of microorganisms in reactor

Npba

Number of particles per unit area of gas-liquid interface

Npba,max

Number of particles per unit area of gas-liquid interface

r

Microorganism radius, cm

Rv

Total volumetric reaction, mg cm-3 hr-1

P

Power input into reactor, W

SA

microorganism surface area, cm2

ΣSA

Total microorganism surface area cm2

Usg

Superficial gas velocity, cm hr-1

V

Volume, cm3
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X

Biomass concentration, mg cm-3

Y

Biomass yield, mg biomass mg-1 substrate

𝔇 eff

Effective Diffusivity of oxygen in the particle, cm2 hr-1

𝔇 O2

Diffusivity of oxygen in water, cm2 hr-1

μapp

Apparent Viscosity of mixed liquor, Pa s

μg

Gas viscosity, Pa s

μmax,

Maximum specific growth rate, mg biomass mg-1 substrate d-1

ν

Kinematic Viscosity, m2

ξmax

Maximum bubble coverage factor, 0.91 for spheres, 0.785 for cylinders

ρ

Density, mg cm-3

σ

Surface tension of water in contact with air, N m-1

SUBSCRIPTS
f

Filamentous organism

b

Bulk solution

h

Heterotrophic microorganism

i

Interface

L

Liquid phase

n

Chemolithoautotrophic microorganism

p

Floc forming organism

S

Solid phase

SUPERSCRIPTS
GS

Gas-solid model

GLS

Gas-liquid-solid model
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SECTION

3. CONCLUSIONS AND RECOMMENDATIONS

3.1. CONCLUSIONS
Microbial morphology in the activated sludge process was substantively
demonstrated to impact oxygen transfer performance of the activated sludge process.
Initially, variations in oxygen transfer were seen in the long-term operation of reactors
having varying SRTs, which appeared to be related to the sludge settleability and
filamentous organisms. These antecedent findings were followed with fundamental
findings that the SFL was strongly related to the OTE, via influences to the µapp of the
mixed liquor. Surfactants were found to modify mixed liquor morphology which can
influence the OTE. Particle accumulation at the gas liquid interface was found to
negatively impact oxygen mass transfer. Key findings from this research are listed
below.
3.1.1. OTE Variations During Long-term Operations An assessment oxygen
transfer performance of reactors SRTs of 10 d, 20 d, and 40 d revealed that the SV30 was
strongly related to the OTE. Increases in the SV30 from 20 to 100 decreased OTE by
28%. These variations were largely related to the presence and magnitude of the
filamentous organism growth within the mixed liquor. A positive correlation between
then the SV30 and μapp of the mixed liquor was observed. The μapp was demonstrated to
describe OTE well, with increased μapp causing decreasing the OTE. It was hypothesized
that increased viscosity results in a greater air bubble size and thicker liquid film
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thickness at the air-liquid boundary, both of which reduce the specific interfacial area of
gas bubble and the oxygen mass transfer coefficient.
Long SRT operation (SRT = 40 d) demonstrated to produce the highest OTE
compared to the 10- and 20-day SRT reactors. This performance was largely related to
the lower observed concentrations of filamentous organisms in the mixed liquor. The 40
d SRT reactor offered a 26% improvement to the OTE and a 7% net reduction in air
supply rate, highlighting the benefit of long SRT operations for reduction of aeration
energy use.
3.1.2. Assessment of Morphology Impacts to OTE Using Image Analysis. An
automated image analysis protocol was developed and calibrated to quantify changes in
the activated sludge morphology with respect to time. Using the image analysis protocol
the SFL was determined for direct comparison with other morphological parameters such
as the SV30, SVI and EPS. Based on this analysis the following key findings were
observed.
•

The SFL decreased from 2.7 x 1011 to 3.8 x 1010 μm g-1 as the SRT decreased
from 10 d to 40 d SRT.

•

The specific EPS was correlated with the SFL, doubling across the range of
measured SFL. The long SRT (40 d) demonstrated the lowest specific EPS
production. Clearly the specific EPS production is influenced or enhanced by the
growth of filamentous organisms. This finding quantifies previous observations.

•

Filamentous organisms were found to affect both the apparent viscosity and the
OTE. A rapid 29 % decrease in OTE was observed as the SFL increased to a
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threshold value of 6.0x1010 μm g-1. Further increased in the SFL yielded
marginal changes to the OTE.
•

Clearly, the morphological characteristics of the activated sludge embodied by the
presence of filamentous organisms must be considered when assessing the oxygen
transfer within the process.
3.1.3. Filamentous Organism Degradation of Oxygen Transfer. The

morphologies of activated sludge samples were modified by blending sludge from a small
domestic WWTP and a bench scale reactor. The domestic WWTP had good settleability,
whereas the bench scale reactor had an abundance of filaments. By mixing the two
samples the settleabilities of each sample could be manipulated to provide a continuous
range of settleabilities. The kLa for each sample was then determined utilizing a dynamic
OUR/OTR test to allow an assessment of the impacts of the filamentous organisms that
were present in various concentrations on the kLa. A theoretical evaluation of the system
was performed and calibrated to the experimental results yielding a fundamental
understanding of the key factors influencing oxygen mass transfer in the activated sludge
process. The main findings include:
•

Activated sludge μapp is well correlated with typical measures of activated sludge
morphology. However, this measurement is sensitive to the MLSS, with
increasing MLSS resulting in increased μapp. The influence of the MLSS was
found to be diminished when considering the specific μapp (i.e. μapp per unit
MLSS).

•

The settleability of a sludge is indicative of the volume fraction of the particles in
suspension. However, the typical measures of settleability, SV30, does not relate
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the ultimate volume fraction. A new parameter, SVULT, was extrapolated from
available time series settleability data to give an estimate of the maximum volume
fraction of the suspended particles. The SVULT was found to incorporate the
effects of both the activated sludge morphology and MLSS concentration on μapp.
•

A theoretical equation for the local volumetric mass transfer coefficient, kLa, was
developed based on isotropic turbulence theory. A global sensitivity analysis
demonstrated that the mixing intensity (P/VR), superficial gas flow rate (Usg), and
μapp had the most influence on changes to the kLa-value. The theoretical equation
was calibrated to experimental data obtained with blended mixed liquor samples,
revealing that the kLa is inversely proportional to μapp0.75.
3.1.4. Surfactant Impacts to OTE in Activated Sludge Processes. Surfactants

were added to the influent wastewater feed for reactors operated in 10 d, 20 d and 40 d
SRTs. Morphological parameters, such as the d10, d20, d32, SFL, SV30, etc., were
monitored to assess changes due to varying surfactant concentrations. Results indicated
that,
•

A 10 mg L-1 SDS feed concentration increased OTE for the 10 d and 20 d
reactors, did not change the OTE for the 40 d SRT reactor. At 50 mg L-1 SDS
feed concentration, the OTEs for the 10 d and 20 d reactors were equal to or
greater than their respective control. The 40 d SRT reactor exhibited a decrease
in OTE, but this was likely due to the increased SFL and μapp. Further
examination of the operational data demonstrated that the OTE is determined by
the sludge morphological parameters, such as SV30 and apparent viscosity, rather
than the influent surfactant concentration.
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•

Dynamic OUR/OTR testing and effluent oxygen transfer testing confirmed no
impact from the influent SDS on the oxygen transfer performance in the reactor.
In addition, the AS process was found to be reaction limited, embodied in
Damkohler numbers, Da, less than unity. Increases in the biochemical reaction
rate enhanced the observed Da to a limit of 1.0, beyond which increases in mixing
energy input or volumetric gas flowrate must occur to eliminate mass transfer
limitations.

•

A principal component analysis identified SRT and AS morphological parameters
as being the most significant indicator of process variance, describing well
changes that occur in the OTE. While the SDS did show direct impact on OTE, it
was generally indicative of the increased organic loading on the process and not
impedance of the oxygen mass transfer process.
3.1.5. Modeling Impacts of Floc-Filament Accumulation at the Gas-Liquid

Interface. A resistance-in-series model was developed to ascertain the impact of floc or
filament accumulation at the gas-liquid interface on oxygen mass transfer. A relationship
was developed for the adsorption of microorganisms based on the assumption that the
process could be described by a competitive Langmuir adsorption model. The impacts of
morphology induced mixed liquor μapp were incorporated based on previous modeling
efforts. The model was calibrated utilizing experimental data from long-term operations
of 10 d, 20 d and 40 d SRT reactors. Key findings include:
•

The filaments and floc tend to accumulate at the gas-liquid interface. This
phenomenon appears to be preferential with decreasing SRT. It was hypothesized
that the surface characteristics of floc influenced this phenomenon.
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•

Large diameter floc tend to exhibit external and internal mass transfer resistances
to oxygen mass transfer, supporting previous findings.

•

When filaments and floc accumulate at the gas liquid interface they are exposed
to higher DO concentrations, maximizing the biochemical reactions. However,
because the biomass concentrations at the interface are low, these accumulated
microbes do not contribute significantly to the overall reaction rate. Both the
filaments and floc at the interface tend to block the interface, reducing the specific
interfacial area available for mass transfer and the overall mass transfer rate.

•

The impacts of the μapp and filament-floc interactions with the gas-liquid interface
were quantified based on a modified enhancement factor, E’. The E’ was
determined to be 0.56, 0.80 and 0.78 for SRT of 10 d, 20 d and 40 d, respectively,
highlighting the significant role both mechanisms play in affecting mass transfer.

3.2. RECOMMENDATIONS
This research has clearly demonstrated the significance of activated sludge
morphology in determining its process oxygen transfer efficiency. The presence of
filamentous organisms influences the activated sludge apparent viscosity through
increases in the dispersed particle volume fraction. Furthermore, the presence of
activated sludge at the gas-liquid interface serves to reduce the oxygen transfer capacity
of the system. To date little or no attention has been paid to these impacts, resulting in a
high degree of variance in reported volumetric mass transfer coefficients and α-values.
At a minimum, the morphology of the activated sludge must be assessed and presented
when oxygen transfer testing is described in literature. It is only when this factor has
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been thoroughly described that sense can be made of the seemingly disparate data. More
importantly, the impacts of activated sludge morphology must be incorporated into
models that provide descriptive and predictive tools for the process. Further, long-term
testing of full-scale applications of different biological process configurations must be
performed to further quantify the role of activated sludge morphology in oxygen transfer.
It is only when a complete, fundamental picture of the processes at hand are quantified,
that effective, real-world applications can be implemented.
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